
DOCTORA L  T H E S I S

Department of Engineering Sciences and Mathematics
Division of Energy Science

Pressurized entrained flow 
gasification of pulverized biomass

Experimental characterization of the process performance

Fredrik Weiland

ISSN 1402-1544
ISBN 978-91-7583-216-6 (print)
ISBN 978-91-7583-217-3 (pdf)

Luleå University of Technology 2015

Fredrik W
eiland   Pressurized entrained flow

 gasification of pulverized biom
ass Experim

ental characterization of the process perform
ance





I 

 

Doctoral Thesis 

 

 

 

Pressurized entrained flow 
gasification of pulverized biomass 

– 

Experimental characterization of the process 
performance 

 

 

 

Fredrik Weiland 
 

 

 

Luleå University of Technology 

Department of Engineering Sciences and Mathematics 

Division of Energy Science 

971 87 Luleå 

Sweden 

 

 

SP Energy Technology Centre AB (ETC) 

Box 726 

S-941 28 Piteå 

Sweden 

e-mail: fredrik.weiland@etcpitea.se 

  



Printed by Luleå University of Technology, Graphic Production 2015

ISSN 1402-1544  
ISBN 978-91-7583-216-6 (print)
ISBN 978-91-7583-217-3 (pdf)

Luleå 2015

www.ltu.se



III 

 

Abstract 

The anthropogenic emissions of greenhouse gases (e.g. CO2), mostly connected to 

the use of fossil fuels, to the atmosphere have increased during the last century and 

there is significant evidence that this is the main reason for the recent global 

temperature rise. Urgent action is necessary to steer the energy systems on to a safer 

path by reducing the CO2 emissions to mitigate further climate changes. Sustainable 

production of CO2-neutral bio-based transportation fuels is one alternative to reduce 

the dependence on fossil fuels and to reduce the net CO2 emissions from road traffic. 

One of the goals in the national energy strategy of Sweden is that the vehicle fleet 

should be independent of fossil fuels by 2030. Pressurized, O2 blown, entrained flow 

gasification of forest residues followed by methanol production is one of the 

suggested routes for the production of synthetic motor fuels that could help reach this 

goal. One of the benefits with entrained flow gasification is that a syngas with high 

quality is generated. The high syngas quality is necessary for the subsequent 

synthesis to biofuels. However, there are still a number of hurdles to overcome before 

large-scale commercial application of this technology can be done. 

 

In this context, a pressurized O2 blown entrained flow biomass gasifier (PEBG) 

was built to demonstrate the ability to gasify pulverized biomass without extensive 

pretreatment other than drying and milling. This thesis focuses on the understanding 

of the dominating mechanisms during entrained flow gasification of solid biomass. A 

thorough process characterization was performed to study the effect of the most 

important process parameters, e.g. the O2 stoichiometric ratio (λ), the process 

pressure, the fuel load and the fuel particle size distribution. In addition to this, 

experiments were performed with different types of wood residues. The wood 

residues were pretreated differently in order to study the effect of the fuel 

pretreatment (e.g. torrefaction) and/or the fuel composition. The process performance 

was measured in terms of syngas yield, the syngas composition and the gasification 

process efficiency. In some cases, special attention was placed on the syngas 

particulates that were examined with respect to particle composition and morphology 

in order to increase the understanding of the particle formation process. 

 

The results in this work showed that the maximum cold gas efficiencies CGEpower 

and CGEfuel from gasification of stem wood were 76 % (at λ=0.30) and 71 % (at 

λ=0.35), respectively. This work also showed the importance of minimizing the heat 

losses from the gasifier in order to achieve as high CGE as possible. It was therefore 

concluded that a well-insulated refractory lined gasifier is the preferred alternative 

regarding reactor design to maximize the CGE. To generate a high quality syngas, the 

gasifier should preferably be operated close to the maximum design load, with a λ 

aiming for process temperatures above 1400 °C in order to keep the levels of CH4 and 

other unwanted syngas species low. At this temperature, the experimental results 
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suggest that a plug-flow residence time of 3 sec was sufficient to reduce the syngas 

concentrations of CH4 and C6H6 below 1 mol-% and 100 ppm (on a dry and N2 free 

basis), respectively. Finally, the syngas particulates from gasification of stem wood 

were composed mainly of soot with concentrically stacked graphitic layers. It was 

concluded that the soot yield and the soot particle size could be reduced if the gasifier 

was operated at high λ. Gasification of bark-based fuels with higher amount of ash 

indicated lower concentration of particulates in the syngas. Especially K and Zn 

seemed to affect the syngas particle morphology. 
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1 Introduction 

Observations of the climate system show that the earth atmosphere and ocean 

have warmed during the last century, the amounts of snow and ice have 

diminished and the amounts of greenhouse gases have increased [1]. One of the 

most important greenhouse gases is CO2, which is formed from all combustion 

processes. At the Mauna Loa Observatory, Hawaii, the level of CO2 in the 

atmosphere exceeded 400 ppm for the first time 2014 since the observation 

started in 1958 [2]. The global emissions of CO2 corresponded to 49 Gt/yr 

(2010) of which 65 % (32 Gt/yr) came from fossil fuels and industrial processes 

[3]. When burning fossil fuels, the fossil carbon is released into the atmosphere 

causing a net CO2 increase. Biofuel, on the other hand, absorbs CO2 during 

growth and emits it when the biofuel is combusted. Within the lifetime of the 

fuel, the biomass can therefore be regarded as CO2 neutral. However, whether 

biomass offer CO2 savings depends on how the biomass is produced. Fargione et 

al. [4] reported that food crop-based biofuels from converted rainforest, 

peatlands, savannas or grasslands in Brazil, Southeast Asia and the United States 

release 17-420 times more CO2 than the fossil fuels they would replace. In 

contrast, biofuels from abandoned agricultural lands planted with perennials or 

biofuels from waste biomass offer reduction in greenhouse gas emissions. 

 

The transportation sector contributed 2010 to approximately 14 % of the 

global CO2 emissions [3]. The World Energy Council estimated that the 

transportation fuel demand will increase 30-80 % above the 2010 levels by 2050 

[5]. The International Energy Agency (IEA) [6] calls for urgent action to steer 

the energy systems on to a safer path by reducing the CO2 emissions to mitigate 

further increase in the global temperature. Hence, transportations need to 

become more energy efficient and/or the use of fossil fuels for transport must be 

diminished. Sustainable production of bio-based transportation fuels is, 

therefore, one alternative to reduce the dependence on fossil fuels and to reduce 

the net CO2 emissions from road traffic. One of the goals in the national energy 

strategy of Sweden is that the vehicle fleet should be independent of fossil fuels 

by 2030 [7]. The main routes for production of biofuels today are based on any 

of the following principles; extraction of vegetable oils, fermentation of sugars 

to produce alcohols, direct liquefaction (pyrolysis) or gasification followed by 

catalytic synthesis [8]. One of the most efficient routes for biofuel production is 

methanol or synthetic diesel production via lignocellulosic biomass gasification 

[9]. The potential for production of biofuels from lignocellulosic biomass in 

Sweden was estimated to 25-30 TWh annually if 50 % yield from biomass to 

biofuel was assumed [10]. This can be compared to the annual use of fossil 

gasoline (32 TWh) and diesel (45 TWh) within the transport sector, 2013, in 
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Sweden [11]. Thus, biofuels from lignocellulosic biomass cannot replace the 

entire need for transportation fuels, not even in a low populated country like 

Sweden with large biomass resources. However, efficient production of 

renewable biofuels from biomass residues can help reduce the net CO2 

emissions. A benefit with using lignocellulosic biomass is that the competition 

with food production, for soils and land use, becomes less severe compared to 

production of first generation biofuels from vegetable oils and sugars [4]. 

 

Lignocellulosic biomass can be thermochemically converted to valuable 

products via the gasification route. Gasification is a thermochemical process that 

converts any carbonaceous fuel into a gaseous product with a usable heating 

value [12]. This is certainly not a new process. Already during the 19
th

 century, 

the first industrial application based on gasification produced town gas for 

illumination and cooking. The gas from the so called water gas process 

consisted of about equal amounts of H2 and CO. It started to become important 

also for the chemical industry in the beginning of the 20
th

 century [12]. The 

synthesis of ammonia, for production of e.g. fertilizers, was one application 

where gasification played an important role [12]. The produced gas mixture of 

H2 and CO came to be called synthesis gas, or syngas, since it was intended as 

feedstock for the synthesis plant. These two components of the syngas, H2 and 

CO, are the building blocks for further synthesis to a variety of different end 

products, for example methanol, dimethyl ether (DME), Fischer-Tropsch liquid 

fuels and waxes as well as for synthetic natural gas (SNG). The syngas can also 

be utilized in gas turbines or gas engines to generate electric power. 

 

A number of different gasification technologies have been developed mostly 

for gasification of coal (see section 1.1). The required heat to the gasification 

process can either be supplied by an external source (allothermal gasification) or 

be generated by the exothermic reactions inside the gasifier itself (autothermal 

gasification). The dominant technologies for coal gasification are at present: 

Sasol Lurgi (moving bed, 15 % of the market), GE Energy (entrained flow, 25 

% of the market) and Shell (entrained flow, 40 % of the market) [13]. There are 

primarily two time periods during which development of biomass gasification 

have occurred. The first one was during the oil crisis (1970-1980) and the 

second period extends from the late 1990s onwards [14]. Countries with a strong 

support for renewables and with large biomass resources, e.g. Sweden, Finland, 

Germany and Austria, have been leading the development of biomass 

gasification after 1990 [14]. Biomass gasification research is diversified in terms 

of gasification process technology. No dominant design has yet been proved 

superior because all technologies have their advantages and disadvantages. This 

is one of the reasons for ongoing development on all the major technologies. 
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1.1 Gasification technologies 

1.1.1 Moving bed gasification 

Moving bed gasifiers (also called fixed bed gasifiers) are characterized by a 

fuel bed that slowly moves downwards under gravity using a gasification 

medium, generally air or O2 and steam, at low velocity. Hence, this is an 

autothermal gasification process where the heat is generated by the chemical 

reactions involved during gasification. The gasification medium is generally, but 

not always, in a counter-current flow with the fuel (updraft). This technology is 

mainly applied in smaller scales with fuel feed size in the range 6-50 mm. The 

oxidant consumption is low with this technology, but the syngas contains a 

variety of pyrolysis products such as different hydrocarbons and tars [12]. 

Operating this gasifier type in co-current flow would provide a substantially 

lower amount of tar in the syngas. However, this mode of operation requires a 

good control of the blast distribution in the bed and therefore limits this 

alternative to units of very small scale [12]. 

 

1.1.2 Fluid bed gasification 

As the name suggests, this autothermal gasification process takes place inside 

a fluidized bed reactor with silica sand or catalytic particles as bed material. The 

feed material size distribution in fluid bed gasification limits to a range where 

the amount of too large and too small particles should be avoided. Large 

particles (>10 mm) are not fluidized, whereas too fine particles are lifted out of 

the bed. In fluid bed gasifiers the blast has two functions: that of blast as a 

reactant and that of the fluidizing medium for the bed. Generally, pure O2 and 

steam are used as oxidizers to avoid syngas dilution of N2, which otherwise 

would be present in the syngas if air was used. Fluidization offers good mixing 

between the bed material, the fuel particles and the oxidant. The good mixing 

promotes heat and mass transfer. Due to the good mixing in the fluidized bed, 

inert bed material, ash, unconverted char and fuel particles are evenly distributed 

inside the bed. A drawback with this is that unconverted char and fuel particles 

are removed together with the ash from the gasifier, resulting in a reduction in 

carbon conversion efficiency [12]. The fluidization regime changes with 

increasing fluidization velocity. Fluid bed gasifiers can generally be operated in 

three different process regimes; stationary (bubbling) fluidized bed, circulating 

fluidized bed or transport reactor, depending on the fluidization regime. A large 

portion (>95 %) of the material in the bed is ash or other inert material. 

Fluidized bed gasifiers are sensitive to bed agglomeration and sintering of the 

ash/bed material. Therefore, it is generally operated at temperatures below 1000 
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°C (below the softening temperature of the fuel ash) to avoid problems 

associated with bed agglomeration. Because of the low gasification temperature, 

the syngas contains a large amount of higher hydrocarbons and tars [12]. 

 

1.1.3 Dual fluidized bed gasification 

The dual fluidized bed technology (DFB) is based on the use of two fluidized 

reactors; one for gasification and the second for combustion (e.g. [15]). The 

reactors are separated with loop seals, which enable transport of bed material 

between the reactors while preventing cross-contamination of gases between the 

reactors. The operational principle is that the fuel is fed to the gasification 

reactor where the volatiles are released and a fraction of the char is gasified. 

Steam is used as a fluidization and gasification medium in the gasifier. The 

remaining, unconverted, char follows the bed material to the combustor reactor 

where it is combusted with air to generate heat. This heat is then transferred 

back to the gasification reactor via the bed material. A benefit with this 

indirectly heated, allothermal, gasification is that the flue gas from combustion 

(heat generation) is separated from the raw syngas, resulting in high heating 

value of the syngas. Therefore, air can be used as oxidizer in the combustion 

reactor and steam in the gasification reactor without impairing the syngas by N2 

dilution. Thus, compared to for example the O2 blown entrained flow 

gasification plant (below), the investment cost for the DFB alternative is reduced 

by not having an O2 production plant. The drawback with the DFB is the high 

yield of larger hydrocarbons and tars, which are produced due to the low 

gasification temperature (approximately 850 °C). 

 

1.1.4 Entrained flow gasification 

Entrained flow gasifiers (the gasifier type used in this work) operate with the 

fuel feed and oxidant in co-current flow. The residence time inside this type of 

gasifier is in the order of a few seconds. For this reason the gasification 

temperature must in general be much higher and the fuel particle size much 

smaller, compared to the other type of gasifiers, in order to achieve full fuel 

conversion. The oxidant is generally O2, since high temperatures are desired. 

The N2 content in air is considered as ballast that dilutes the syngas and reduces 

the gasification temperature if air is used as oxidant. One of the benefits with 

entrained flow gasifiers is that CH4 and higher hydrocarbons (e.g. tars) are 

converted already in the gasifier due to the high process temperature. Therefore, 

entrained flow gasifiers produce the highest quality syngas [12]. This 

technology is also rather fuel flexible since most gasifiers operate in the slagging 

range, meaning that the fuel ash is removed from the gasifier as a smelt. Section 
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2 provides a simplified description of the physical and chemical processes 

involved during entrained flow gasification. Furthermore it addresses some 

important similarities and differences of entrained flow gasification of biomass 

and coal. 

 

1.2 Objective 

The aim with this study was to extend the current knowledge around larger 

scale pressurized O2 blown entrained flow gasification of pulverized biomass. At 

the present time, the knowledge is limited and consists mainly of smaller scale 

(5 kW) studies in drop-tube reactors (e.g. [16], [17]) and pilot scale (0.2-0.6 

MW) experiments (e.g. papers I-V). Development in the pilot scale is needed to 

solve technical issues related to the entrained flow biomass gasification process 

and to bridge the gap between fundamental research and commercialization. For 

that reason, a 1 MW pressurized O2 blown entrained flow biomass pilot gasifier 

(PEBG) was built in 2010 at Energy Technology Centre in Piteå, Sweden. The 

purpose with the PEBG pilot plant was to demonstrate the ability to gasify solid 

biomass without extensive pretreatment other than drying and milling. Secondly, 

the obtained knowledge from developing PEBG may provide a basis for the 

future first commercial plant. 

 

The objective of this thesis was to perform a thorough process characterization 

to study pilot scale gasifier performance at different operating conditions and 

with different woody biofuels. Emphasis was mainly placed on the effect of the 

most important process parameters; e.g. the O2 stoichiometric ratio (λ), the 

process pressure, the fuel load (fuel feeding rate) and the fuel particle size 

distribution. In addition to this, experiments were performed with different types 

of wood residues and with varying degree of fuel pretreatment in order to study 

the effect of the fuel and the fuel composition. Mainly the resulting syngas yield, 

the syngas composition and the gasification process efficiency were studied. In 

some cases, special attention was placed on the syngas particulates that were 

examined with respect to particle composition and morphology. Neighboring 

studies in the PEBG pilot plant have focused on the ash/slag formation and the 

fate of some inorganics (especially alkali) as well as operational issues related to 

this. This thesis summarizes the experimental work performed in the pilot plant 

until the end of 2014. 
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1.3 Outline 

This thesis is based on five papers, all evaluating the performance of entrained 

flow gasification of different woody biomass fuels. After the given introduction 

(above), the thesis continues with a general description of entrained flow 

gasification and gives a comparative discussion around similarities and 

differences between coal and biomass as a feedstock. Chapter 2 also addresses a 

number of practical issues related to entrained flow gasification of biomass. 

Furthermore, a simplified picture of the mechanisms and the main chemical 

reactions involved during gasification is given. 

 

An overview of the PEBG plant and the experimental methods that were used 

in this work are summarized in chapter 3 followed by a summary of the results 

in chapter 4. The results in chapter 4 begins with general observations and 

results from mass and energy balance measurements. This is followed by the 

influence of different process parameters, the influence of torrefaction as fuel 

pretreatment and finally discusses particulate matter in the syngas. Conclusions 

from this work and some recommendations for future investigations are given in 

the end of this thesis. 
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2 Entrained flow gasification theory 

2.1 General overview 

The most successful coal gasification processes developed after 1950 are 

entrained flow processes [12]. There are already a large number (>80 plants, 

2010) of commercial coal-based entrained flow gasification plants around the 

world aiming for ammonia production, power production, petrochemicals or 

liquid motor fuels [18]. Biomass-based installations are, however, still under 

development [14] especially for solid feedstock. There are a number of reasons 

why entrained flow coal gasifiers cannot be directly applied to biomass fuels. 

First, coal and biomass exhibit significantly different properties important for 

fuel size reduction and fuel feeding. Even though biomass generally has higher 

gasification reactivity compared to coal, the biomass fuel particle size must be 

small enough to enable full fuel conversion within the short residence time 

inside an entrained flow gasifier [12]. Power consumption for grinding depends 

on the fuel character, the moisture content, the way of disintegration and the 

extent of size reduction [19]. Wood exhibits a fibrous structure, which requires a 

lot of energy for breaking perpendicular to the fiber direction. Even though the 

final fuel particle size distribution has to be much finer for coal, the milling 

energy consumption for the coal case is lower than for wood (e.g. [19], [20], 

[21], [22]). Reported milling energy consumption for production of sub 

millimeter size powders from different wood assortments are within 2-40 

kWhel/MWhth (e.g. [19], [21], [23], [24]). Bark fuels requires approximately 1/3 

of the energy compared to wood [21]. The fibrous structure of biomass may also 

require different milling strategies than what is used for coal grinding.  

 

Different pretreatment techniques, e.g. torrefaction, can be applied to 

minimize the energy consumption for milling (e.g. paper III, [24]). Torrefaction 

is a thermal pretreatment method in which the biomass is exposed to 

temperatures in the region 230-350 °C inside an inert atmosphere during 1-60 

min. During torrefaction, the biomass is degraded by the release of volatiles. 

This improves the specific heating value and the friability of the material but 

reduces the overall heating value compared to the untreated biomass. 

Simultaneously, the carbon content of the biomass is increased, which may 

influence the gasification reactivity (as discussed in paper III). 

 

Another aspect considering the fibrous structure of biomass is that it 

influences the feeding properties negatively compared to coal. Pneumatic dense 

flow transportation systems are not suitable for fibrous biomass powders 
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because of the high cohesion forces among the particles [19]. Fluctuating flow 

rates has also been reported for screw feeding of wood powders [25]. 

Furthermore, coal can be pumped into the pressurized system as a water-slurry 

feed consisting of 60-70 % solid coal. However, the fibrous and hydrophilic 

nature of biomass powders makes slurry pumping challenging. Biomass and 

water slurries with solids concentration up to 15 % can be pumped [26]. 

However, mixtures of biomass and water with higher solids concentrations than 

15 % are impossible to pump, especially into a pressurized reactor. Besides, it is 

not practically meaningful since the theoretical self-supporting combustion limit 

is around 35 % solids concentration [27]. For coal water slurries, a major 

drawback is that most of the water does not contribute meaningfully to the 

gasification and still has to be vaporized and heated to the gasification 

temperature (1500 °C) [12]. This practically means that slurry feed coal gasifiers 

require 20-25 % higher oxygen consumption compared to dry feed coal gasifiers 

[12]. This means that the cold gas efficiency (CGE) is significantly reduced. 

 

The ash content and the ash composition are other important differences that 

separate coal and biomass fuels. For slagging entrained flow gasifiers it is 

important to obtain a sufficiently high temperature, so that the ash melts, to 

facilitate continuous removal of ash material from the gasifier. The gasifier must 

therefore be operated above the ash slagging temperature so that the ash has a 

fully liquid behavior with a low viscosity (< 25 Pas) [12]. The inorganic 

elements of woody biomass correspond usually to less than 1 % of the dry 

substance, whereof alkali and alkali earth metals constitutes more than 80 % of 

the inorganic matter [28]. Coal generally exhibit higher ash contents with higher 

concentrations of Al, Si, Fe, N, and S compared to biomass [29]. Refractory 

linings with an inner hot face composed of high Al2O3 bricks are universally 

used during gasification/partial oxidation of petroleum residues [12]. The 

problem with biomass, containing high amounts of alkali, is that the alkali 

diffuse into the Al2O3 refractory lining where it changes the crystal structure 

from -Al2O3 to -Al2O3, which leads to loss of refractory life time [12]. In 

addition to this, the life time of the Al2O3 refractory is substantially reduced due 

to chemical attack from SiO2, which constitutes a great proportion of the fuel 

ash in some coals and biomasses (e.g. rice husks). Chromium oxide and/or 

zirconium oxide based refractories are therefore used in entrained flow coal 

gasifiers to avoid problems related to SiO2 attack [12]. For alkali rich fuels, e.g. 

solid biomass and black liquor, more advanced refractory solutions have been 

successfully tested [30] but the development of lower cost solutions is still on-

going. 
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Another viable alternative to protect against the harsh conditions inside the 

gasifier is to use a water cooled membrane wall, on which solid slag from the 

fuel ash build up as a protective layer. Such walls generally have very long life 

times since the wall is “self-repairing” as new slag builds up wherever there are 

cracks or loss of protective slag. A drawback, though, is that the heat loss 

through the reactor wall becomes large compared to an insulating brick wall [12] 

and that the syngas quality and the CGE is negatively affected, as discussed in 

paper II. 

 

2.1.1 Biofuels from entrained flow gasification 

The pressurized oxygen blown entrained flow gasification concept is 

suggested as the preferred option to efficiently produce a pressurized syngas 

with good quality suitable for biofuel synthesis (e.g. methanol, dimethyl ether 

(DME) or synthetic diesel [31], [32], [33]). Before this can be commercialized, 

there are however a number of technical hurdles to overcome such as the 

biomass fuel feeding, process scale up, tar reduction and syngas cleaning [14]. 

One of the problems with high pressure gasification is to achieve a well-

controlled fuel feeding into the pressurized system and the easiest way around 

this problem is to work with a liquid fuel that can be pumped.  

 

Two examples of liquid biomass fuels are pyrolysis oil and black liquor (a by-

product from chemical pulping). Development of synthetic fuel production from 

both these fuels is ongoing in the BioDME project [34] and the Bioliq project 

[35], respectively. Both concepts are based on entrained flow gasification with a 

biomass feed in liquid or slurry form. The BioDME project uses black liquor as 

a feedstock to produce methanol/DME (dimethyl ether) as end product [34]. 

This concept is, however, limited by the availability of black liquor and by the 

associated pulp production. The Bioliq concept is based on regional 

pretreatment of the biomass for energy densification by fast pyrolysis. 

Thereafter, the intermediate slurry mixture of pyrolysis oil and char is 

transported to a central gasification plant for conversion into syngas and 

subsequent synthesis to motor fuels [35]. The advantage of the Bioliq concept is 

the energy densification that allows transportation over long distances compared 

to transportation of the original low energy density feedstock e.g. straw or 

energy crops. A disadvantage with the pyrolysis oil route is that an additional 

process step is needed for the liquefaction of the biomass. Additionally, 

presence of many unstable and polymerizing compounds in the slurry commonly 

causes significant changes in the bio-oil properties (e.g. higher viscosity) during 

storage [19]. Compared to feasible solids concentration in coal slurries, the solid 

concentration of char (or wood powder) in pyrolysis oil is much lower. Trinh et 
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al. [36] showed that the slurry phase transition from liquid to paste took place at 

solids concentrations of 15-20 % and 10-15 % for char and wood powder, 

respectively (c.f. 60-70 % for coal water slurries). 

 

All the efforts mentioned above is intended to overcome the rather energy 

demanding and often gas consuming fuel pressurization method using lock-

hopper systems. In a lock-hopper system (working principle similar to any 

common sluicing systems), the fuel is generally pressurized with a gas before 

being introduced to the fuel feeding system at higher pressure. The major part of 

the compression work as well as the gas used for pressurization is wasted during 

the depressurization stage prior to refueling of the empty hopper. Craven et al. 

[37] developed an alternative solids feed system using water as an 

incompressible fluid to bring about compression. They report significant energy 

savings (75-82 %) compared to conventional lock hoppers. However, this 

method may not be suitable for pulverized wood fuels, since the hydrophilic 

nature of wood powder potentially could result in formation of cakes on the wet 

hopper walls and thereby hamper the fuel feeding. 

 

Generally, the pressurization is performed using an inert gas such as N2. 

However, the use of N2 results in dilution of the produced syngas. This is a 

disadvantage for downstream processing of the syngas. Another, more attractive 

option is to use CO2 for pressurization. A substantial amount of CO2 is often 

already separated from the syngas prior to fuel synthesis and is therefore readily 

available at no additional cost (e.g. [38]). An advantage with recycling the CO2, 

compared to the use of inert N2, is that CO2 is an active gas in many of the 

gasification reactions and that it can easily be removed from the syngas after the 

gasifier. Pressurization of the PEBG pilot plant with CO2 was tested by our 

group to investigate the effect of using CO2 instead of N2 on the syngas 

composition [39]. The experiment with CO2 pressurization indicated that the 

increased partial pressure of CO2 resulted in syngas shifting towards formation 

of CO and H2O by the reversed water-gas shift reaction, i.e. CO2 + H2 ⇌ CO + 

H2O. 
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2.2 Processes involved during entrained flow gasification 

Fuel particles are fed in the top center of the entrained flow gasifier together 

with the oxidant (Figure 1). As the fuel particles are introduced to the hot 

environment (1100-1600 °C) by gravity and entrainment in the oxidant co-flow 

they are rapidly heated and moisture is released. In the subsequent 

devolatilization step, a variety of gaseous compounds and a carbon-rich char is 

produced as the fuel thermally decomposes (reaction R1 in Table 1). The 

gaseous compounds from devolatilization (or pyrolysis) include CO, CO2, H2, 

H2O, light hydrocarbons such as CH4 as well as larger hydrocarbons represented 

by the general CaHbOc in Figure 1 and Table 1.  

 

 

Figure 1 Shematic overview of the reactor and the main processes involved 

during gasification. 
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Pyrolysis starts already at temperatures >350 °C and in parallel with the 

heating of the fuel particle [12]. Both the yield of pyrolysis gases and the rate of 

pyrolysis are influenced by the fuel particle heating rate [12]. The high heating 

rate inside the entrained flow gasifier generates a larger yield of pyrolysis gases 

and lower char yield compared to slower heating rates ( [40], [41], [42]). Evans 

and Milne [43] tabulate primary pyrolysis products and discuss the steps 

involved during their conversion to secondary and ternary products. At higher 

temperatures (>950 °C) ternary pyrolysis products are formed when olefins and 

oxygen containing products are cracked yielding e.g. CO2, CO and unsaturated 

species. These unsaturated hydrocarbons then polymerize to heavier aromatics 

(e.g. naphthalene and anthracene) [43]. A number of reaction pathways for the 

continued polymerization into heavier aromatics have been suggested. Most of 

them involve radical mechanisms, where smaller radical molecules grow to 

larger aromatic hydrocarbons (polyaromatic hydrocarbons, PAHs), that 

eventually ends up as soot through a number of addition reactions [44]. These 

aromatic ternary pyrolysis products are most likely formed during entrained 

flow gasification due to the high temperature (1100-1600 °C). 

 

Table 1 Simplified scheme of the main global chemical reactions in the 

gasifier. 

Reaction 

Heat of 

reaction, ΔHr No 

CxHyOz → CO, CO2, CH4, H2, H2O, CaHbOc, C(s)  R1 

   

H2 + ½O2 → H2O -242 kJ/mol R2 

CO + ½O2 → CO2 -283 kJ/mol R3 

CH4 + ½O2 → CO + 2H2 -36 kJ/mol R4 

CH4 + 2O2 → CO2 + 2H2O -803 kJ/mol R5 

   

CO + H2O ⇌ CO2 + H2 -41 kJ/mol R6 

CH4 + H2O ⇌ CO + 3H2 +206 kJ/mol R7 

   

C(s) + CO2 ⇌ 2CO +172 kJ/mol R8 

C(s) + H2O ⇌ H2 + CO +131 kJ/mol R9 

C(s) + 2H2 ⇌ CH4 -75 kJ/mol R10 

C(s) + O2 → CO2 -394 kJ/mol R11 

C(s) + ½O2 → CO -111 kJ/mol R12 
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The oxidant (O2) that is fed through a burner in the top center of the gasifier 

forms a jet flame in the center part of the reactor (Figure 1). Practically, due to 

the aerodynamics created by the central jet flame, there is a recirculation of 

syngas inside the gasifier, which brings hot combustible gases to the vicinity of 

the burner. The sub-stoichiometric amount of added O2 is therefore rapidly 

consumed by combustion reactions R2-R5 (Table 1) in the flame. These 

reactions are exothermic and provide the necessary heat to the gasification 

process. The stoichiometry inside the gasifier is usually described by the O2 

stoichiometric ratio (λ) which is defined as the ratio between the supplied O2 

mass flow and the O2 mass flow required for stoichiometric combustion. 

 

After the flash pyrolysis step, the remaining char and soot, here represented by 

solid carbon C(s), is gasified by the surrounding gases (i.e. reactions R8-R12 in 

Table 1). The endothermic gasification reactions involving CO2 (R8) or H2O 

(R9) are favored by high temperatures in the gasifier. Mass transport to (and 

from) the solid surface of the fuel particle plays an important role in this 

heterogeneous step. Therefore, this is the slowest gasification step that governs 

the overall conversion rate [12]. Since most of the O2 is consumed in the upper 

part of the gasifier, the combustion of solid carbon by O2 (R11-R12) is unlikely 

further down in the reactor. 

 

The physical and chemical properties of both char and soot are affected by the 

local conditions (e.g. temperature and pressure) inside the gasifier. The process 

temperature affects the nanostructure ( [42], [45]) and thereby also the reactivity 

of the char and soot during gasification ( [45], [46]). A higher degree of 

graphitization of the char structure is attained at higher pyrolysis temperatures. 

This affects the char gasification reactivity negatively. Furthermore, the char 

morphology is affected by the process pressure during pyrolysis ( [42], [47]), 

such that more porous char particles are formed at elevated pressures. Wall et al. 

[47] showed that coal chars produced at different pressures had similar intrinsic 

reaction rates towards CO2, H2O and O2, whereas the apparent rates (i.e. the 

rates observed under practical conditions) were higher for the more porous chars 

produced at higher pressures. Biomass chars from high pressure entrained flow 

gasification may therefore exhibit a porous and potentially reactive structure as a 

result of the high pressure. On the other hand, the produced char may 

simultaneously exhibit a graphitic structure, because of the high temperature 

inside the entrained flow gasifier, which potentially reduces the gasification 

reactivity. 
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A residual ash particle is what remains after the completion of the char 

gasification step. The ash can exist both as solid or smelt depending on the 

temperature inside the gasifier. The majority of entrained flow gasifiers operate 

in slagging mode [12], meaning that the ash leaves the gasifier as a molten slag. 

Therefore, high temperatures (above the ash melting point) are required. For 

example, the flow temperature (measured with heating microscope) of collected 

slag from gasification of stem wood was approximately 1335 °C [48]. To reach 

temperatures high enough to avoid slag freezing comes with the penalty of high 

O2 consumption (see section 2.4 below). 

 

The cold gas efficiency (CGE) is used as a measure of the gasification process 

efficiency. The CGE is defined as the ratio between the chemical energy in the 

produced cooled syngas and the energy input from the corresponding fuel. The 

CGE can be based on either the higher heating values (HHV) or the lower 

heating values (LHV) of the fuel and syngas, respectively. The HHV is the 

amount of heat produced by complete combustion of a unit quantity of fuel. It is 

determined by bringing all the products of combustion back to the original pre-

combustion temperature, and in particular condensing any vapor produced. The 

LHV is determined by subtracting the heat of vaporization of the water vapor 

(fuel moisture and vapor produced by fuel combustion) from the HHV. At 

complete combustion, the fuel is completely converted to CO2 and H2O, whereas 

the fuel is converted mainly to CO, H2, CO2, H2O and CH4 during gasification. 

This means that part of the fuel hydrogen ends up as energetic gases (H2 and 

CH4) from gasification and not only as vapor. Therefore, the HHV represents a 

better basis for the CGE-calculations. 

 

Two different CGEs were calculated in this work; 1) the CGEpower and 2) the 

CGEfuel. The CGEpower was calculated using all the combustible gas species in 

the syngas. This is a representative measure for the gasification efficiency if the 

syngas is intended for complete combustion in power production (e.g. in a gas 

engine), where all the combustible compounds in the gas can be used. The 

calculation of CGEfuel is based on only the CO and H2 concentrations in the 

syngas [49], paper III. The CGEfuel is a more representative measure if the 

syngas is intended for synthetic fuel production, where CO and H2 are the only 

important gas species for the catalytic upgrading into synthetic fuels, unless the 

intended end product is methane.  

 

The H2/CO ratio is an important parameter when the syngas is intended for 

catalytic production of synthetic motor fuels [50], [51]. Catalytic synthesis of 
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methanol [50] and DME (dimethyl ether) requires a stoichiometric ratio of (H2-

CO2)/(CO+CO2) = 2. Low temperature Fischer-Tropsch synthesis requires a 

H2/CO ratio in the region 1.7 – 2.15 depending on the catalyst, whereas the ratio 

H2/(2CO+3CO2) is about 1.05 for FT production at higher temperatures [51]. 

When the ratio in the raw syngas differs from this ideal composition it can be 

adjusted with a water-gas shift reactor. This will, however, consume part of the 

chemical energy in the syngas because of the exothermic water-gas shift 

reaction (R6 in Table 1). 

 

2.3 Syngas cooling 

During cooling the entrained ash particles will inevitably pass through the 

critical temperature range where the ash becomes sticky [12]. Therefore, the 

cooling must be performed as quickly as possible to a temperature where the ash 

becomes dry. This operation is commonly called quenching. It is important to 

avoid contact between ash particles and a wall before the ash is sufficiently 

cooled. This could mean below 600 °C for biomass ashes rich in alkali. For 

entrained flow gasifiers, quenching can be performed in four different ways 

[12]; 1) radiant syngas cooler, 2) water quench, 3) gas quench or 4) chemical 

quench.  

 

The heat transfer in radiant coolers occurs by radiation, as the name suggests, 

without the sticky slag particles touching the heat transfer surfaces. This type of 

cooler can be used to generate saturated steam. A disadvantage, though, is that 

they scale awkwardly, which means that radiant coolers become very expensive 

in larger scale plants. In a water quench, the syngas is cooled by evaporation of 

water into the gas. It is important to distinguish between a partial water quench 

and a total water quench (as used in this work). In the former, just enough water 

is added to cool the syngas to a temperature where the ash becomes dry, whereas 

a substantial amount of water is added in a total quench to saturate the syngas 

with water. The introduction of additional water vapour to the syngas may drive 

the water-gas shift reaction CO + H2O ⇌ CO2 + H2 to the right. If the final 

product is NH3 or H2, the water vapour in the syngas from a total quench will be 

enough for the subsequent CO-shift process [12]. An advantage with a partial 

quench is that the remaining sensible heat in the syngas after quenching can be 

exploited for high-pressure steam production in a downstream syngas cooler. 

 

In gas quench coolers, approximately half of the raw cooled synthesis is 

recirculated back and mixed with the syngas leaving the reactor. This quenching 
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method requires voluminous heat exchangers and is in practise limited to 

temperatures of 900 °C. Quenching to lower temperatures require a substantial 

increase in recycle gas, which results in a requirement for even larger heat 

exchanger area. In a chemical quench, the sensible heat in the syngas from a first 

slagging stage is used in the endothermic reactions to gasify a second-stage feed. 

This second feed, either dry or a slurry feed, generally reduce the temperature 

400-500 °C in entrained flow coal gasifiers. The advantages over other 

techniques are lower O2 consumption, higher CGE and substantially reduced 

cost for the subsequent syngas cooler (reduced surface area and lower cost 

concepts can be used). A disadvantage, though, is that tars will be formed from 

the second, low temperature, gasification stage. It may therefore be argued that 

this quenching concept is not suitable for biomass since biomass has a very high 

tar yield, especially at lower temperatures. 

 

2.4 Thermodynamic equilibrium 

Thermodynamic equilibrium can be used as a tool to increase understanding of 

the gasification process and to find the theoretical window for optimal operation 

of the gasifier. Equilibrium was calculated for O2 blown gasification of stem 

wood. Theoretically, the most important operating parameter in entrained flow 

gasification is the O2 stoichiometric ratio, λ. In Figure 2 the adiabatic thermal 

equilibrium temperature, the syngas yields and the cold gas efficiencies are 

shown as a function of λ. At low λ (below approximately 0.25) the resulting 

equilibrium temperature is low (below 850 °C). This affects the carbon 

conversion negatively as there is solid carbon, C(s), remaining at λ<0.25. The 

C(s) can in this case be practically interpreted as the sum of unconverted char 

and soot. There is a substantial amount of energy stored in the unconverted 

carbon. When this is not converted to syngas the CGEs are low (Figure 2). 
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Figure 2 Results from adiabatic thermal equilibrium calculations for stem 

wood powder at 7 barA. 

 

Increasing λ above 0.25 will promote the combustion reactions R2-R5 in 

Table 1, which in turn will increase the process temperature. This improves the 

carbon conversion until complete carbon conversion is reached at λ=0.27 

(Figure 2). This is also where the CGEpower reaches its maximum of 0.89. The 

maximum for CGEfuel (0.86) is reached at a slightly higher λ (at λ=0.30), when 

also the CH4 content is completely converted to CO and H2 (see Figure 2). 
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Further increase in λ (beyond complete CH4 conversion) results in even higher 

temperatures as a result of the combustion reactions R2-R3. Thus, the syngas 

composition will change towards higher amounts of CO2 and H2O while 

consuming CO and H2. This also consumes part of the chemical energy 

otherwise stored in the syngas and results in decreasing CGEs. At λ>0.6, the 

adiabatic temperature is sufficiently high (>2500 °C) for the dissociation of CO2 

and H2O forming e.g. free O2, CO and OH (radical) as indicated in Figure 2. 

 

A real gasifier is not an adiabatic process since thermal losses to the 

surroundings is hard to avoid completely even for large scale commercial units. 

This is especially true for smaller gasifier such as the one used in this work, 

since the heat loss is affected by the scale of the gasifier. The heat losses from 

the PEBG pilot plant have been estimated to be between 5 and 10 % of the total 

fuel load. When heat losses are accounted for in the thermodynamic equilibrium 

calculations, the temperature at a certain λ will be lower than the temperature for 

the adiabatic case. Or in other words, a higher λ is required to reach a certain 

temperature in the gasifier. Similarly, a higher λ is required to reach complete 

carbon conversion (and CH4 conversion) compared to the adiabatic case. For 

example, the thermodynamic equilibrium calculations predict that complete 

carbon conversion is shifted from λ=0.27 (adiabatic) to λ=0.31 when 5 % heat 

loss is accounted for in the calculations. As a result, the optimal CGEpower and 

CGEfuel are shifted towards higher λ values. In addition to this, the CGEs are 

reduced compared to the adiabatic case because of the increased combustion of 

energetic gases (R2-R5 in Table 1). Thus, the optimal CGEs are shifted down to 

the right in Figure 2 when heat losses are accounted for in the calculations. 

Therefore the maximum CGEpower is reduced to 0.84 and the maximum CGEfuel 

is reduced to 0.81 for a case with 5 % heat losses (cf. 0.89 and 0.86 for the 

adiabatic case, respectively). 

 

2.5 Kinetic constraints 

The heterogeneous reactions involved during gasification of solid particles 

(i.e. char or soot) are limited by mass and heat transport to the solid surface. The 

residence time in the hot environment inside the gasifier is in the order of a few 

seconds and therefore it is not always possible to reach full carbon conversion 

and the gas composition predicted by the equilibrium. At limited carbon 

conversion, the yield of syngas becomes lower as a proportion of the fuel carbon 

is being bound to the solid matrixes of char or soot. Simultaneously, the gas 

phase inside the reactor will experience an overly high stoichiometry, meaning 

that the gas phase will see a higher λ than expected by equilibrium. The higher λ 

favors the exothermic gas phase combustion reactions R2-R5, Table 1. 
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Furthermore, limiting the amount of carbon that reacts with CO2 or H2O by the 

endothermic reactions R8-R9 will result in a higher gasification temperature and 

a different syngas composition compared to the ones predicted by 

thermodynamic equilibrium. 

 

Several authors (including [52], [53], [54]) assert that the conversion of CH4 

during gasification cannot be correctly estimated by any straight forward 

thermodynamic equilibrium approach. The calculated yield of CH4 at 

equilibrium is clearly lower than the experimental yield from gasification, which 

is interpreted as an indication of kinetically constrained steam-methane 

reforming reaction (R7 in Table 1) during gasification of biomass [52]. 

 

2.6 Important process parameters 

The most important gasification parameters is the O2 stoichiometric ratio, λ, 

which affects both the stoichiometry and the temperature inside the gasifier as 

discussed above. The gasification pressure is another important process 

parameter because it influences the plant economics. It is advantageous to gasify 

under elevated pressure, both because of the energy savings in syngas 

compression but also because of the reduction in equipment size [12], [33]. 

Furthermore, for a fixed gasifier size (as described in this work) the process 

pressure can be used to control the residence time inside the gasifier such that 

acceptable fuel conversion can be reached. Increased process pressure can 

potentially shift the steam-methane equilibrium reaction (R7, Table 1) towards 

the left hand side, increasing the yield of CH4 in the syngas. This is a 

disadvantage if synthetic motor fuels or chemicals are the desired end products. 

Moreover, increasing the total pressure will increase the partial pressure of the 

product gases (e.g. CO and H2). Several authors (e.g. [55], [56]) have 

demonstrated that increased partial pressure of CO and/or H2 near the char 

particle can inhibit the char gasification reactions (i.e. R8 and R9 in Table 1). 

 

The process temperature is important because the product yields are partly 

governed by the gasification temperature. The fuel load can partly control the 

gasification temperature (in combination with λ). This is because the heat loss to 

the surroundings represents a smaller fraction of the total load when the fuel 

load is increased. In other words, different gasification temperatures (within 

certain limits) can be obtained at the same λ depending on the fuel load. 

Furthermore, varying the fuel load is another way of controlling the gasification 

residence time (in addition to the gasification pressure). 
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Plant performance will also be affected by the fuel particle size. Fine fuel 

particles will be rapidly converted in the gasifier and therefore potentially 

exhibit a higher fuel conversion compared to larger fuel particles. However, the 

cost for fine fuel powders will be higher because of the increased energy 

demand for milling [57].  
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3 Experimental method 

This work summarizes the main experimental results obtained during 2011-

2014 in the PEBG pilot plant. The process was generally operated during 

daytime. Until the end of November, 2014, the plant had been operated for 

approximately 500 hours. In the beginning of the project, the gasifier was 

operated at low pressures (up to 2 barA) for safety reasons. Calculations showed 

that the resulting pressure from a syngas explosion would be sustained within 

the process equipment if the initial pressure did not exceed 2 barA. As the 

process knowledge increased, the process was developed to handle higher 

system pressures from the end of 2013. Process safety was built in to 

automatically stop the process and thereby avoid dangerous situations associated 

with syngas explosions. Moreover, the gained experiences from the initial low 

pressure experiments made it possible to refine the experimental methods. A 

good example of method improvement is the development of a fuel feeding rate 

calibration method based on pressurized combustion (further described in 

section 3.1.1). 

 

3.1 The pressurized entrained flow biomass gasifier 

The pressurized entrained flow biomass gasifier (PEBG) pilot plant, situated at 

Energy Technology Centre (ETC) in Piteå, Sweden, was built 2010-2011 by 

ETC and Infjärdens Värme AB (IVAB), Sweden. The plant was designed to 

operate in slagging mode with process temperatures ranging between 1100-1600 

°C at maximum 1 MWth throughput and at pressures up to 10 barA (absolute 

pressure). Figure 3 shows a photo of the plant.  
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Figure 3 Overview photo of the PEBG plant. 

 

The process was controlled and automated by a PLC (programmable logic 

controller) based control system. This means that the process was operated from 

a control room without operators being required in the plant to perform process 

operations. This was an advantage from a safety point of view. In addition to the 

PLC, a historian database (WinMOPS) acted as a repository for current and 

historical data from the pilot plant. This database was useful for post processing 

of the results and evaluation of the experiments. 

 

Dry solid biofuels intended for use in the PEBG pilot plant could be milled in 

two subsequent steps depending on the requirements. There was a possibility to 

connect a granulator (Rapid Granulator 15 Series) prior to the hammer mill 

(MAFA EU-4B). The hammer mill was always used. Easily ground fuels could 

be milled in the hammer mill directly. The fuel particles that passed the sieve 

inside the hammer mill were pneumatically transported (by the built-in hammer 

mill fan) to the fuel hoppers in the fuel feeding system of the PEBG plant. 

Cyclones on top of each fuel hopper separated fuel particles and transportation 

air. The two hoppers (approximately 1 m
3
 each) could be sequentially filled and 

alternately operated to keep the pressurized process in continuous operation. 

Figure 4 shows a schematic process flow diagram of the PEBG plant from the 

fuel hoppers and downstream. The mechanical fuel feeding system, below the 

two hoppers, was used for transportation of the fuel to the burner. The burner 
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was located on top of the gasifier. The fuel was fed through a central inlet of the 

burner, whereas the oxidant, O2, was added through a register concentrically 

outside the fuel entrance of the burner. 

 

 

Figure 4 Schematic overview of the PEBG pilot plant. 

 

The gasifier was a ceramic lined reactor (0.52 m in inner diameter and 1.67 m 

in vertical reactor wall length). The hot phase ceramic material was mullite-

based bricks (Vibron 160H), composed of Al2O3, 63 wt-%; SiO2, 31 wt-% and 

Fe2O3, 1 wt-%. Process temperatures were monitored by ceramic encapsulated 

type S thermocouples at different locations; three vertical positions and three at 

different azimuthal angles at mid height, inside the gasifier. The thermocouple 

tips were inserted approximately 20 mm into the gas environment inside the 

reactor. The average process temperature given by the three thermocouples at 

mid height in the reactor is hereafter referred to unless specified otherwise. A 

water cooled N2 purged camera probe, schematically described in Figure 5, was 

installed in the top part of the gasifier to monitor the inside of the gasifier and to 

visualize the gasification flame. The camera contributed considerably to the 

process safety, especially during start-up of the gasifier. For process safety 
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reasons, the gasifier was also equipped with a UV/IR flame detector (Fireye, 

InSight II) to automatically identify loss of flame. 

 

 

Figure 5 Schematic picture of the camera probe. 

 

Below the conically shaped reactor outlet followed water sprays at two levels 

and a bubbling quench for syngas cooling and smelt/particle separation. The 

conical shaped metal support was cooled by a ternary water spray. The water 

level inside the quench was measured by a level indicator and could be 

controlled by controlling the outflow of water from the quench. The system 

pressure was controlled by the pressure control valve installed on the syngas 

outlet pipe. Gas sampling was possible from both the pressurized and the 

pressure relieved side of the pressure control valve. The produced syngas stream 

was finally flared on top of the building to avoid any risks associated with the 

syngas. A LPG (liquefied petroleum gas) pilot flame was used as a continuous 

ignition source in the flare. 

 

3.1.1 Control of mass flows 

The fuel feeding rate was determined by calibrating the mechanical fuel feeder 

prior to each experimental day. Two separate methods were used in this work 

based on the following principles (more detailed described below); 1) 

atmospheric weighing or 2) pressurized combustion.  

 

In the weighing method, the fuel powder was fed (at atmospheric pressure) 

into a vessel on a weight scale. The weight increase over time corresponded to 

the fuel feeding rate. This method was used prior to all the experiments at 2 

barA (absolute pressure). Experience from tests with higher pressures (>2 barA) 

showed that the wood powder was compressed inside the fuel hoppers and that 
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the true fuel feeding rate differed from the calibration curve in proportion to the 

system pressure. Therefore, the pressurized combustion fuel feeding rate 

calibration method was developed for the experiments performed above 2 barA.  

 

The combustion method was based on the assumption of complete carbon 

conversion during calibration. By measuring the molar flow rate of flue gas and 

the flue gas composition, it was possible to calculate the fuel feeding rate based 

on the fuel elemental analysis. A small mass flow of He was used as a tracer 

element for calculating the mass flow rate of flue gas. The calculations also 

considered the amount of CO2 that may have been dissolved in the quench water 

by applying Henry’s law. The Henry’s law constants at different quench water 

temperature were derived from the correlation defined by Carroll et al. [58]. The 

fraction of carbon dissolved as CO2 in the quench water was generally below 2 

%. The pressurized combustion calibration method was applied (at 7 barA) prior 

to all gasification experiments at 7 barA. The low CO concentration in the flue 

gas (<400 ppm) and the absence of other hydrocarbons as measured by the 

micro GC indicated that the combustion was efficient and thereby that the 

assumption of complete carbon conversion was reasonable. 

 

The O2 mass flow was controlled by a mass flow controller (MFC, Bronkhorst 

F-203AI) and additionally measured, for process safety reasons, with a 

secondary mass flow meter (Yokogawa Coriolis Rotamass RCCS31).  

 

A small N2 mass flow was added together with the fuel to keep an inert 

atmosphere in the fuel feeding system. The gasifier design also allows N2 to be 

added to the O2 stream in order to simulate different O2 concentrations in the 

burner (21-100 mol-%). Both N2 mass flows were controlled by MFCs 

(Bronkhorst F-203AI). In addition to this, two N2 purge streams were added to 

the gasifier for cooling/purging of the camera probe and the flame detector to 

ensure that they, all the time, had a clear view of the gasifier interior. The N2 

flow through the camera probe was restricted by an orifice plate that gave a 

constant mass flow of approximately 5 kg/h (67 Nl/min). The purge flow to the 

flame detector was controlled by a MFC (Bronkhorst F-202AI) and generally set 

to below 1 kg/h (13 Nl/min). 

 

To allow for measurement of the syngas mass flow, an accurately measured 

mass flow of He (used as a tracer gas) was added to the O2 stream via a MFC 

(Bronkhorst F-201CV). Generally, 3-5 Nl/min of He was added to the gasifier. 
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Finally, the input and output quench water streams were measured with 

magnetic flow meters (Yokogawa RXF015G). 

 

3.2 Experimental procedure 

An electrical heater (Kanthal Tubothal, 27 kW), vertically installed in the 

center of the gasifier, was used in order to heat up the reactor refractory lining to 

approximately 1000 °C prior to each experimental day. A photo of the heater 

installed inside the gasifier can be found in Figure 6A. A slow heating ramp 

(<100 °C/h) was used to avoid thermal stress in the refractory ceramics. At 

sufficiently high reactor temperature (>1000 °C), the heater was removed and 

the powder burner was installed. The gasifier was then purged with N2, to obtain 

an inert gas atmosphere, and finally pressurized to the subsequent process 

pressure. The process was subsequently started by feeding the fuel powder to the 

gasifier (Figure 6B). This continued for approximately 5-10 s in order to 

generate a sufficiently high concentration of pyrolysis gases inside the gasifier 

to enable ignition when the feeding of O2 was started. The reactor camera gave a 

very fast response on the ignition phase when the mixture of O2 and pyrolysis 

gases was ignited, as shown in in Figure 6C. To start with, the process was 

operated at a high λ in order to heat up the refractory lining further. For the 

experiments at 2 barA, where the fuel feeder was already calibrated by the 

atmospheric weighing method, this heat up period was operated in gasification 

mode (i.e. sub stoichiometric conditions, λ0.7) until the process temperature 

was approximately 100 °C above the expected gasification temperature of the 

subsequent experimental process condition. 
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(A)

 

(B)

 

(C)

 

(D)

 

Figure 6 Shows photos (A - D) taken by the reactor camera from inside the 

reactor. The photos were taken at different times during the process. Photo (A) 

shows the electrical heating of the reactor; photo (B) shows the fuel feeding 

start-up; photo (C) shows process ignition; and photo (D) shows the gasification 

flame. The reactor outlet is visible as a black hole at the bottom of pictures (A) 

and (B). 

 

For the experiments at higher pressure (7 barA), the heat up period coincided 

with the combustion period during pressurized fuel feeding calibration. After 

completion of the fuel feeding calibration, the feeds of fuel and O2 were stopped. 

The gasifier was purged with N2 to remove any residual O2 from inside the 

process equipment. This was performed in order to minimize the potential risk 

of creating explosive mixtures of O2 and syngas. After reactor purging, the 

gasification was restarted by feeding fuel and, approximately 5-10 s thereafter, 

the sub stoichiometric amount of O2 according to the initial experimental set 

point. An example of a gasification flame can be found in Figure 6D. 
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Experience from running the gasifier showed that the process temperature 

asymptotically approached the new thermal equilibrium temperature with a time 

constant from thermal inertia after a set-point change, e.g. a λ-step change (paper 

IV). It was found that approximately 2 hours was required to accomplish 90 % 

of any considerable temperature change (approximately 100 °C). Therefore, 

each operating condition was generally operated for at least 2 hours. Process 

data were collected and analyzed from the last part (i.e. last 15 min) of each 2 

hour period, so that fair comparisons between different operating conditions 

could be made and so that relevant conclusions could be drawn. 

 

3.3 Sampling systems 

3.3.1 Syngas and particle sampling systems 

A small slip stream of the produced syngas was continuously analyzed by a 

micro GC (Varian 490 GC with molecular sieve 5A and PoraPlot U columns). 

The micro GC logged He, H2, N2, O2, CO, CO2, CH4, C2H4, and C2H2 

concentrations every 4 minutes. In some of the experiments a FTIR instrument 

(MKS Multigas 2030HS) was also used to continuously log CO, H2O, CO2 and 

CH4 concentrations at a rate of 1 Hz. In addition to this, the syngas was also 

sampled using 10 dm
3
 foil gas sample bags, which were analyzed with two gas 

chromatographs (Varian CP-3800) equipped with two thermal conductivity 

detectors (TCD) for detection of H2, CO, CO2, N2, O2, CH4, C2H6, C2H4 and 

C2H2. A flame ionization detector (FID) was used for CH4 and C6H6 (benzene). 

Replicate bag samples were withdrawn from the sampling line when the process 

was close to the steady-state operation of the given process condition, i.e. at the 

end of the two hours test period for each set-point. 

 

A schematic overview of the particle sampling system used for syngas particle 

sampling can be found in Figure 7. The sampling system was used in the works 

of paper IV and V to sample submicron particles, both to the instrument 

combination of Scanning Mobility Particle Sizer (SMPS) and Soot Particle 

Aerosol Mass Spectrometer (SP-AMS) (paper IV) and to a 13-stage Dekati Low 

Pressure Impactor (DLPI, paper V). Particulate samples were withdrawn from 

the centerline of the syngas pipe by a sampling probe with N2 dilution through a 

porous tube at the tip of the probe, see Figure 7. The sampling probe was 

installed 2 m downstream the pressure regulating valve that controls the system 

pressure in the gasifier. The pressure in the syngas pipe after the valve was close 

to atmospheric and the temperature of the raw syngas was about 40 °C. The N2 
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dilution gas to the sampling probe was heated to about 300 °C with an electrical 

heater in order to dry the sampled syngas. The temperature was measured by 1.5 

mm K-type thermocouples (TC) at two different positions in the sampling 

probe; at the N2 inlet to the probe and directly after the mixing/dilution zone. 

The measured temperatures were approximately 210 °C and 100 °C, 

respectively. The flow rate of N2 was controlled with a mass flow controller 

(Bronkhorst F-201CV). Furthermore, valves were also installed to enable 

flushing of the sample probe system before sampling in order to blow away 

particles that had been deposited on surfaces in the sampling system.  

 

 

Figure 7 Particle sampling system. 

 

In the SMPS/SP-AMS work (paper IV), the sampling system was equipped 

with a dilution probe and a secondary dilution system downstream to adapt to 

the SMPS/SP-AMS instruments (Figure 7). The use of the second dilution setup 

made sure that a sufficient total dilution ratio could be achieved at all times and 

to lower the particle concentration to a level suitable for the particle analysis 

instruments. Paper IV further explains the details of the sampling system used 

for the SMPS/SP-AMS measurements. In the DLPI measurements (paper V) the 

sampling system was equipped with a DLPI followed by a vacuum pump 

directly after the primary sampling probe, as indicated in Figure 7. Thus, the 

dilution probe and the associated system downstream were not used. All the 
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plates in the DLPI were un-greased Al-foils (see paper V for a more detailed 

description of the sampling method). 

 

3.3.2 Particulate characterization  

Particle size distribution of the sampled particles can be obtained with a 

number of different techniques. In this section the particulate characterization 

technologies used in this work are briefly summarized. 

 

The SMPS, used in paper IV, determined the particle size distribution based 

on particle mobility diameter. This gave a measured particle size interval of 15-

760 nm. Simultaneously as the SMPS measurements (as described in paper IV), 

time resolved chemical analysis of the sampled particles was performed with a 

SP-AMS (from Aerodyne Inc.). A thorough description of the instrument can be 

found in [59]. In the SP-AMS, the sampled particles are focused into a narrow 

particle beam by using an aerodynamic lens. The particle beam is then entering a 

high vacuum chamber where the particles are being accelerated at a rate 

depending on the particle mass. The particle beam is modulated by a mechanical 

chopper which is either allowing the particles to pass through or is blocking the 

particles from traveling through the vacuum chamber. On the other side of the 

vacuum chamber the particles can be either flash vaporized by impaction on a 

heated tungsten plate (AMS) or vaporized by a laser (Nd:YAG, 1064 nm) (SP-

AMS). The formed vapour molecules are ionized through electron impaction (70 

eV) and the ion fragments are extracted into a time of flight mass spectrometer 

(ToF-MS). During the measurements the SP-AMS was operated in dual 

operation mode, meaning that both the laser and tungsten vaporizer were used at 

the same time. By measuring the particle time of flight between the mechanical 

chopper and detection in the mass spectrometer it is possible to determine 

chemically resolved mass size distributions of the particles. 

 

A DLPI is a 13-stage low pressure impactor that was used for determining the 

syngas particulates gravimetric mass size distribution. The impactor consists of 

evenly distributed stages that separate particles within a size range of 0.03 – 10 

µm. Below each stage there is a Ø25 mm collection substrate made of Al-foil 

that collects the particles. The substrate is weighed before and after the 

measurement to obtain the mass size distribution. Samples collected with DLPI 

were further examined by scanning electron microscopy (SEM) in papers IV and 

V. The SEM technique permits observation of heterogeneous organic and 

inorganic materials on a nanometer (nm) to micrometer (µm) scale. It has the 
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possibility to generate high quality topographic images of the sample. In the 

SEM, a finely focused electron beam is swept in a raster across the surface of 

the sample to form the image of the specimen. The electron beam interacts with 

the sample surface and produce signals including backscattered electrons, 

secondary electrons and characteristic x-rays (see EDS, below). Most of the 

modern SEMs are equipped with an energy dispersive x-ray spectroscopy (EDS) 

detector. The working principle of the EDS detector is that it analyses the 

characteristic x-rays that are emitted from the sample as a result of the electron 

bombardment by the electron beam in the SEM. The analysis of the emitted x-

rays can yield both qualitative element identification and quantitative elemental 

information, i.e. sample composition down to µm scale. 

 

In paper V, the particles were further analyzed using high resolution 

transmission electron microscopy (HRTEM) in order to study the atomic 

structure of the sample and thereby increase the knowledge of how the particles 

are formed. The main difference between SEM and TEM is the position of the 

imaging detectors in the instruments. The SEM detectors are positioned to detect 

backscattered or secondary electrons from the sample surface, whereas the TEM 

detectors are positioned to detect electrons transmitted through the sample. This 

implies that TEM only can be used for thin samples. The image is formed from 

the interaction of the electron transmitted through the specimen. 

 

3.3.3 Quench water sampling system 

The water sprays in the quench tube and the quench pool water column in the 

bubbling quench were designed to separate particulates from the raw syngas. 

The captured solids settle either inside the quench pool or in the sedimentation 

vessel down-stream the quench water outlet, Figure 4. In order to extract 

representative samples for each operating condition and, thus, avoid any 

accumulation effects during an experimental campaign with multiple operating 

conditions, a water sampling probe was designed to sample water from the 

volume close to the water surface level in the quench tube [60]. A flow of clean 

water prevented particles from entering the sampling probe during periods when 

quench water was not sampled. 

The collected samples were filtered with a Whatman glass microfiber filter 

(GF/C with pore size approximately 1.2 μm) and dried at 105°C for >10 hrs. 

Quench water solids concentrations were calculated from the filter weights and 

the volume of filtered water. 

 



32 

 

3.4 Fuels and operating conditions 

In this work different woody biofuels were gasified. The fuel analyses 

(proximate and ultimate) are summarized in Table 2. Commercial stem wood 

pellet fuels were used in the majority of the characterization experiments (papers 

I-II, IV-V) due to its availability, its relatively uniform composition and its low 

ash content. The pellets were manufactured by two independent companies, 

Glommers MiljöEnergi AB (GME) and Stenvalls Trä AB (ST).  

 

Furthermore, two bark fuels, with different ash compositions, were gasified in 

this work. The fuels were: a spruce bark pellet fuel delivered from Södra Cell 

(pulp mill in Mönsterås, Sweden) and a bark mixture (spruce, pine and birch) 

separated from the pulp wood debarking drum at the Smurfit Kappa Kraftliner 

pulp and paper mill in Piteå, Sweden. 

 

The effect of fuel pretreatment, by torrefaction, on the gasification 

performance was investigated in paper III. Here, four different fuels were 

gasified; one raw wood residue (Raw WR); two torrefied wood residues (Torr-

300 and Torr-340) and one torrefied stem wood (Torr-demo). 

 

Generally, the gasifier was operated at a stoichiometric ratio, λ, within the 

range 0.25-0.50 depending on the needs of the actual investigation. As discussed 

earlier, the initial experiments were performed at a gasification pressure of 2 

barA for process safety reasons. Experiments performed after the end of 2013 

were generally performed at a pressure of 7 barA (paper II). 
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Table 2: Proximate and ultimate analysis of the fuels considered in this work. 

Fuel GME ST Spruce 

bark 

Bark mix Raw 

WR
*)

 

Torr-

300 

Torr-

340 

Torr-

demo 

Proximate analysis (wt% as received) 

Volatile 76.9 77.9 - - 82.5 78.3 56.8 76.7 

Fixed C 16.0 14.0 - - 16.6 21.0 42.0 22.8 

Moisture 6.7 7.7 7.1 4.5 3.0 2.4 3.1 2.2 

Ash 0.34 0.34 4.30.4 4.52.0 0.9 0.7 1.2 0.5 

Ultimate analysis (wt% dry) 

C 50.8 51.3 52.2 52.6 50.9 54.4 65.4 53.1 

H 6.2 6.4 5.6 6.4 6.2 6.0 5.3 5.9 

N <0.10 <0.10 0.41 0.38 0.2 0.2 0.3 0.1 

Cl <0.01 <0.02 0.02 - <0.01 <0.01 <0.01 <0.02 

S <0.01 0.02 0.037 0.026 0.02 <0.01 <0.01 <0.01 

O (by difference) 42.5 41.8 37.5 38.3 41.8 38.7 27.8 40.4 

Lower Heating 

Value (MJ/kg 

dry) 

19.6 19.5 19.6 20.8 19.2 20.6 25.1 20.1 

Major ash components (mg/kg) 

Si 158 28 4808803 70105285 - - - - 

Al 45 12 110630 17281287 - - - - 

Ca 585 979 8719303 6237389 - - - - 

Fe 23 8 71035 855579 - - - - 

K 305 389 203482 2169855 - - - - 

Mg 190 149 79043 69173 - - - - 

Mn 88 91 53824 41218 - - - - 

Na 25 40 4311 690457 - - - - 

P 33 34 46022 39636 - - - - 

Zn 11 7 976 1212 - - - - 

*)
 Wood Residues 
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3.5 Mass and energy balance 

Mass balances with respect to carbon (C), hydrogen (H) and oxygen (O) were 

calculated as well as the energy balance for the gasification process. Inputs to 

the process were the mass flow rates of C, H and O from the fuel, the flow rate 

of O2 as oxidant, the flow rates of N2 used for purging of the fuel feeding system 

and the reactor camera and finally the flow rates of H and O from the quench 

cooling water. Furthermore, a well-controlled trace amount of He was 

introduced to the gasifier using a mass flow controller. The flow rate of 

produced syngas was then calculated from the He concentration of the syngas, 

according to  

        
   

   
        (1) 

where n is the molar flow rates of syngas and He, respectively, and cHe is the 

syngas concentration of He in mol-%.  

The output flow rates of C, H and O were calculated from the syngas flow rate 

and the syngas composition. Only hydrocarbons detected by the micro-GC were 

considered and, thus, any larger hydrocarbons (larger than C2 compounds) were 

therefore neglected in the mass and energy balance of this work. This 

assumption was based on the knowledge that the yields of heavy hydrocarbons 

and tars are low from the PEBG gasifier. The syngas composition of C6H6 (the 

predominant heavy hydrocarbon molecule in the syngas) was always below 

1500 ppm. 

 

The level of H2O, as steam, in syngas was determined by measuring the 

syngas temperature and pressure in the syngas pipe and calculate the steam 

concentration from tabulated values of saturated steam [61]. In a number of 

experiments, an FTIR-instrument was used to measure the steam concentration 

in the raw syngas. Calculated values (saturated steam) agreed well with the 

measured concentrations by the FTIR-instrument. Therefore, the steam 

concentration was calculated based on the saturated steam assumption for the 

majority of the experiments. 

 

The conversion of fuel carbon (Cconv) was used as a measure for fuel 

conversion. The Cconv was calculated as the ratio of carbon molar flow rate in the 

syngas (mol/s) and the molar flow rate of carbon from the fuel feeding (mol/s).  
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The energy input to the process was calculated using the fuel HHV. The fuel 

sensible heat and the sensible heat of the ingoing gases (O2 and N2) were too 

small to be considered and therefore neglected in this work. In the energy 

balance the following energy outputs were considered; the sum of the syngas 

constituents HHV, the syngas sensible heat and the heat of vaporization of the 

syngas steam, the quench water sensible heat, the cooling water sensible heat 

(water cooled burner and camera probe) and finally the heat losses by radiation 

and convection to the surroundings.  
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4 Results and Discussion 

4.1 General observations 

A picture says more than a thousand words - The reactor camera has been an 

extremely valuable tool during all experiments in this work. It enabled visual 

access to the gasifier interior and gave immediate qualitative information of the 

gasification performance. Another lesson learned is that the gasifier operation 

became much more robust when the gasifier was operated at higher fuel loads 

and higher pressures, as it was originally designed for. In the beginning of the 

project, the gasifier was operated at low fuel loads and at low pressure under the 

precautionary principle. This resulted however to unstable operation, mostly due 

to pressure fluctuations, since the pressure control valve at the syngas outlet 

operated close to the lower end of its operational range. 

 

4.1.1 Ash related operational problems 

Ash slag removal is crucial for entrained flow gasifiers. Despite the low ash 

content of most fuels that were used in this work, slag blocked the reactor outlet 

at a few occasions. This occurred when the gasifier was operated at unfavorable 

conditions. Sampled slag pieces, from the quench pool and from the blocked 

reactor outlet, were characterized after gasification of stem wood feedstock (ash 

content 0.34 %). The results from that characterization work are published in 

reference [48] and briefly summarized below. Both slag samples exhibited flow 

temperature around 1335 °C. The compositions of the slags suggested that it had 

been some material transport from the mullite-based refractory material to the 

slag. A slag formation scheme was proposed to describe this phenomenon:  

 

As the fuel particles are heated to very high temperature upon entering the 

reactor, they simultaneously release gaseous K species. These gaseous K species 

can then react with silica originating from the fuel to form a K-Si-oxide melt. 

This melt can subsequently react and dissolve the mullite from the refractory 

when the melt adhere to the reactor wall. This results in the formation of a K-Al-

Si-oxide melt. Simultaneously, it is also possible that gaseous K can react 

directly with the mullite refractory wall to form a similar K-Al-Si-oxide melt. 

These melts upon the refractory wall can then facilitate the adhesion of CaO and 

MgO solids that are dispersed during fuel conversion. These adhered 

components may subsequently dissolve into the melt. At low reactor 

temperature (1250-1350 °C), the melt may be excessively viscous for observable 

flow. As the reactor temperature increases, the viscosity of the melt decreases 
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and slag starts to flow. If the temperature at the reactor outlet is too low, the slag 

may solidify to eventually cause blockage of the outlet. A couple of precautions 

can be considered in order to avoid ash related operational problems. First, a 

refractory lining that does not react with the fuel ash must be chosen for the 

reactor. Secondly, it is important to heat up the reactor fast enough after start-up 

to avoid too much accumulation of ash inside the gasifier before the reactor, and 

especially the reactor outlet is well above the ash melting point. 

 

4.2 Mass and energy balances 

Measurements aiming to close the mass balances with respect to C, H and O 

as well as the energy balance were performed for most of the gasification 

experiments in this work. Closing the mass and energy balances supports the 

experimental data and gives credibility to the results. Process data from the 

underlying experiments of paper II were used to generate the Sankey diagrams 

in Figure 8-Figure 11. They provide a general picture of the mass and energy 

flows. It also gives an estimate of the inherent process variance (standard 

deviation). The experimental condition with most replicates (4 repeated 

experiments at 400 kW fuel load, λ=0.425 and 2 barA) was chosen as the 

standard case. The width of each stream (i.e. mass or energy flow) is 

approximately scaled proportionally to the total flow. 

 

It was found that almost all of the fuel carbon ended up as gaseous species in 

the syngas, i.e. CO, CO2, CH4 and minor amounts of C2-components (Figure 8). 

The standard deviation of the carbon balance was calculated to 5.2 % for the 

standard case. This means that the fraction of carbon that was measured in the 

syngas was above 100 % for some of the experiments. The measurement error of 

the fuel feeding rate was assumed to be responsible for this deviation. The other 

fuel feeding calibration method (pressurized combustion) that was used at higher 

pressure (7 barA) resulted in better closure of the carbon mass balance because 

of the improved fuel feeding rate estimation. 

 

Assuming that the total mass of the quench water particles were carbon, the 

fraction of carbon in the filtered quench water samples was generally less than 1 

% of the total mass flow. The amount of solids in the quench water increased at 

lower λ. However, it was only at λ<0.3 the amount of solid carbon in the quench 

water became significantly higher than the values presented in Figure 8. The 

amount of carbon that leaves the system as soot or PAHs in the raw syngas was 

determined in paper IV and V. Using the same conservative assumption as for 
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the quench water solids, that the total mass of particles consist of solid carbon, 

the fraction of carbon that was bound as solids in the syngas was generally 

below 0.1 %.  

 

 

Figure 8 Carbon mass balance for the standard case (400 kW fuel load, 

λ=0.425 and 2 barA). 

 

Both the H and O mass balances were mainly influenced by the amount of 

quench water to the process, as indicated by Figure 9 and Figure 10. The 

fraction of H and O from the fuel corresponded to 3.2 % and 2.6 %, 

respectively. The syngas was saturated with steam after passing the quench. 

Even so, part of the generated steam from the gasification must have condensed 

in the quench to join the outgoing flow of quench water. The amounts of H and 

O in the outgoing quench water were slightly larger than the corresponding 

amounts from the incoming quench water, Figure 9 and Figure 10. 
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Figure 9 Hydrogen mass balance for the standard case. 

 

 

Figure 10 Oxygen mass balance for the standard case. 

 

In the standard case, approximately 70 % of the total energy input ended up as 

usable heating value in the cold syngas. This means that the CGEpower was 

approximately 70 %. The rest of the energy, i.e. the ~30 % that was not stored as 

chemical energy in the cold syngas, was attributed to different heat losses as 

indicated in Figure 11. Heat losses from the reactor to the surroundings 

represented about 5 % of the fuel HHV, including the heat losses to the water 
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cooled jackets of the burner and the camera probe. The energy lost as latent 

(chemical energy) in solid soot or char was less than 1 %. The syngas sensible 

heat and the heat of vaporization of the syngas steam corresponded to 

approximately 2 % of the ingoing energy. 

 

 

Figure 11 Energy balance for the standard case. 

 

The main energy loss was however attributed to the quenching, where the 

sensible heat of the quench water represented about 20 % of the total energy. 

The syngas was cooled from the gasification temperature (1100-1600 °C) to 

approximately 100 °C by the quench water. It is of major importance to recover 

this energy in any commercial plant. Preferably, the raw syngas could be cooled 

to approximately 600 °C by the use of a partial water quench as discussed in 

section 2.3. The excess heat can then be recovered as high pressure steam in a 

subsequent heat exchanger. 
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4.3 Process characterization 

The process characterization work was performed using the two stem wood 

pellet fuels (GME and ST) and is described in greater detail in paper II. 

4.3.1 Effect of operating conditions on process temperature and 
syngas yield 

The process temperature is strongly affected by the stoichiometry (i.e. λ) 

inside the gasifier as previously discussed in section 2. A high λ means more 

available O2 in the gasifier, which results in a high process temperature due to 

the heat release from the exothermic combustion reactions. This effect on the 

measured process temperature is shown in Figure 12 where it can be seen that an 

increase in λ of about 0.1 results in a temperature increase between 150 and 200 

°C. The heat losses from the PEBG gasifier to the surroundings can be regarded 

as relatively constant for all the experiments in this work since the gasifier shell 

temperature was rather constant and around 150 °C. In other words, the heat loss 

contribution to the total heat balance became smaller as the fuel load increased. 

At constant λ, the fuel load affected the process temperature inside the gasifier, 

such that a higher fuel load resulted in a higher process temperature (Figure 12). 

Another way to describe this is that increasing the fuel load could compensate 

for the temperature drop otherwise caused by a λ reduction. 
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Figure 12 The effect of λ on the process temperature at different operating 

conditions of the gasifier. 

 

The yield of the major syngas components (CO, H2 and CO2) and CH4 as a 

function of λ, fuel load and system pressure is shown in Figure 13. The 

theoretical curves for the two pressures, assuming adiabatic thermodynamic 

equilibrium and when 5 % heat losses are accounted for, are shown in the graphs 

for comparison. Experimentally, the yield of CO exhibited an optimum (31 

mol/kg fuel) at λ0.425, whereas the optimum for H2 (18 mol/kg fuel) was 

around λ=0.35. The CH4 yield became significant at low λ and reached 

approximately 3.6 mol/kg fuel at λ=0.25. The CH4 yield was strongly correlated 

to the gasification temperature as further discussed in section 4.3.3. CH4 is in 

most cases an unwanted compound when the syngas is intended for synthesis of 

chemicals and fuels. The combination of high fuel load and optimized λ, aiming 

for process temperatures around 1400 °C, would provide an improved syngas 

quality with CH4 below 1 mol-% (on a dry and N2 free basis). This can be 

compared to dry feed coal gasifiers that are generally operated at about 1500 °C 

with very low concentration of CH4 in the syngas [12].  
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Figure 13 Effect of λ, gasification pressure and fuel load on the yield (mol/kg 

fuel) of major syngas components; CO, CO2, H2 and CH4. 

 

Compared to the yields predicted by adiabatic thermodynamic equilibrium 

(Figure 13), the experimental yield of CO was lower, whereas the yields of CO2, 

CH4 were higher. Comparing against the adiabatic line for H2, the experimental 

yield was lower when the gasifier was operated at λ below 0.425 and slightly 

higher than the yield predicted by equilibrium when the gasifier was operated at 

λ above 0.45. Thus, the process cannot be described by adiabatic equilibrium, 

especially not since we know that the heat losses to the surroundings account for 

5-10 % of the fuel load. When accounting for 5 % heat loss in the 

thermodynamic equilibrium calculations, the predicted gasification temperature 

becomes lower than the adiabatic temperature. As a result, the syngas yields of 

CO2 and CH4 increases while the yield of CO decreases (see section 2.4). This 

means an improved conformity between predicted and experimental yields, even 

though it is far from a perfect match. The gas composition probably did not have 

time to reach equilibrium within the residence time of the reactor. However, by 

accounting for the heat loss, the chance to roughly predict the syngas yields by 

thermodynamic equilibrium seems to improve. 
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As discussed in section 2.2, the syngas composition of H2 and CO is important 

for further catalytic upgrading to synthetic motor fuels. The important H2/CO 

and (H2-CO2)/(CO+CO2) ratios were calculated from the experiments performed 

in the work of paper II. The influence of λ on the above mentioned ratios is 

shown in Figure 14 together with theoretical lines from thermodynamic 

equilibrium. The H2/CO ratio was determined to 0.5-0.6 depending on the 

operating condition. This is comparable to reported levels of H2 and CO from 

dry feed entrained flow gasification of coal [62], even though some steam was 

added to the process in that case. It can be concluded that a syngas with this 

composition will require further shifting in order to increase the H2/CO and (H2-

CO2)/(CO+CO2) ratios to the desired levels for catalytic fuel synthesis (c.f. 

H2/CO ~ 1.7-2.15 and (H2-CO2)/(CO+CO2) ~ 2). Additional water to the 

gasification process, either as steam or as fuel moisture, would shift the syngas 

composition towards higher H2/CO ratio. Gong et al. [62], reported syngas 

compositions from slurry feed coal gasification corresponding to a H2/CO ratio 

of approximately 0.8. The syngas composition from entrained flow gasification 

of black liquor (water content ~30 %) corresponds to a H2/CO ratio of about 1.2 

[63]. 

 

A) B) 

  
Figure 14 A) H2/CO ratio and B) (H2-CO2)/(CO+CO2) ratio for the 

experiments and from thermodynamic equilibrium with 5 % heat losses included 

in the calculations. 

 

4.3.2 Effect of operating conditions on the carbon conversion and 
the cold gas efficiency 

Theoretically, the Cconv is affected by the fuel particle size and the residence 

time inside the reactor. The largest fuel particle size distribution tested during 

the characterization work exhibited size distribution numbers d50 and d90 
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(correspond to the mass median particle size under which 50 % and 90 % of the 

distribution lies) of approximately 180 µm and 410 µm, respectively. A plug-

flow residence time above 3 sec and 8 sec were found sufficient at process 

temperatures of 1450 °C and 1100 °C, respectively, to fully convert that stem 

wood powder. During the process characterization work with stem wood fuel 

(paper II), the Cconv was determined to 1004 % (average  standard deviation) 

when the process was operated within the range 0.35<λ<0.50. It is a positive 

feature that the gasifier yields almost complete carbon conversion within a wide 

range of process parameters. On the other hand, it would be of interest to 

determine the upper limit of the fuel particle size that will still result in complete 

carbon conversion. With this knowledge the energy consumption from milling 

of the fuel can be minimized. The Cconv from the experiments was significantly 

reduced to approximately 0.95 and 0.80 when the gasifier was operated at 

λ=0.30 and λ=0.25, respectively. The equilibrium calculation suggests that solid 

carbon is thermodynamically stable at λ below 0.27 assuming adiabatic process 

condition and at λ below 0.31 if 5 % heat loss was accounted for in the 

calculation. It therefore seems unlikely that a longer residence time inside the 

gasifier at λ=0.30 or λ=0.25 would improve the Cconv significantly. 

 

Alkali compounds, present in the biomass, are known to increase the 

gasification reactivity of char (e.g. [64]) and reduce the soot formation (e.g. 

[65]). This is probably the reason for the good carbon conversion (close to 100 

%) during black liquor gasification, despite the relatively low gasification 

temperature (1050 °C) [66]. The black liquor contains dissolved lignin 

fragments and carbohydrates from breakdown of hemicellulose from the pulping 

process as well as the spent cooking chemicals, rich in NaOH, Na2CO3, Na2S 

and Na2SO4. It is believed that the alkali content of the black liquor promotes the 

gasification reactivity at a given temperature. Or alternatively, the same 

gasification reactivity can be obtained at a much lower temperature than in the 

absence of the catalyst. 

 

The CGEs (CGEpower and CGEfuel) were used as measures for the gasification 

process efficiency. The effect of process variations on the CGEs are shown in 

Figure 15. The predicted lines from the thermodynamic equilibrium calculations 

are also added to the graph. From the experimental data, the CGEpower maximum 

was determined to 0.76 (at λ=0.30). Combustion of the energetic gases reduced 

the CGEpower at λ above 0.30, whereas the poor Cconv was responsible for the 

CGEpower reduction at λ below 0.30. The CGEfuel exhibited an experimentally 

determined maximum of 0.71 when the process was operated at λ=0.35 (600 

kW, 7 barA). The CGEfuel curve proved to be rather flat around the maximum 
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value, meaning that a broad range of λ results in approximately constant CGEfuel. 

This result suggests that it is possible to operate the gasifier at an elevated λ 

without too much negative affect on the CGEfuel. The elevated λ will result in a 

higher temperature, which improves the syngas quality due to the conversion of 

CH4 and other unwanted species (e.g. larger hydrocarbons and soot). 

 

A) B) 

  
Figure 15 A) CGEpower and B) CGEfuel for different operation conditions of the 

gasifier. 

 

Compared to the other gasification technologies presented in Table 3 

(reproduced from paper I supplemented with new data for the PEBG pilot and 

results from the Chalmers dual fluidized bed gasifier [15]), the PEBG concept 

proved to be a competitive alternative in terms of high CGE. The maximum 

CGE (76 %) is close to the presented CGE (77.7 %) of the 12 MW dry feed coal 

gasifier described by Guo et al. [67]. PEBG has the potential to produce a 

syngas that is suitable for biofuel production after the raw syngas has been 

shifted to the desired level of H2 and CO suitable for catalytic conversion into 

biofuels.  
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Table 3 Typical gas compositions (mol%, dry basis) for different gasification 

techniques. 

 
PEBG Pilot BLG EF coal 

FB 

Värnamo 

FICFB 

Vienna 

Chalmers 

pilot 

Gasification concept 
Entrained 

flow 

Entrained 

flow 

Entrained 

flow 

Circul. 

fluidized 

bed 

Dual 

fluidized 

bed 

Dual 

fluidized 

bed 

Thermal power input (MW) <1 3 12
#
 18 0.1 <4 

Feedstock 
Wood 

powder 

Black 

liquor 

Dry coal 

powder 
Wood chips 

Wood 

pellets 

Wood 

pellets or 

chips 

Gasification agent O2 O2 O2, Steam Air Steam Steam 

Gasification temperature (°C) 1100-1600 ~1000 1300-1400 900-1000 800-900 800-850 

Gasification pressure (barA) <10 30 10-30 19 1 1 

Typical gas compositions (mol%, dry basis) 

H2 22-29 ~27 ~30 9.5-12 ~38 23-25 

N2 6-9 ~21 ~7 48-52 - 3-4 

CO 41-47 ~22 ~61 16-19 ~30 36-40 

CO2 14-26 ~28 ~3 14-18 ~20 ~15 

CH4 0-4 ~1 n.a. 5.8-7.5 ~10 ~14 

Other <1 ~1 n.a. n.a. ~3 ~4 

H2/CO ~0.6 ~1.2
#
 ~0.5

#
 ~0.6

#
 ~1.3

#
 ~0.6 

H2 CO2

CO+CO2

 0.05-0.25 ~0
#
 ~0.4

#
 ~-0.2

#
 ~0.4

#
 ~0.2 

LHV (MJ/kgdry) 6.6-10.5 5.7
#
 11.8

#
 4.4-5.2

#
 14.9

#
 ~15

#
 

CGE (%) 57-76 n.a. 77.7 n.a 65
#
 58-61 

n.a. = not available;  
#
Figures not presented in the referred articles, but calculated by Weiland. 

 

Andersson et al. [68] evaluated the PEBG concept techno-economically and 

found that the production cost for methanol probably would be approximately 

120-170 Euro/MWh depending on different market scenarios for a stand-alone 

plant. The overall plant efficiency would increase approximately 7 % and the 

production cost would decrease 11-18 Euro/MWh if the PEBG plant was 

integrated to a pulp and paper mill. All the cases showed lower production cost 

than today’s selling price for methanol and thereby indicate an opportunity for 

profitable production. Nevertheless, it was concluded that the production cost 

could not compete with the production cost for fossil gasoline, unless the bio-

methanol was tax exempted. 

 



49 

 

4.3.3 Correlation against process temperature and other parameters 

As discussed earlier (section 4.3.1) the process temperature inside the 

autothermal PEBG gasifier was affected by both the fuel load and the λ. During 

the characterization work (paper II), as well as during the gasification 

experiments with torrefied fuels (paper III), it was found that the syngas 

composition of CH4 was strongly correlated to the process temperature. 

According to thermodynamic equilibrium, the CH4 yield should be insignificant 

at temperatures above 1000 °C. However, in our experiments it was found that a 

process temperature of 1400 °C was required to achieve CH4 concentrations in 

the syngas below 1 mol-% (on a dry and N2 free basis). This supports the 

conclusions by other researchers (e.g. [52], [53], [54]) that the conversion of 

CH4 during gasification cannot be described by thermodynamic equilibrium, 

although a higher temperature accelerates the reaction kinetics and results in a 

syngas concentration closer to the one predicted by thermodynamic equilibrium. 

In Figure 16, the syngas concentration of CH4 is plotted against the process 

temperature for all the conducted experiments with stem wood in the work of 

paper II. A higher process temperature reduced the concentration of CH4 in the 

syngas. Notice that two adjacent data points (similar temperatures) can originate 

from different stoichiometry, as highlighted in the graph. The temperature, 

therefore, seemed to have a dominating influence on the CH4 concentration and 

stoichiometry (λ) being a control parameter for the temperature.  
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Figure 16 The syngas CH4 concentration as a function of process temperature. 

Note that the highlighted operational set-points apply to all experiments within 

the clusters of adjacent 3-5 data points (replicate experiments). 

 

According to thermodynamic equilibrium, the CH4 yield from gasification is 

affected by the process pressure. A higher pressure shifts the equilibrium 

reactions towards increased yield of CH4. In contrast to this theory, the 

experimental data from 2 barA and 7 barA in Figure 16 seem to collapse on the 

same imaginary curve, with no apparent difference between the two pressures. 

However, the CH4 yield from the experiments did not reach equilibrium (Figure 

13), not even after a plug flow residence time of 7-20 sec during the 7 barA 

experiments. At 2 barA, the calculated residence time was 3-10 sec. The fact 

that the CH4 yield from the experiments at 2 barA were even further from 

equilibrium may perhaps explain why the CH4 data points seem to follow the 

same trend line in Figure 16. 

The benzene (C6H6) concentrations plotted against the measured process 

temperature in Figure 17 show a similar trend as the CH4 concentrations above. 

Also here, the conversion of C6H6 was promoted at higher temperatures. This is 

likely an effect of accelerated reaction kinetics for the C6H6 conversion at higher 

temperatures. 
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Figure 17 The influence of process temperature and other operating conditions 

in the gasifier on the syngas C6H6 composition. 

 

4.4 Effect of torrefaction pretreatment on the gasification 

The energy consumption for milling is significantly affected by the 

torrefaction pretreatment (paper III, [69]). The Raw WR (dry untorrefied wood 

residue) required almost 36 kWhel/MWhth (based on LHV), whereas the 

torrefied fuels all required less than 10 kWhel/MWhth. This was consistent with 

the milling energy consumption reported by Phanphanich and Mani [69]. 

Additionally, the fuel particle morphology after milling was explicitly different. 

The Raw WR particles were relatively large and exhibited a clear fibrous 

structure. This fibrous structure could also be seen for the Torr-300 and the 

Torr-demo fuels, however it was less pronounced and the characteristic fuel 

particle sizes were much smaller compared to the Raw WR fuel. The most 

severely torrefied fuel powder, Torr-340, consisted of significantly smaller 

particles than any of the other fuels. The major difference was the absence of 

large fiber bundles. It was therefore concluded that the fuel particle size 

reduction efficiency increased with the degree of torrefaction. 
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Figure 18 Photos of the fuel powders after milling; A) Raw WR, B) Torr-300, 

C) Torr-340 and D) Torr-demo 

 

The reduction in energy consumption for milling had a great impact on the 

overall plant efficiency, ηplant. The ηplant can in this case be interpreted as the 

ratio between available (chemical) energy in the cooled syngas and the thermal 

energy in the corresponding fuel, after taking the power consumption for milling 

into account. This means that ηplant equals CGEpower if there was no power 

consumption for milling. The torrefied fuels resulted in ηplant approximately 0.01 

– 0.02 units below the corresponding CGEpower, whereas the ηplant for the Raw 

WR fuel was significantly lower (0.09 units) than the corresponding CGEpower. 

This was because of the higher power consumption for milling. However, the 

yield and efficiency of the torrefaction process itself was not considered in the 

reasoning and the cost of torrefied fuels may potentially be higher than dried 

fuels for large scale applications. Thus, the benefit of low power consumption 

for milling may be cancelled by a higher price of the torrefied fuels. 

 

The syngas compositions from gasification of the Raw WR and the three 

torrefied fuels were different, especially in the yields of CO, CO2 and CH4. This 
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difference may be an effect of the totally lower amount of available oxygen in 

the gasification process for the torrefied fuels as an artefact of the definition of 

the O2 stoichiometric ratio (λ) used. From above, λ was defined as the ratio 

between the supplied mass flow of O2 and the mass flow of O2 required at 

stoichiometric combustion. All experiments were run at the same λ (0.44). 

However, the oxygen content in the fuel influences the total amount of oxygen 

that is available for reaction. Thus, this variable will surely influence the 

gasification process chemistry if not compensated for. 

 

By defining another variable, the Relative Oxygen Content (ROC), taking into 

account the whole oxygen content inside the gasifier, it is possible to create a 

fuel independent variable. The ROC was previously defined by Stemmler et al. 

[70] as: 

    
  
    

         
    

  
     , (2) 

where the superscripts are gasification (supplied O2), feedstock and 

stoichiometric, respectively. Here the stoichiometric O2 is defined as the total 

amount of O2 available at stoichiometric combustion, i.e. both from the oxidant 

supply and from the feedstock. 

 

As seen in Table 2, the oxygen content of the torrefied feedstock decreases 

with the degree of torrefaction. This implies that gasification experiments of the 

torrefied fuels in this work were performed at different ROC, and thus different 

stoichiometry, in the gasifier. Therefore, in order to better compare the results of 

gasification experiments with fuels having different compositions of C, H and O 

in the future, it would be beneficial to operate the gasification process at 

constant ROC instead of at constant λ. 

 

Gasification of the Torr-340 fuel resulted in significantly lower CH4 

concentration, at any specific process temperature, compared to the other fuels 

in this work. Figure 19, in which the CH4 concentrations are plotted against a 

common temperature axis illustrates this phenomenon. One possible explanation 

can be due to the fact that the torrefaction process removes a large fraction of 

the volatile components of the biomass. The relationship between CH4 release 

from pyrolysis and the biomass composition is however unclear in the existing 

literature. E.g. Couhert et al. [71] found that the pyrolysis yield of CH4 showed 

no correlation to the volatiles content of the tested biomasses. Neither did the 

studies by Couhert et al. [72], Chen et al. [73] or Qin et al. [16], [17] show any 
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relationship between the biomass volatile content and the CH4 yield from 

gasification. This was regardless whether the volatile content was reduced by 

torrefaction or by comparing biomasses with different initial volatile contents.  

 

 

Figure 19 The influence of process temperature on the syngas concentration of 

CH4 (mol-%, dry N2 free) for the three torrefied fuels and the reference wood 

residue (Raw WR). 

 

Higher flame temperature, in which CH4 decomposes thermally, or longer 

residence time in the gasifier are other possible explanations to the reduced CH4 

yield for the Torr-340 fuel. The cause of this behavior is still unclear and needs 

to be investigated further. The carbon conversion is dependent on several 

different factors such as: the fuel particle size distribution, the stoichiometry 

(ROC), the process temperature and the char reactivity. Despite the smallest fuel 

particle size distribution, the Torr-340 fuel resulted in the lowest carbon 

conversion (84 %) among the tested fuels of paper III. It was not possible to 

state whether it was because of a changed reactivity of the severely torrefied fuel 

or if it was an effect of reduced ROC in the gasifier compared to the other 

experiments. 
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4.5 Syngas particulates 

In paper IV and V, the particulate matter in the syngas from gasification of 

stem wood and two different bark fuels were characterized. The temperature of 

the raw syngas at the sampling point, that was located downstream of the 

quench, was approximately 40 °C. Therefore, most of the aerosol forming 

process that could affect the composition of the syngas particles had already 

happened upstream the sampling position. Additionally, part of the particulate 

matter, in particular larger particles, generated in the reactor was undoubtedly 

captured in the quench or on surfaces before the sampling point. However, sub-

micron particles are difficult to separate from a suspending gas and it was 

therefore assumed that the sub-micron range of the particle size distribution was 

only slightly modified by the quench section for all the studied cases so that the 

relative changes between cases were representative for the syngas immediately 

before quenching.  

 

4.5.1 Stem wood 

Figure 20 shows an example of the reactor temperature profile measured by 

the thermocouples in the top, the middle and in the bottom part of the gasifier 

together with reactor camera images from the three different operational set-

points operated at λ=0.50, 0.45 and 0.40, respectively. The visibility through the 

reactor (as viewed by the reactor camera in Figure 20) was low when gasifying 

low ash containing stem wood at a low λ (0.40), whereas the visibility was 

improved at higher λ (0.50). This was attributed to the generated amount of 

particulate matter (soot) inside the gasifier.  
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Figure 20 Example of temperature profiles (thermocouple readings in the top, 

middle and bottom of the gasifier) and pictures taken from the reactor camera at 

different operating conditions of the gasifier, i.e. 200 kWth and λ operated within 

the range 0.40-0.50 as indicated in the figure. 

 

The particle number concentration in the raw syngas (measured by SMPS) 

was relatively constant within the tested λ-range (approximately 110
6
 cm

-3
), but 

the particle geometric mobility diameter (GMD) was 100 nm and 250 nm for 

λ=0.50 and λ=0.40, respectively. This implies that the total mass of particles in 

the syngas was increased at lower λ. The particle concentration in the syngas on 

mass basis was approximately 80-290 mg/Nm
3
 (measured with DLPI). It can 

therefore be concluded that the syngas require cleaning before it can be used in 

any advanced technical applications such as gas turbines and synthesis 

processes, where the particulate matter otherwise would cause erosion on 

turbine blades and fouling of catalytic beds [74], [75]. The particulate matter in 

the syngas was dominated by soot in the submicron range. SEM-EDS analysis 

showed that the particles mainly contained carbon (>95 %). The content of PAH 

in the particulates was at least an order of magnitude lower and the inorganic 

content of the particles was even lower than the PAH content. It was found that 

the smaller particles in the distribution contained higher amounts of ash forming 

elements, such as K, compared to larger particles (paper IV and V). 
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Photo examples (taken with SEM) of syngas particles captured with DLPI at 

λ=0.45 and λ=0.40 is shown in Figure 21. The soot primary particles are smooth 

surface spheres with a heterogeneous particle size distribution ranging from fine 

(particle diameters 10 nm) to larger particles (100-300 nm in diameter).  

 

  
Figure 21 SEM photos of particle samples at λ=0.45 (a) and λ=0.40 (b) (paper 

IV). 

 

  
Figure 22 HRTEM images of fine (left) and large (right) soot particles from 

gasification of stem wood (paper V). 

 

  

a) b) 
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Both fine and large soot particles consisted of monolayers of carbon that grow 

perpendicular to the center of the particle forming a particle with concentrically 

stacked graphitic layers according to particle analysis with HRTEM in Figure 

22. The surface growth from fine primary soot particles to large primary soot 

particles may be caused by the recirculation flow inside the gasifier. In the 

recirculation flow, fine particles are entrained by the gas and lifted back up to 

the flame by the upward flow outside of the center-line jet flow. Further growth 

may be explained by additional deposition of gas phase PAH species on the 

primary soot particle followed by internal rearrangement of the solid phase 

carbon [44]. The SP-AMS analysis demonstrated a clear correlation between the 

contents of PAH and soot in the syngas. A higher concentration of PAH 

corresponded to a higher amount of soot. This agrees well with the widely 

accepted soot formation mechanism where small radical molecules grow to 

larger aromatic hydrocarbons (PAH) that polymerize and eventually end up as 

soot through a number of addition reactions [44], [76]. 

 

The results from the particle measurements indicate that the gasifier should 

preferably be operated at high temperatures in order to minimize the soot and 

PAH yields from the gasification of stem wood. This comes generally with the 

disadvantage of high O2 consumption.  

 

4.5.2 Spruce bark and bark mixture 

The particles from gasification of spruce bark were in general irregular 

compared to the spherical particles of stem wood. However, the syngas particles 

from gasification of the bark mixture were more similar (round) to the particles 

from gasification of stem wood. Gasification of the two bark based fuels 

resulted in a particle concentration in the raw syngas within the range 46-130 

mg/Nm
3
, i.e. lower than the corresponding concentration generated from 

gasification of stem wood. This may be attributed to the inorganic elements of 

the fuels. The bark fuels contained much more ash forming elements than the 

stem wood feedstock. Particularly alkaline species have been shown to be 

effective in reducing soot particle size and to inhibit coagulation (e.g. [65]). This 

may have influenced the particle formation processes during gasification of the 

bark based fuels. 

 

The bulk elemental compositions of the particulates from the two bark based 

fuels were significantly different from the stem wood particulates. The syngas 

particles from the bark fuels contained significant amounts of O, easily volatile 

inorganic elements (K, Zn, S and Cl) and traces of refractory elements (Si, Ca, 
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Mn and Fe). As for the stem wood particulates, the inorganic content in the 

particles was higher for the smallest particles in the size distribution. When the 

carbon content in the particles was above 90 %, the particles were spherically 

shaped and generally had a microstructure similar to the soot particles from stem 

wood gasification, i.e. staged graphitic layers. A difference with the soot 

particles from the bark fuels were that they seemed to be more mature due to a 

higher structural order and longer fringe length compared to the particles 

generated from gasification of stem wood. It is known that the oxidation (O2) 

reactivity for graphitic (ordered) soot particles is lower compared to soot with a 

less ordered microstructure [46]. However, the gasification reactivity towards 

H2O (steam) was surprisingly not reduced by a more ordered soot structure 

according to Septien et al. [45]. As described earlier, the added amount of O2 is 

rapidly consumed in the upper part of the gasifier and should therefore not have 

any significant influence on the soot conversion. Instead, the generated soot is 

gasified by steam further down in the reactor. Since the gasification reactivity 

towards steam is unaffected by the structural ordering, the mature soot particles 

from the bark fuels may not be less reactive to gasification than the soot 

particles generated from stem wood feedstock.  

 

For particles with a carbon content below 90 % the shape of the particles was 

more irregular and it was not possible to identify any staged graphitic layers. 

Apart from carbon, the particles contained significant amounts of Zn, K, S and 

O, and trace amounts of Mg, Si, P, Cl and Ca. A consequence of having particles 

composed of a matrix of carbon and inorganic elements is connected to the 

particle separation by the water scrubbing in the quench. The separation of 

carbon rich particles (insoluble in water) from the gas is most likely ineffective 

compared to the separation of fly ash particles composed of easily volatile ash 

forming elements which are water soluble and therefore are easier to separate 

from the gas in the quench. Practically, this means that the ash forming elements 

embedded in the carbon rich matrix can penetrate the quench to a larger extent 

compared to fly ash particles. This is disadvantageous for downstream catalysts 

that can be sensitive to poisoning from ash forming elements [74]. 

 

When the particle composition was dominated by the ash forming elements, 

the microstructure exhibited a polycrystalline structure. From the HRTEM 

images it was possible to identify small crystal regions (grains) as well as a large 

number of particles totally dominated by Zn (about 80%). The results indicate 

that some ash forming elements and especially Zn affects the formation of the 

nanocarbon particles on a molecular level. Alkali is known to affect the soot 

formation. Bonczyk [77] and Tappe et al. [78] found that especially K decreased 

the soot particle size and the soot volume fraction in ethylene flames while the 



60 

 

number concentration was found relatively constant [78] or even increasing 

[77]. The result of paper V indicates that also Zn interacts with the carbon 

matrix in the formation of soot by creating particles with form and 

microstructure significantly different from classic soot particles. 
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5 Conclusions 

 This work shows that pressurized entrained flow gasification of solid 

biomass, with drying and milling as the only pretreatment of the 

feedstock, is a competitive gasification process for biorefinery 

applications. Furthermore, the efficiency of the PEBG-technology is 

high and the syngas quality is suitable for biofuel synthesis. Applying 

the PEBG-technology for woody biomass has theoretical maximum 

cold gas efficiency CGEpower of 89 % and CGEfuel of 86 %, assuming 

adiabatic conditions. The measured maximum cold gas efficiencies 

CGEpower and CGEfuel from the pilot experiments were 76 % (at λ=0.30) 

and 71 % (at λ=0.35). The differences against the theoretical maxima 

are mostly due to thermal losses from the pilot gasifier. Nevertheless, 

these experimental efficiencies are similar to the reported CGEs for 

entrained flow gasification of coal and competitive compared to the 

efficiencies reported from other biomass gasification technologies. 

 This work showed how different process parameters affect the 

gasification performance. The resulting process temperature, the syngas 

yield, the fuel conversion and the process efficiency were studied when 

systematically varying four different process parameters. It was found 

that the process parameters relative order of importance was: λ > fuel 

load > system pressure > fuel particle size distribution. Moreover, the 

fuel composition of C, H, O and ash were found to influence the 

behaviour of the gasification process. The CH4 yield was significantly 

lower for the most severely torrefied fuel (lowest O/C and H/C ratios) 

compared to the other tested fuels at any specific process temperature in 

the gasifier. The exact reason behind this remains unclear, but it may be 

speculated whether it was due to a higher flame temperature during 

gasification of the highly torrefied fuel. 

 The PEBG gasifier had to be operated with a λ of at least 0.35 to 

achieve almost complete carbon conversion for stem wood fuel. 

Increased amounts of unconverted char and soot resulted in a significant 

reduction in the carbon conversion efficiency when the gasifier was 

operated at λ below 0.30, although the plug flow residence time was as 

high as 10-18 sec (600-400 kW).  

 CH4 and C6H6 are together with PAH and soot regarded as unwanted 

species when the syngas is intended for synthesis of chemicals and 

fuels. The syngas composition of unwanted components was strongly 

related to the process temperature. For dry wood powder, a process 

temperature above 1400 °C was required to reach CH4 and C6H6 
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concentrations in the raw syngas below 1 mol-% and 100 ppm (on a dry 

and N2 free basis), respectively. Similarly, the amounts of soot and PAH 

in the syngas were reduced by an increased gasification temperature. In 

order to minimize the production of unwanted species, the gasifier 

needs to be operated at an elevated λ compared to where the process 

reached its CGE-optimum. A positive feature is however that the 

CGEfuel curve proved to be rather flat around the maximum value, 

meaning that a broad range of λ results in approximately similar values 

of the CGEfuel. This result suggests that it is possible to operate the 

gasifier at an elevated λ to obtain a gasification temperature above 1400 

°C without too much negative effect on the CGEfuel. At this temperature, 

the experimental results suggest that a plug-flow residence time of 3 sec 

was sufficient to reduce the syngas concentrations of CH4 and C6H6 

below the aforementioned concentrations 1 mol-% and 100 ppm, 

respectively. 

 The gasifier, and especially the reactor outlet, must have a temperature 

above the ash melting temperature to ensure that the ash has a fully 

liquid behavior. This means in most cases that the gasifier has to be 

operated at an elevated λ, compared to where the CGE reaches its 

maximum, to ensure effective removal of the slag. Furthermore, the 

alkali (and sometimes also Si) content of the fuel ash must be 

considered in the choice of refractory lining. The experimental results 

from this work showed that the fuel ash interacted with the mullite-

based refractory and resulted in material loss from the refractory to the 

slag. This can reduce the refractory life-time significantly.  

 The syngas particulates from gasification of biomass are the result of 

unconverted char, tars and soot. The amounts of tars and residual char 

from entrained flow gasification can be very low if the residence time 

and the process temperature are sufficiently high. Soot is however 

difficult to avoid completely. The sampled particles from gasification of 

stem wood were composed mainly of soot with concentrically stacked 

graphitic layers. Two different types of spherical primary soot particles 

were detected; small particles with a diameter of 30-50 nm and large 

particles with a significantly larger diameter, 100-300 nm. The growth 

from fine soot particles to large soot particles may be caused by the 

recirculation flow inside the gasifier. The measured particle 

concentration in the syngas varied from approximately 100-600 

mg/Nm
3
 and was influenced by the operating conditions of the gasifier. 

Generally a higher fuel load and/or lower λ resulted in increased amount 

of syngas particles. The content of PAH in the particulate matter was at 

least an order of magnitude lower than the amount of soot. Furthermore, 

the inorganic content of the particles was even lower than the PAH 
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content. It was found that the smaller particles in the distribution 

contained higher amounts of ash forming elements, such as K, 

compared to larger particles. It was concluded that the soot yield and the 

soot particle size could be reduced if the gasifier was operated at high λ. 

The syngas particles from gasification of the two bark fuels were 

significantly different from the particles generated during stem wood 

gasification. This may be attributed to the larger amounts of inorganic 

elements in the bark fuels. Apart from soot, the particles contained 

significant amounts of Zn, K, S and O, which affected the particle 

morphology. It was found that the oxygen content in the particulate 

matter was much lower during gasification compared to combustion. 

  



64 

 

 

  



65 

 

6 Recommendations for future work 

There are several topics that require further consideration, among them are: 

 From plant energy efficiency perspective it is important to find the 

largest particle size that still reaches full carbon conversion during the 

residence time in the gasifier. Further investigations around this topic 

are of interest. It can preferably be implemented for different fuel sizes 

by increasing the fuel load (decreasing the residence time in the 

gasifier) until breakthrough of unconverted products are observed 

downstream the gasifier. This will provide information about the 

minimum required residence time for each fuel size distribution. 

 Related to the carbon conversion efficiency, it is of interest to 

understand the effect of ash constituents on the char and soot 

conversion. Alkali species are known to enhance the conversion of solid 

carbon (i.e. char and soot) and thereby enabling gasification at lower 

temperature than what is possible without catalytic reactivity. Catalytic 

reactivity may therefore serve to increase the gasification efficiency and 

reduce oxygen consumption. A thorough investigation with different 

fuel compositions, either enriched of depleted in mineral constituents 

(e.g. alkali), is suggested. 

 Adding different inorganic species (e.g. kaolinite) to the fuel may serve 

to bind alkali to the slag and thereby have a positive effect on the ash 

melting temperature. This opens the opportunity for improved slag 

removal from the gasifier at a much lower temperature than without 

additives. 

 The measured process temperature is affected by several heat transfer 

mechanisms to and from the thermocouple inside the gasifier, e.g. the 

convective heat transfer from the gas flow inside the reactor, the 

radiative heat transfer from the gasification flame and the thermocouple 

surroundings. Therefore, the measured process temperature cannot be 

regarded as the true gas temperature. It would be desirable to have 

better temperature measurements in order to facilitate the understanding 

of e.g. ash/slag formation processes that takes place inside the gasifier, 

especially to understand which elements that may be present as vapors. 

One way to obtain this would be to use a suction pyrometer integrated 

with a cooled gas sampling probe that could be inserted in various 

positions inside the gasification reactor. 

 The true gas composition inside the gasifier as well as the amount and 

composition of the particulate matter before the quench are other 
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interesting topics. Sampling of both gas and particulates, with a cooled 

gas sampling probe, from the bottom part of the reactor is suggested. 

 Qin et al. [16] showed that steam addition reduced the amount of soot 

from gasification of biomass in an allothermal drop-tube furnace at 

1350 °C. This is an interesting topic to investigate further and especially 

in the autothermal PEBG gasifier. However, adding steam to the PEBG 

gasifier will reduce the gasification temperature and will probably shift 

the syngas composition since both the steam-methane reforming 

reaction and the water-gas shift reaction will be affected by the steam 

addition. This suggestion for future work can preferably be performed 

in two steps; first an initial theoretical evaluation based on 

thermodynamic equilibrium together with a system level analysis 

including a downstream shift reactor, and secondly an experimental 

investigation of gasification performance in PEBG where the syngas 

composition and the amount of soot are especially studied. 

 Designing the quench and the subsequent syngas cooling system 

optimally to recover more of the heat as high pressure steam is 

important from a plant efficiency perspective. The total quench that is 

currently used in PEBG is not a very elegant solution for a full scale 

commercial plant since a large proportion of the total energy ends up as 

sensible heat at low temperature in the quench water, see the Sankey 

diagram in Figure 11. Higman and van der Burgt [12] stated that 

biomass ashes (rich in alkali) can cause fouling down to 600 °C. It may 

therefore be advantageous to partially quench the raw syngas with water 

down to 600 °C to make sure that the ash becomes dry before the excess 

heat can be recovered as high pressure steam in a subsequent heat 

exchanger. This practical engineering design task should be performed 

prior to designing any future demonstration plant. 
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7 Nomenclature 

Abbreviations 

Al  Aluminum 

barA  Absolute pressure in bar 

C  Carbon 

CH4  Methane 

CO  Carbon monoxide 

CO2  Carbon dioxide 

C6H6  Benzene 

Cconv  Carbon conversion 

CGE  Cold gas efficiency 

CGEfuel  CGE based only on CO and H2 

CGEpower  CGE based on all combustible species in the syngas 

DLPI  Dekati low pressure impactor 

DME  Dimethyl ether 

EDS  Energy dispersive x-ray spectroscopy 

Fe  Iron 

H  Hydrogen atom 

H2  Hydrogen molecule 

He  Helium 

H2O  Water molecule 

HHV  Higher heating value (MJ/kg) 

HRTEM  High resolution TEM (see TEM below) 

K  Potassium 

LHV  Lower heating value (MJ/kg) 

LPG  Liquified petroleum gas 

N  Nitrogen atom 

N2  Nitrogen molecule 

O  Oxygen atom 

O2  Oxygen molecule 

OH  OH-radical 

Raw WR  Raw wood residue 

ROC  Relative oxygen content 

S  Sulfur 

SEM  Scanning electron microscopy 

Si  Silicon 

SMPS  Scanning mobility particle sizer 

SP-AMS  Soot particle aerosol mass spectrometer 

TEM  Transmission electron microscopy 

ToF-MS  Time of flight mass spectrometer 

Torr-300  Torrefied wood residue (torrefied at 300 °C) 

Torr-340  Torrefied wood residue (torrefied at 340 °C) 
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Torr-demo Torrefied stem wood (from torrefaction demo plant) 

Zn  Zink 

 

Greek letters 

λ  O2 stoichiometric ratio 

plant  Plant efficiency 

 

Subscripts 

el  Electric power 

th  Thermal (power) 
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Pressurized Oxygen Blown Entrained-Flow Gasification of Wood
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ABSTRACT: In the present study, an oxygen blown pilot scale pressurized entrained-flow biomass gasification plant (PEBG, 1
MWth) was designed, constructed, and operated. This Article provides a detailed description of the pilot plant and results from
gasification experiments with stem wood biomass made from pine and spruce. The focus was to evaluate the performance of the
gasifier with respect to syngas quality and mass and energy balance. The gasifier was operated at an elevated pressure of 2 bar(a)
and at an oxygen equivalence ratio (λ) between 0.43 and 0.50. The resulting process temperatures in the hot part of the gasifier
were in the range of 1100−1300 °C during the experiments. As expected, a higher λ results in a higher process temperature. The
syngas concentrations (dry and N2 free) during the experiments were 25−28 mol % for H2, 47−49 mol % for CO, 20−24 mol %
for CO2, and 1−2 mol % for CH4. The dry syngas N2 content was varied between 18 and 25 mol % depending on the operating
conditions of the gasifier. The syngas H2/CO ratio was 0.54−0.57. The gasifier cold gas efficiency (CGE) was approximately 70%
for the experimental campaigns performed in this study. The synthesis gas produced by the PEBG has potential for further
upgrading to renewable products, for example, chemicals or biofuels, because the performance of the gasifier is close to that of
other relevant gasifiers.

■ INTRODUCTION

It is estimated that the total world energy demand will increase
by 40% over the next 20 years, and one of the fastest growing
sectors is the transportation sector.1 Second generation biofuels
based on nonfood biomass is a priority in Europe due to high
level political decisions on the European level2 aimed at
reducing the emission of greenhouse gases and increased
security of supply without negatively impacting the food supply.
One of the goals in the national energy strategy of Sweden is to
make the vehicle fleet independent of fossil fuels by 2030.3

Nonfood biomass can come from either agricultural residues or
forest biomass. The main natural resource available for this in
Sweden is forest residues that cannot easily be used by the
forest products industry. In a comparison of potential processes
for conversion of biomass into biofuels, it was found that
thermal gasification of wood and black liquor followed by
conversion of the resulting syngas into dimethylether (DME)
had a competitive well-to-wheel efficiency.4 Hence, this has
become one of the main routes being considered in Sweden
and demonstrated in a European project where BioDME
(DME from biomass) was produced, distributed, and tested in
a vehicle field test.5

Techniques for syngas generation from biomass can crudely
be divided in low-temperature (fluidized bed and fixed bed)
and high-temperature (oxygen blown entrained flow) pro-
cesses.
Oxygen blown high-temperature entrained-flow gasifiers are

designed to work in the slagging mode, which means that, as
long as the gasifier temperature exceeds the ash slag fluid point,
variations in the ash melting point are less problematic than in
fluidized bed gasifiers.6 Entrained-flow gasifiers can potentially
be used for biomass gasification with a feed of small particles or

bio-oil at large capacity, at high pressures, high temperatures,
and with a short residence time resulting in a clean syngas with
a very low tar content. The drawback with operating in the
slagging mode is that the temperature is so high that the
durability of the containment materials becomes a concern and
that the recovery of heat in the hot syngas becomes more
important for the overall efficiency of the process than with
low-temperature gasifiers. The fluidized bed gasification
technology is limited by the fact that the bed temperature
must be safely below the ash melting point. This results in a tar-
rich syngas that must be further upgraded and cleaned6 before
conversion to chemicals or biofuels. This adds complexity as
compared to the entrained-flow process.
Swanson et al.7 assessed biofuel production based on

gasification with a fluidized bed and an entrained-flow concept.
They concluded that the entrained-flow concept, due to its
higher carbon conversion, resulted in lower fuel production
cost, although the capital cost for the entrained-flow technology
was about 20% higher than the fluidized-bed scenario. Further
research and development of high-temperature entrained-flow
biomass gasification, especially large-scale applications, is
therefore of interest.7,8

Several gasification related parameters have to be investigated
before conversion of biomass into biofuels can be commercial-
ized. The syngas quality is of great importance for the design of
downstream syngas cleaning and conditioning equipment.
Quench water or condensate contaminants must be inves-
tigated to address proper quench water handling to avoid
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accumulation within the system. Furthermore, if lower quality
wood residues are to be used in the gasifier, the influence of fuel
type should preferably be investigated, and ash slag behavior for
the wood residues must be determined. Other engineering
properties such as gasification process temperatures are also of
great importance. The influence of fuel particle size on the
process performance is also of interest because size reduction
(e.g., milling) of woody biomass is costly and energy
demanding. The total process efficiency can be increased by
reducing the energy consumption for milling either by finding
more efficient milling techniques or by using some kind of fuel
pretreatment (e.g., torrefaction or pyrolysis). However, this has
to be techno-economically evaluated to find the most efficient
plant setup. The techno-economical analysis is also dependent
on the process mass and energy balances to predict commercial
scale production cost of synthetic fuel produced from
entrained-flow gasification of woody biomass.
In the present study, an oxygen blown pressurized entrained-

flow biomass gasification (PEBG) pilot plant was designed,
constructed, and operated. The PEBG plant was commissioned
in 2011, and the results presented in this Article come from the
initial 100 h of plant operation. The objective was to provide
valuable information to the understanding of autothermal
entrained-flow biomass gasification. It will also give valuable
insights into process optimization to enhance future process
scale-up. The general aim of this work was to characterize the
process with respect to the syngas composition and from that
discuss the syngas utilization from this type of gasifier.
Furthermore, first estimates of the energy and carbon mass
balances are presented. This Article provides a detailed
description of the pilot plant and results from gasification
experiments with stem wood-based biomass.

■ METHOD
General Description of the PEBG Pilot Plant. The PEBG pilot

plant, situated at the Energy Technology Centre (ETC) in Pitea,̊
Sweden, was mainly designed, constructed, and assembled between
2009 and 2011 by ETC and Infjar̈dens Var̈me AB (IVAB), Sweden.
The plant was designed to operate in slagging mode with process
temperatures ranging between 1200 and 1500 °C for maximum 1
MWth thermal throughput at pressures up to 10 bar(a) (absolute
pressure). A picture of the plant and a schematic process flow diagram
are shown in Figures 1 and 2, respectively. For secure process control
and automation, a PLC (programmable logic controller)-based control

system was used, and relevant process values were stored in a database
for post processing of the results from the experiments.

The PEBG gasifier consisted of a ceramic lined reactor (0.52 m in
inner diameter and 1.67 m in vertical reactor wall length) with a
conical shaped outlet followed by a bubbling two-level water sprayed
quench for syngas cooling and smelt/particle separation. The hot face
ceramic material in the reactor consisted mainly of Al2O3 (63 wt %)
and SiO2 (31 wt %). In total, five thermocouples (Type S, shielded
with protective ceramic encapsulation) measured the process temper-
atures at different locations inside the reactor, placed with the tip
coincident with the inner reactor wall. One thermocouple was
mounted in the upper part of the reactor, three thermocouples were
mounted at the reactor middle circumference (equally separated by
120°), and one thermocouple was mounted at the lower part of the
reactor (just above the conical section). Unless specified otherwise,
when referring to the process temperature in the text, it refers to the
average temperature obtained from the three thermocouples mounted
in the middle part of the reactor. To visualize the flame and the
interior of the reactor, a water cooled N2 purged camera probe (see
Figure 3) was installed in the top end of the reactor, slightly tilted
toward the center axis of the reactor. The N2 purging flow through the
camera was restricted by an orifice plate at the back end of the probe
to determine the mass flow of N2 from the pressure difference over the
orifice.

The fuel powder was prepared by milling the considered fuel
material in a hammer mill (MAFA EU-4B, not presented in Figure 2)
where the sieve size in the mill was used to affect the resulting particle
size distribution of the fuel powder. After milling, the fuel powder was
pneumatically transported to two hopper storage tanks in the feeding
system located above the reactor in the PEBG plant. The two hopper
tanks (approximately 1 m3 each) were sequentially filled and
alternately operated to keep the pressurized process in continuous
operation. The accuracy of the fuel feeding rate in the mechanically
based feeding system was found to be within ±3% (95% confidence
interval). The accuracy was determined by repeatedly logging (at 1
Hz) the discharged weight of fuel from the fuel feeding system. This
calibration check was performed for every new fuel type or fuel size
distribution prior to the gasification experiment. For safety reasons, a
(small) mass flow controlled (MFC) stream of N2 (via a Bronkhorst F-
203AI) was also transported with the fuel powder to keep an inert
atmosphere within the fuel feeding system down to the burner. This
flow mix of fuel powder and transport N2 was then centrally
introduced in the top of the reactor. N2 could also be added as a
distributed series of “shock puffs” into the lock hoppers to break
potential powder bridges that could cause interruptions in the fuel
feeding. The supplied amount of O2 used in the gasification process
was controlled by a MFC (Bronkhorst F-203AI) and introduced in the
top of the reactor via an O2 register located concentrically outside the
fuel entrance of the burner. For process safety reasons, the flow rate of
O2 was also measured with a secondary mass flow meter (Yokogawa
Coriolis Rotamass RCCS31). Furthermore, it was also possible to
introduce and mix N2 (via another N2 MFC, Bronkhorst F-203AI)
with the O2 stream to simulate different O2 concentrations (from 21 to
100 mol %) in the O2 register.

Prior to process start-up, the reactor ceramics was slowly heated
(<100 °C/h) by a vertically installed electrical heater (Kanthal
Tubothal 27 kW) in the center of the reactor to avoid thermal stresses
in the ceramics. When the reactor temperature reached approximately
1000 °C, the heater was removed, the powder burner was installed,
and the gasification process was started by feeding of the fuel powder
and O2 to the reactor. The raw syngas and other products from the
reactor (i.e., gases, particulates, and ash/char) were cooled by water
sprays at two different levels resulting in gas temperatures generally
below 100 °C. Thereafter, the gas was bubbled through a specified
level of water column in the quench tube to remove some of the solids
and condensables. The water column level was measured with a level
indicator and kept at a constant height by controlling the liquid
outflow from the quench vessel. An upward directed tertiary water
spray was placed above the bubbling water column to cool the conical
shaped metal part supporting the reactor ceramics, as shown in FigureFigure 1. Photo of the PEBG plant.
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2. Separated particles in the quench (i.e., ash or possible char and soot
particles) settled either at the bottom of the quench or in the
sedimentation vessel downstream the quench water outlet. The system
pressure (from the fuel hopper storage tanks to the syngas outlet after
the quench) was controlled by a regulating valve on the syngas outlet
pipe (see Figures 1 and 2). The pressure relieved and cool syngas
could be sampled from the outlet pipe. After gas (and particulate)
sampling, the produced syngas stream was flared on top of the
building. In the flare, a LPG (liquefied petroleum gas) pilot flame was
used as a continuous ignition source to secure flame stability.
Experimental Conditions. In future large-scale applications, a low

grade biomass fuel, for example, bark or logging residues, should be
considered. However, in this work, a commercial wood pellet
(provided by Glommers Miljöenergi, Sweden) based on saw dust
from soft stem wood was used as fuel in all experiments due to its

availability, relatively uniform composition, and low ash content. The
proximate and ultimate analyses of the fuel are shown in Table 1.
Hence, the main elements in the fuel were (wt %, dry basis): 50.9% C,
6.3% H, and 42.4% O. With a fuel ash content of 0.4%, the fuel falls
well within the typical wood composition described by Nordin.9 In this
work, two different particle size distributions were obtained by using
hammer mill sieve sizes of 0.75 and 1.5 mm, respectively. The particle
size distributions were determined by sieving representative samples in
a vibratory sieve shaker (Fritsch Analysette 3), and the results are
presented in Figure 4. The characteristic fuel particle size, the mass
median diameter d50, was determined from the graph in Figure 4 to
approximately 100 and 200 μm for the fuel powders milled with a
hammer mill sieve size of 0.75 and 1.50 mm, respectively.

In Table 2, the main experimental settings for the performed
gasification experiments are presented. The fuel feeding rate was 40

Figure 2. Schematic process flow diagram of the PEBG plant.

Figure 3. Overview of the N2 purged and water cooled camera probe.
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kg/h in all of the experiments, corresponding to approximately 210
kWth. The oxygen equivalence ratio (λ) was defined as the ratio
between the supplied O2 and the stoichiometric O2 demand for
complete combustion:

λ = ̇
̇
m

m
actual

stoichiometric (1)

where ṁactual and ṁstoichiometric are the actually supplied O2 mass flow
(kg/s) and the stoichiometrically required (for complete combustion)
O2 mass flow (kg/s), respectively.

This Article presents results from two different process conditions
where the parameters oxygen equivalence ratio (λ) and mass median
fuel particle size (d50) were varied. The considered process conditions
were (a) λ ≈ 0.44 with d50 ≈ 100 μm and (b) λ ≈ 0.50 with d50 ≈ 200
μm. One replicate experiment at each process condition resulted in
four experimental campaigns performed in the beginning of 2012
(named as January 12, February 14, February 16, and February 17 in
Table 2).

Gas and Particle Sampling. An overview of the syngas sampling
system is shown in Figure 5. Syngas sampling was performed by letting
a small slip stream of the produced syngas flow from the outlet syngas
pipe (after the pressure relief valve) through a particulate removal
equipment and a water cooled condenser. The particulate removal
equipment consisted of a fiberglass filled trap followed by a glass
microfiber disc filter. In the water cooled condenser, the cooling water
inlet temperature was 10 ± 2 °C during the experiments. The dried
syngas was then analyzed consecutively by a FTIR instrument (MKS

Table 1. Proximate and Ultimate Analysis of the Considered
Stem Wood Powder

result unit method

Proximate Analysis (wt %)
dry substance (ds) 95.3 % SS 187170:3
volatile matter 80.5 % SS-ISO 562:1
fixed C 14.4 % by difference
ash content 0.4 % SS-EN

14775:2009/15403:2011
Ultimate Analysis (wt % Dry)
C 50.9 % ds SS-EN

15104:2011/15407:2011
H 6.3 % ds SS-EN

15104:2011/15407:2011
N 0.10 % ds SS-EN

15104:2011/15407:2011
O 42.4 % ds calculated
Cl 0.02 % ds CEN/TS

15289:2006/15408:2007
S 0.006 % ds ICP-SMS; EPA method

200.8
lower heating value
(LHV)

19.6 MJ/kg
ds

SS-EN
14918:2010/15400:2011

Major Ash Elements (wt % Dry)
Si 0.0079 % ds ICP-SFMS
Al 0.0026 % ds ICP-SFMS
Ca 0.0736 % ds ICP-SFMS
Fe 0.0028 % ds ICP-SFMS
K 0.0357 % ds ICP-SFMS
Mg 0.0187 % ds ICP-SFMS
Mn 0.0116 % ds ICP-SFMS
Na 0.0015 % ds ICP-SFMS
P 0.0048 % ds ICP-SFMS
Ti 0.0001 % ds ICP-SFMS
Zn 0.0009 % ds ICP-SFMS

Figure 4. Particle size distributions for the considered fuel milled with 0.75 and 1.5 mm hammer mill sieve size, respectively. The corresponding
mass median particle diameters, d50, were approximately 100 and 200 μm for hammer mill sieve size of 0.75 and 1.5 mm, respectively.

Table 2. Experimental Settings

parameter unit 12 Jan 14 Feb 16 Feb 17 Feb

process condition a a b b
characteristic fuel
particle size, d50

a
μm 100 100 200 200

fuel feeding rate kg/h 40 40 40 40
total N2 inlet kg/h 14.4 17.3 15.1 20.1
O2 inlet kg/h 24.6 24.0 27.0 27.5
O2 inlet concentration
in the burner O2
register

mol % 89 82 89 81

oxygen equivalence
ratio (λ)

0.44 0.43 0.49 0.50

system pressure bar(a) 1.94 1.95 1.95 1.95
quench water levelb % 32 40 35 30
ad50 = mass median diameter. bBubbling quench if the water level
>20%.
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Multigas 2030 HS) and a micro-GC (Micro Gas Chromatograph
Varian 490 GC with Molecular sieve 5A and PoraPlot U columns).
The FTIR continuously detected and logged CO, H2O, CO2, and CH4
concentrations at 1 Hz, whereas the micro-GC detected and stored H2,
N2, O2, CO, CO2, CH4, C2H4, and C2H2 concentrations every 4 min.
An additional gas stream was also sampled from the syngas outlet

pipe to determine the concentration and size distributions of
particulate matter in the syngas by a Dekati low pressure impactor
(DLPI). The detailed results and implications of the particle
measurements are, however, considered to be out of the scope for
this work and will be presented elsewhere. However, the obtained total
concentration of particles was used for the mass and energy balances
for one of the presented experimental campaigns (January 12).
Quench Water Sampling. Samples were consecutively taken from

the quench water outlet after the sedimentation tank for one (the
January 12 campaign) of the four experimental campaigns. To
determine the quench water solid content, the collected samples were
vacuum filtered through a membrane filter (pore size 0.45 μm). One
representative sample was sent for analysis of total organic carbon
(TOC) content to estimate the carbon losses to the quench water.
The amount of accumulated soot and char particles within the system,
that is, in the sedimentation tank and quench water pool, was not
determined.
Mass and Energy Balances − Definitions. The total syngas flow

was not measured directly. Instead, N2 was used as a tracer, making it
possible to calculate the total mass flow of dry syngas from the N2
concentration in the syngas according to eq 2. This is possible under
the assumption that all of the inlet N2 ends up in the syngas, without
transforming into other compounds. Note that the fuel-N was
neglected because of the low N-content in the fuel (0.10 wt % ds). The
molar flow rate of syngas was calculated according to

̇ =
̇

·n
n

c
100syngas

N

N

2

2 (2)

where n ̇ is the molar flow rate in kmol/s, and c is the concentration
(mol %) of N2 in the syngas.
The lower heating value (LHV) of the syngas was calculated as the

sum of each components contribution to the heating value according
to

∑= · ·cLHV
1

100
LHV

i
i isyngas

(3)

where the components i are H2, CO, CH4, C2H4, and C2H2. Lower
heating values for each component were found in existing
literature.10,11

The cold gas efficiency (CGE) for the process was defined as the
ratio between the energy in the produced cooled syngas and the
energy input from the corresponding fuel according to

=
̇ ·

̇ ·
m

m
CGE

LHV

LHV
syngas syngas

fuel fuel (4)

where the subscripted ṁ represents the mass flow (kg/s) of fuel and
syngas, respectively. LHV represents the lower heating value (MJ/kg)
for fuel and syngas (subscripted), respectively.

With respect to the carbon mass balance, the input and output
carbon mass flows (kg/s) were calculated according to eqs 5 and 6,
respectively.

̇ = ̇ ·
m

m c
100in
fuel C

(5)

where ṁfuel is the mass flow of dry fuel (kg/s), and cc is the dry fuel
carbon content in wt %.

̇ = ̇ ·
+ + + · + ·

·m n
c c c c c

M
( 2 2 )

100out syngas
CO CH CO C H C H

C
4 2 2 4 2 2

(6)

where ṅsyngas is the molar flow (kmol/s) of syngas, c is the
concentration of each species in the syngas (mol %), and MC is the
molar mass of carbon (i.e., 12.01 kg/kmol). The carbon conversion is
defined as the ratio between the determined output and the input
carbon flows from above. Energy losses derived from soot in the
syngas and in the quench water outlet were estimated by assuming that
the soot was pure carbon with a lower heating value (LHV) of 34 MJ/
kg.

Note the oxygen and hydrogen balances could not be closed
because the water yields were not accurately determined; therefore,
only the carbon balance is presented in this work.

Propagated measurement errors were estimated for some of the key
figures related to gasification performance (e.g., CGE, mass and energy
balances, etc.). The error estimations were calculated on the basis of a
general formula for error propagation.12 The experimental error was
estimated only for one of the experimental campaigns (January 12),
and it was assumed that the experimental errors were similar for all
four campaign dates described in this Article.

■ RESULTS AND DISCUSSION
This study originates from the initial 100 h of operation. In the
unlikely event of a syngas explosion, the resulting pressure
would be sustained within the process equipment if the initial
pressure does not exceed 2 bar(a). Therefore, the gasifier was
operated at pressures ≤2 bar(a) in this work for process safety
reasons. The effect of increased system pressure will be
investigated later and presented elsewhere.
The reactor camera enabled visual access to the reactor

interior and contributed considerably to increased process
safety; see examples in Figure 6A−D. It was a qualitatively

Figure 5. Schematic overview of the syngas sampling system.
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valuable tool for operation, especially at process start-up, when
the camera made it possible for the operators to actually see
when wood powder was introduced to the reactor; see Figure
6B. It also gave a very fast response on the ignition phase as
shown in Figure 6C, when O2 was supplied and ignited the
pyrolysis gases. Furthermore, the camera made it possible to
monitor the burner flame qualitatively; see example in Figure
6D.
Process Characterization. Four experimental campaigns

are described in this work. The process temperature profile
(middle reactor temperature) and dry product gas profile as a
function of time for one of the campaign dates (January 12) are

presented in Figures 7 and 8, respectively. The graphs represent
a typical experimental campaign in the PEBG pilot plant. The

presented temperatures in this work were the measured
temperatures of the thermocouples and not the real gas
temperatures. The main error in the temperature measure-
ments is mainly due to radiative heat transfer between
thermocouple, the flame, and the surrounding walls. Generally,
the top and middle temperatures along the reactor axis were
similar, whereas the bottom reactor temperature always was
approximately 60 °C lower.
In the typical experiment shown in Figures 7 and 8, the

reactor was electrically heated to approximately 1020 °C, after
which the heater was removed and the reactor N2 purged to
evacuate all possible O2 in the gasifier prior to start-up. After a
first process start-up and approximately 30 min of operation,
this particular experimental campaign (January 12) had to be
temporarily interrupted and the reactor purged with N2. After
the second start-up (time = 220 min in Figures 7 and 8), the
plant was continuously operated for 6 h 50 min. Between time
220−305 min, the gasifier was operated with a λ at 0.50 to
quickly reach the desired process temperature of ∼1200 °C

Figure 6. Photos (A−D) taken by the reactor camera from inside the
reactor. The photos were taken at different times during the process.
Photo (A) shows the electrical heating of the reactor; photo (B) shows
the fuel feeding start-up; photo (C) shows process ignition; and photo
(D) shows the gasification flame. The reactor outlet is visible as a black
hole at the bottom of pictures (A) and (B).

Figure 7. Process temperature profile (middle reactor temperature) for the experimental campaign January 12.

Figure 8. Gas composition profiles for the experimental campaign
January 12.
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(middle reactor temperatures). A minor process temperature
dip in an otherwise continuous temperature increase occurred
when the operated λ was reduced to 0.44. Approximately 30
min after the change in λ, the temperature was again
continuously increasing with approximately 20 °C/h to the
end of the gasification test. This indicates that the system did
not reach thermal equilibrium even after nearly 7 h of
operation.
The measured process temperatures should be considered as

the ceramic wall temperature. The flame and the hot gases in
the reactor are slowly heating the reactor wall after gasification
start-up. The heating of the reactor wall is slow due to the
inertia of the ceramic mass. Even though the process
temperatures were continuously increasing in the described
experiment (Figure 7), the concentration of the major syngas
components (H2, CO, and CO2) seemed to stabilize
approximately 30 min after the λ reduction; see Figure 8.
This might indicate that the reactions in the gas phase are
mostly dependent on the stoichiometry (λ) and the real gas
temperature in the reactor. However, the CH4 content in the
syngas showed a slight decrease, from approximately 2.0 to 1.8
mol %, as the process temperature increased. Unfortunately, the
CH4 concentration at thermal equilibrium could not be
determined in this work; neither was the content of higher
hydrocarbons or tars determined in this work. There could
potentially be some content of higher hydrocarbons and tars in
the syngas, and this will be further investigated in future
experiments.
The ragged part of the curves in Figures 7 and 8, that is, from

process time 470 min and forward, arose from irregular N2

addition to the fuel feeding system. Note that this is not a
typical operating procedure for the PEBG plant, but was tested
for this specific experimental campaign. Additional “shock
puffs” were introduced to the second fuel hopper for
improvement of the fuel feeding. Therefore, the gasifier
temperature dropped every time additional N2 was added to
the system. Moreover, the syngas was irregularly diluted with
N2, which can be visualized by the irregular main gas
compositions after process time 470 min in Figure 8. Table 3
presents the syngas compositions for all four experimental
campaigns at stable condition. Stable gas compositions were
determined when there were longer periods (>1 h) with

coherently equal gas data from the micro-GC. This, for
example, occurs after approximately process time 400 min in
the experimental campaign January 12; see Figure 8.

Carbon Mass and Energy Balances. As described in the
Method, there were four different N2 inlet flows, and it was
found that the error in N2 mass flow had the individual largest
contribution to the experimental errors of both the carbon mass
and the energy balances. Hence, improving the accuracy of the
trace gas mass flow would strongly increase the accuracy of
mass and energy balances.
The amount of particulates in the syngas was estimated to

approximately 200 mg/Nm3, where the majority was assumed
to be soot because of the black color of the deposits on the
impactor plates. Analysis performed on the impactor plates with
SEM/EDS (scanning electron microscopy/energy dispersive
spectroscopy) showed that the deposits consisted mainly of
carbon. Particulate matter in the syngas will be further
investigated in future studies.
Quench water sampling after the sedimentation tank

(January 12) resulted in 65 mg TOC/dm3 quench water.
The level of soot in the syngas and quench water had only a
minor effect on the mass and energy balances and was therefore
neglected for the experimental runs after January 12. Particulate
matter also accumulated in the quench pool and in the
downstream quench water sedimentation tank during all
campaigns. However, the amount and composition of the
accumulated matter were not determined in this work, but need
to be studied in future experiments.
The carbon conversions (Cout/Cin) for the four tests are

presented in Table 4. The carbon conversions were

approximately 100%, or actually slightly above (see Table 4).
It is however impossible to have carbon conversions above
100%, and hence the conversion figures indicate that either the
output carbon flow was overpredicted or the input carbon flow
was underestimated. As mentioned earlier, the uncertainty in
the syngas mass flow was large, which also was reflected in the
estimated error of the carbon conversion (∼17%, see Table 4).
Table 5 shows the energy balance for the four different

campaigns. The thermal power from the fuel was approximately
210 kW for all cases. Of this, approximately 140−150 kW
ended up as chemical energy in the cold syngas depending on
the operating conditions. Thus, the cold gas efficiency (CGE
see Table 5) was found to be approximately 70 ± 12%. It is
worth mentioning that the process was not optimized in any
sense, because process optimization was beyond the scope of
the present study. The estimated error of the CGE includes the
potentially overpredicted syngas mass flow.
Furthermore, part of the energy generated in the gasification

process was transferred to the quench water during cooling of
the hot gas from the reactor. The quench water temperature
was increased from approximately 8 °C (quench water inlet) to
between 45 and 60 °C (quench water outlet). The reference

Table 3. Syngas Characteristics for the Four Experimental
Campaigns

dry syngas unit 12 Janα 14 Feb 16 Feb 17 Feb

syngas LHV MJ/kgb 7.7 ± 0.3 7.3 7.0 6.2
syngas mass flow kgb/h 69.9 ± 10.6 74.6 75.2 79.5
N2 content mol % 18.1 21.1 18.0 25.2
H2/CO 0.57 ± 0.04 0.57 0.54 0.54
N2 Free Dry Gas Composition
H2 mol % 27.8 27.8 25.8 25.4
CO mol % 48.7 48.5 48.0 47.3
CO2 mol % 20.4 21.1 23.1 23.9
CH4 mol % 2.3 2.3 1.4 1.4
C2H4 mol % 0.1 0.1 0.1 0.1
C2H2 mol % 0.3 0.3 0.2 0.2

αThe experimental error was estimated only for one of the
experimental campaigns (January 12), and it was assumed that the
experimental errors were similar for all four campaign dates described
in this Article. bKilograms of dry gas.

Table 4. Calculated Carbon Conversions for the Considered
Experimental Campaigns

carbon conversion unit 12 Janα 14 Feb 16 Feb 17 Feb

Cout/Cin % 103 ± 17 106 110 105
αThe experimental error was estimated only for one of the
experimental campaigns (January 12), and it was assumed that the
experimental errors were similar for all four campaign dates described
in this Article.
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state used in the calculations was 18 °C, and therefore the
energy loss to the quench water was divided into two parts in
Table 5: one (negative) inlet sensible heat and one outlet
sensible heat.
Convective and radiative heat losses from the reactor to the

surrounding atmosphere (∼8 kW, Table 5) were estimated
from the measured reactor shell temperatures and a heat
balance calculation taking into account radiation and natural
convection to the surroundings.
The energy balance ratio Eout/Ein was close to ∼100% (Table

5). Actually, the Eout/Ein figures for all four campaigns were
slightly lower than 100%. This might be explained by the fact

that soot and unconverted char accumulated in the quench
where its energy content was not taken into consideration in
this study. However, similar to the carbon mass balance, the
Eout/Ein had a relatively large estimated error (∼12%, see Table
5), which also takes the potentially overpredicted syngas mass
flow into account.

Syngas Characterization and Utilization. Table 3 show
the N2 free dry gas composition together with some dry syngas
key figures. There were only minor variations in the dry and N2
free product gas composition among the campaigns with similar
process conditions; see Tables 2 and 3. The major syngas
components for process condition (a) were approximately (mol
% dry and N2 free): H2 ∼28%, CO ∼49%, CO2 ∼21%, and
CH4 ∼2.3%. Process condition (b) resulted in syngas
composition of approximately (mol % dry and N2 free): H2
∼26%, CO ∼48%, CO2 ∼24%, and CH4 ∼1.4%. The syngas
heating value (LHV) was reduced for condition (b) as
compared to (a), as expected, when the process was operated
at a higher λ. An increased O2 addition to the gasifier, that is,
higher λ, promotes the combustion of the H2, CO, and CH4
components and therefore consumes part of the chemical
energy otherwise stored in the syngas. The LHV was also
dependent on the amount of N2 in the syngas. The process
benefits from minimizing the amount of inert gas (N2), not
only because of the reduced dilution effect on the LHV, but
also because of the decreased amount of energy that is required
to heat the N2 to the process temperature inside the gasifier. In
this work, the N2 addition to the O2 burner register had the
purpose of a moderator to keep the burner temperature below
an acceptable limit. However, alternative cooling of the burner
will be considered in future work to decrease the N2 addition to
the gasification process.
Moreover, Table 3 shows that the H2/CO ratio was 0.57 and

0.54 for the process conditions (a) and (b), respectively. This
was, however, only a minor change, which makes it hard to
draw any direct conclusions, but the difference may still indicate
that the combustion reactions of H2 and CO were promoted
differently when more O2 was added. Moreover, the fuel
particle size was smaller for process condition (a) as compared
to process condition (b) according to Table 2. Therefore, it is

Table 5. Total Energy Balance for the Considered
Experimental Campaigns

unit 12 Jana 14 Feb 16 Feb 17 Feb

In
LHV fuel kW 210 ± 8 210 210 210
fuel sensible kW 0.1 0.1 0.1 0.1
quench water inlet
sensibleb

kW −8 ± 3 −8 −8 −8

total in kW 202 ± 8 202 202 202
Out
LHV syngas kW 150 ± 24 151 147 137
syngas sensible kW 0.6 0.3 0.5 0.5
soot in syngas kW 0.3 n.a. n.a. n.a.
TOC in quench water kW 0.4 n.a. n.a. n.a.
quench water outlet
sensible

kW 35 ± 3 23 31 32

heat loss kW 8 ± 1.6 8 8 8
total out kW 194 ± 24 182 186 178
Eout/Ein

c % 96 ± 12 90 92 88
cold gas efficiency
(CGE)

% 71 ± 12 72 70 66

aThe experimental error was estimated only for one of the
experimental campaigns (January 12), and it was assumed that the
experimental errors were similar for all four campaign dates described
in this Article. bThe reference temperature was 18 °C. The quench
water inlet temperature was approximately 8 °C, thereby the negative
value of the quench water inlet sensible heat. cEnergy ratio: Eout/Ein.

Table 6. Typical Gas Compositions (mol %, Dry Basis) for Different Gasification Techniquesa

PEBG pilot cyclone BLG FB Var̈namo FICFB Vienna EF coal

gasification concept entrained flow entrained-flow cyclone entrained flow circul. fluidized bed circul. fluidized bed entrained flow
thermal power input (MW) <1 <0.3b 3 18 0.1 12b

feedstock wood powder wood powder black liquor wood chips wood pellets dry coal powder
gasification agent O2 air O2 air seam O2, steam
gasification temp (°C) 1100−1400 800−850 ∼1000 900−1000 800−900 1300−1400
gasification pressure (bar(a)) <10 1 30 19 1 10−30
Typical Gas Compositions (mol %, Dry Basis)
H2 19−23 7.4−8.5 ∼27 9.5−12 ∼38 ∼30
N2 18−25 54−60 ∼21 48−52 ∼7
CO 35−40 8−16 ∼22 16−19 ∼30 ∼61
CO2 16−19 14−19 ∼28 14−18 ∼20 ∼3
CH4 1−2 1−3 ∼1 5.8−7.5 ∼10 n.a.
other <1 1−2 ∼1 n.a. ∼3 n.a.
H2/CO ∼0.6 ∼0.7b ∼1.2b ∼0.6b ∼1.3b ∼0.5b

−
+

(H CO )
(CO CO )

2 2

2

∼0.1 ∼−0.3b ∼0b ∼−0.2b ∼0.4b ∼0.4b

LHV (MJ/kgdry) 6.2−7.7 2.3−4.1b 5.7b 4.4−5.2b 14.9b 11.8b

CGE (%) 65−72 24−41b n.a. n.a 65b 77.7

an.a. = not available. bFigures not presented in the referred articles, but back-calculated by Weiland for this Article.
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not possible to state whether the difference in H2/CO ratio was
an effect of λ, the fuel particle size, or a combination effect of
both.
The H2/CO ratio is an important parameter for catalytic

conversion of syngas into synthetic motor fuels. If the purpose
is to produce a synthetic fuel from the syngas, the different
production routes require different syngas quality depending on
the synthetic route. Catalytic synthesis of methanol13 and DME
requires a stoichiometric ratio of (H2 − CO2)/(CO + CO2) =
2. Low-temperature Fischer−Tropsch synthesis requires a H2/
CO ratio in the region 1.7−2.15 depending on the catalyst,
whereas the ratio H2/(2CO + 3CO2) is about 1.05 for FT
production at higher temperatures.14 However, irrespective of
gasification technology, most often the syngas requires shifting
toward more H2 prior to fuel synthesis.
Table 6 summarizes six different gasification technologies,

using different feedstock and gasification agents. In Table 6, the
entrained-flow dry powder biomass gasification pilot plants are
represented by the PEBG and a cyclone gasifier described by
Gabra et al.15,16 and Risberg et al.17

Black liquor gasification (BLG) is represented by the
Chemrec gasification technology, and gas compositions were
derived from Öhrman et al.18 Fluidized bed (FB) gasification of
biomass is represented by the Var̈namo plant Sweden,19 and a
fast internal circulating fluidized bed (FICFB) pilot plant from
Vienna described by Pfeifer et al.20 Entrained-flow gasification
of dry coal (EF coal) is, in Table 6, represented by an
entrained-flow coal pilot plant described by Guo et al.21 Using
air as the gasification agent (cyclone and FB Var̈namo in Table
6) results in a large amount of N2 in the syngas, making the
syngas more suitable for power production than for fuel
synthesis.
Minimizing the amount of inert gas into the gasifier is of

great importance if the syngas is intended for synthetic fuel
production. Increased concentration of inert gases acts as
unnecessary ballast in the downstream equipment. That will
reduce the overall efficiency and will increase the investment
cost because larger units are needed to handle the larger gas
flow. The syngas quality of the PEBG gasifier can be improved
by minimizing the amount of N2 or by completely exchange of
the inert gas to CO2 that can easily be removed from the syngas
by, for example, a gas cleaning unit such as a Rectisol unit. In
the present experiment, no attempt was made to minimize the
N2 flows, but there is a significant potential for improvement.
The FICFB gasifier produces a N2-free syngas with

approximately 10% of CH4 and 3% of other hydrocarbons
(Table 6). The high CH4 content makes the syngas suitable for
SNG or power production. The FICFB syngas has a H2/CO
ratio around 1.3. However, the syngas content of CH4 and
other hydrocarbons is not active in the catalytic reactions of fuel
synthesis to methanol or DME. Therefore, a FICFB gasifier
requires an additional step with methane and hydrocarbon
reforming to convert the unwanted gases to CO and H2 if the
gas is intended for fuel synthesis. The coal EF gasifier in Table
6 has low content of inert gas and low content of other
unwanted gases such as CH4 and CO2. The coal EF syngas is in
that sense the most suitable for fuel synthesis. However, coal
gasification has undergone substantial development during the
past decades (as compared to biomass gasification), and the
fuel (coal) is of fossil origin, which means that synthetic fuels
from this type of gasification unit cannot be considered as
renewable.

The CGE of the PEBG gasifier was found to be very
competitive as compared to the other gasification techniques in
Table 6 because it was found to be higher than for the cyclone
gasification technique and approximately similar to the FICFB
technique, whereas the EF coal gasifier had the highest CGE
(see Table 6). The CGE for the Var̈namo plant and the BLG
plant were, however, not found by the authors when reviewing
the existing literature.
A gasification process generally has higher CGE if the

concentration of CH4 in the syngas is high. Such a gasification
process may be a good choice if the produced syngas is
intended for power production or SNG production. In that
case, all of the chemical energy from the syngas (also the CH4)
can be utilized for combustion in, for example, a gas turbine.
However, if the syngas is intended for synthetic fuel production
(e.g., methanol, DME, or FT-fuels), the CGE measure cannot
be used alone to describe the gasifier performance. The CGE
measure of the process should be complemented with the total
syngas composition and especially the yield of H2 and CO and
the H2/CO ratio to better describe the gasifier performance for
the fuel synthesis case. The syngas generated by the PEBG
process has the potential to be catalytically upgraded to
synthetic fuels or chemicals. Some of the reasons are that the
syngas content of methane was low and that the syngas
potentially can have low inert gas (N2) content. The higher
process temperature in the PEBG reactor reduces the amount
of tar components and other higher hydrocarbons in the syngas
as compared to lower temperature gasification processes (e.g.,
fluidized bed). This advantage potentially also reduces the need
for extensive syngas cleaning prior to the fuel synthesis.
However, the gasification pressure needs to be increased to
make this process economically feasible. Furthermore, trace
components that can poison the catalyst need to be
characterized to design appropriate gas cleaning prior to fuel
synthesis.
Gasification of wet biomass fuels, for example, black liquor

from the pulp and paper industry, was previously eval-
uated.22−24 The black liquor had a moisture content of 25−
28%, and the generated syngas contained approximately 32−36
mol % (dry, N2 free) H2 and 26−30 mol % (dry, N2 free) CO
depending on the operating conditions of the gasifier. The
generated syngas composition from the black liquor gasification
corresponds to a H2/CO ratio of 1.1−1.4, which is higher than
that from the dry biomass gasification experiments performed
in this study. Introducing steam directly to the PEBG gasifier
could have the same effect as moist fuel on the syngas quality
and could potentially increase the H2/CO ratio. However,
Brown25 observed that increased coal moisture or steam
addition had a largely negative effect on the gasification
performance (entrained-flow coal gasification). In their case,
increased moisture led to decreased H2 content and decreased
CO/CO2 ratio as well as lower carbon conversion, presumably
due to the reduced gasification temperature.

■ CONCLUSIONS
In this study, the PEBG pilot gasifier was successfully operated
with wood powder to generate a good quality syngas. Measured
process temperatures were within the range 1100−1300 °C
when the gasifier was operated at oxygen equivalence ratio (λ)
between 0.43 and 0.50. The resulting major syngas components
were (mol %): H2 (19−23%), N2 (18−25%), CO (35−40%),
and CO2 (16−19%). The minor syngas components were (mol
%): CH4 (1−2%), C2H4 (0.1%), and C2H2 (0.2%). The CGE
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of the PEBG gasifier (∼70%) was found to be very competitive
as compared to other available gasification technologies for
biomass. Furthermore, the PEBG gasifier generated a syngas
with a H2/CO ratio between 0.54 and 0.57 and a low CH4
concentration. The synthesis gas produced by the PEBG
thereby has a potential for upgrading into renewable products,
for example, chemicals or biofuels. The reactor camera was
found to be a valuable tool for qualitative process diagnostics.
Further characterization of the process will be discussed in
future papers.
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Abstract: Pressurized, O2 blown, entrained flow gasification of forest residues 
followed by methanol production is one of the preferred routes for the production of 
synthetic motor fuels in the Nordic countries. In order to optimize gasification plant 
efficiency, it is important to understand the influence of different operating 
conditions. In this work, a pressurized O2 blown and entrained flow biomass 
gasification pilot plant was used to study the effect of four important process 
variables; (i) the O2 stoichiometric ratio (λ) (ii) the load of the gasifier, (iii) the 
gasifier pressure, and (iv) the fuel particle size. Commercially available stem wood 
fuels were used and the process was characterized with respect to the resulting 
process temperature, the syngas yield, the fuel conversion and the gasification 
process efficiency. It was found that CH4 constituted a significant fraction of the 
syngas heating value at process temperatures below 1400 °C. If the syngas is 
intended for catalytic upgrading to a synthetic motor fuel where CO and H2 are the 
only important syngas species, the process should be optimized aiming for a process 
temperature slightly above 1400 °C in order to reduce the energetic losses to CH4 and 
C6H6. From the experiments in this work, it can be concluded that the gasifier should 
be operated at a stoichiometric ratio around λ=0.4 to achieve 1400 °C (at 600 kW). 
This resulted in a cold gas efficiency (based only on CO and H2) of 71 %. The H2/CO 
ratio was experimentally determined within the range 0.43-0.61. Thus, the syngas 
requires shifting in order to increase the syngas composition of H2 prior to fuel 
synthesis. 

 

Keywords: Gasification, oxygen blown, biomass, wood, cold gas efficiency, 
process performance 
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Highlights: 

 A temperature >1400 °C is required to reduce the syngas CH4 content <1 mol-
%. 

 The maximum cold gas efficiency based on all combustible constituents was 
76 % in the experiments. 

 The corresponding cold gas efficiency based only on the CO and H2 
concentrations was 71 %. 

 The syngas H2/CO ratio was within the range 0.43-0.61 in the experiments. 

 

1 Introduction 

Sustainable production of bio based transportation fuels is essential in order to 
reduce the dependence on fossil fuels and to reduce the net CO2 emissions from road 
traffic. For the Nordic countries, one of the most efficient routes for this purpose is 
methanol production via forest biomass gasification [1]. The production of synthetic 
motor fuels requires a clean syngas at high pressure [2], [3]. It has been concluded 
that pressurized, oxygen blown, entrained flow biomass gasification is the preferred 
technology to meet these requirements [4]. There are already a large number (>80 
plants, 2010) of commercial coal based entrained flow gasification plants around the 
world aiming for ammonia production, power production, petrochemicals or liquid 
motor fuels [5]. Biomass based installations are, however, still under development 
especially for solid feedstock. One reason for this is the more problematic feeding of 
solid biomass compared to coal [6], [7], [8].  

 

One of the challenges with high pressure gasification is the fuel feeding into the 
pressurized system and the easiest way around this problem is to work with a liquid 
fuel, e.g. pyrolysis oil or black liquor (a by-product from chemical pulping). Two 
examples of ongoing development of synthetic fuels from entrained flow gasification 
of liquid biomass are the BioDME (black liquor) [9] project and the Bioliq (pyrolysis 
oil slurry) [10] project. The BioDME concept is, however, limited to the availability 
of black liquor and by the associated pulp production. The Bioliq concept is based on 
regional pretreatment of the biomass for energy densification by fast pyrolysis. 
Thereafter, the intermediate slurry mixture of pyrolysis oil and char is transported to 
a central gasification plant for conversion into syngas and subsequent synthesis to 
motor fuels [10]. The advantage of the Bioliq concept is the energy densification that 
allows transportation over long distances compared to transportation of the original 
low energy density feedstock, e.g. straw or energy crops. A disadvantage with the 
pyrolysis oil route is that an additional process step is needed for the liquefaction of 
the biomass. An alternative, developed by our group, is pressurized entrained flow 
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gasification of solid biomass, with drying and milling as the only pretreatment of the 
feedstock. 

 

Independent of the gasification technology, it is important to understand the effect 
of different operating conditions of the gasifier and how that will affect the process 
yield, the syngas composition and the plant efficiency. Qin et al. [11] investigated 
solid biomass gasification behavior in an electrically heated lab scale entrained flow 
gasifier (5 kW). They concluded that it is possible to obtain a tar free syngas of high 
quality when the gasification temperature is above 1350 °C, even at short residence 
times of a few seconds. In the present work, autothermal gasification of dry wood 
powder was studied in a much larger pilot gasifier, designed for a maximum thermal 
throughput of 1 MW at an elevated pressure of 10 bar. Moreover, the gasifier was 
designed to operate with pure oxygen in order to produce a gas with high 
concentration of CO, CO2, H2, and H2O without significant contamination of N2. This 
means that the syngas is designed and suited for further synthesis since N2 acts as 
passive ballast that makes the process less efficient and more costly to operate. 

 

Earlier work performed by us has been focused on a detailed characterization of the 
gasifier with respect to product gas composition (gaseous and particulate 
compounds), mass and energy balance, ash related operational problems for different 
types of solid fuels [12], [13], [14], [15], [16], [17], [18], [19] and pyrolysis oil [20]. 
However, no systematic variation of process parameters has been done in earlier 
work in order to establish knowledge about the response of the gasifier to different 
operating conditions. The aim with the work presented in this paper is therefore to fill 
that gap of knowledge, especially how the process temperature, the syngas yield, the 
fuel conversion and the process efficiency are affected when different operating 
conditions are varied in typical ranges for entrained flow gasification of biomass. The 
process parameters varied were: (i) the O2 stoichiometric ratio (λ) (ii) the fuel load of 
the gasifier, (iii) the gasifier pressure, and (iv) the fuel particle size. Section 2 further 
explains why these process parameters were chosen in this study. 

 

2 Theory 

An entrained flow gasifier, of the type used in the present work, operates with the 
fuel feed and oxidant in co-current flow, see Figure 1. The residence time inside this 
type of gasifier is of the order of a few seconds. For this reason the gasification 
temperature must in general be much higher and the fuel particle size much smaller, 
compared to other types of gasifiers, in order to achieve full fuel conversion. A 
benefit is, however, that higher hydrocarbons (e.g. tars) are converted already in the 
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gasifier [21], which simplifies gas cleaning. Moreover, the fuel ash is removed from 
the gasifier in liquid form as a glass-like residue [21]. The following section, in 
combination with Figure 1 and Table 1, provides a simplified description of the 
physical and chemical processes involved during entrained flow gasification. 

 

Fuel particles are fed in the top center of the entrained flow gasifier together with 
the oxidant (Figure 1). As the fuel particles are introduced, by gravity and 
entrainment, to the hot environment inside the gasifier (1100-1600 °C) they are 
rapidly heated and moisture is released. In the subsequent devolatilization step, a 
variety of gaseous compounds and a carbon-rich char is produced as the fuel 
thermally decomposes (reaction R1 in Table 1). The gaseous compounds from 
devolatilization (or pyrolysis) include CO, CO2, H2, H2O, light hydrocarbons such as 
CH4 as well as larger hydrocarbons represented by the general CaHbOc in Figure 1 
and Table 1. Pyrolysis starts already at temperatures >350 °C and occurs in parallel 
with the heating of the fuel particle [21]. Both the yield of pyrolysis gases and the 
rate of pyrolysis are influenced by the fuel particle heating rate [21], [22], [23], [24]. 
From the pyrolysis gases, higher aromatic hydrocarbons and soot may be formed 
depending on actual conditions inside the gasifier [25], [26]. 

 

The oxidant (O2), which is fed through a burner in the top center of the gasifier, 
forms a jet flame in the center part of the reactor (Figure 1). Practically, due to the 
aerodynamics created by the central jet flame, there is a recirculation of syngas inside 
the gasifier, which brings hot combustible gases to the vicinity of the burner. The 
sub-stoichiometric amount of O2 that is added through the burner is therefore rapidly 
consumed by combustion reactions R2-R5 (Table 1) in the flame. These reactions are 
exothermic and provide the necessary heat to the gasification process. The 
stoichiometry inside the gasifier is usually described by the O2 stoichiometric ratio (λ) 
which is defined as the ratio between the supplied O2 mass flow and the O2 mass flow 
required for stoichiometric combustion. 

 

The water-gas shift reaction, R6 (fast), and the steam-methane reforming reaction, 
R7 (slower), are believed to determine the bulk gas composition inside the gasifier. 
After the flash pyrolysis step, the remaining char and soot, here represented by solid 
carbon, C(s), react with the surrounding gases (i.e. reactions R8-R12 in Table 1). The 
endothermic gasification reactions involving CO2 (R8) or H2O (R9) are favored by 
high temperatures in the gasifier. Mass transport to (and from) the solid surface of the 
particles plays an important role in this heterogeneous step. Therefore, this is the 
slowest gasification step that governs the overall conversion rate [21]. Since most of 
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the O2 is consumed in the upper part of the gasifier, the combustion of solid carbon 
with O2 (i.e. R11-R12) is unlikely to occur in the lower part of the reactor. 

 

The physical and chemical properties of both char and soot are affected by the local 
conditions (e.g. temperature and pressure) inside the gasifier. The process 
temperature affects the nanostructure [24] [27] and thereby also the reactivity of the 
char and soot during gasification [27] [28]. A higher degree of graphitization of the 
char structure is attained at higher pyrolysis temperatures. This affects the char 
gasification reactivity negatively. Furthermore, the char morphology is affected by 
the process pressure during pyrolysis [24] [29], such that more porous char particles 
are formed at elevated pressures. Wall et al. [29] showed that coal chars produced at 
different pressures had similar intrinsic reaction rates towards CO2, H2O and O2, 
whereas the apparent rates (i.e. the rates observed under practical conditions) were 
higher for the more porous chars produced at higher pressures. Biomass chars from 
high pressure entrained flow gasification may therefore exhibit a porous and 
potentially reactive structure as a result of the high pressure. On the other hand, the 
produced char may simultaneously exhibit a graphitic structure, because of the high 
temperature inside the entrained flow gasifier, which potentially reduces the 
gasification reactivity.  

 

A residual ash particle is what remains if the char gasification proceeds to 
completion. If the conversion stops before completion the remaining particle will be a 
mixture of char and ash. The ash can exist both as solid or smelt depending on the 
temperature inside the gasifier. The majority of entrained flow gasifiers operate in 
slagging mode [21], meaning that the ash leaves the gasifier as a molten slag. 
Therefore, high temperatures (above the ash melting point) are required. For 
example, the flow temperature (measured with heating microscope) of collected slag 
from gasification of stem wood is approximately 1335 °C [16]. To reach temperatures 
high enough to avoid slag solidification comes with the penalty of high O2 
consumption (see section 2.1 below). 

 

The cold gas efficiency (CGE) is commonly used as a measure of the gasification 
process efficiency [21]. The CGE is defined as the ratio between the chemical energy 
in the produced cooled syngas and the energy input from the corresponding fuel. The 
CGE can be based on either the higher heating values (HHV) or the lower heating 
values (LHV) of the fuel and syngas, respectively. For dry wood, the two heating 
values results in a maximum CGE-difference of 0.03 units. When referring to CGE in 
this paper, the values are based on HHV unless specified otherwise. Two different 
CGEs were calculated in this work; 1) the CGEpower and 2) the CGEfuel. The CGEpower 
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was calculated using all the combustible gas species in the syngas. This is a 
representative measure for the gasification efficiency if the syngas is intended for 
complete combustion in power production (e.g. in a gas engine), where all the 
combustible compounds in the gas can be used. The calculation of CGEfuel is based 
on only the CO and H2 concentrations in the syngas [30], [15]. The CGEfuel is a more 
representative measure if the syngas is intended for synthetic fuel production, where 
CO and H2 are the only important gas species for the catalytic upgrading into 
synthetic fuels, unless the intended end product is methane (CH4) in which case a 
high concentration of CH4 in the syngas could be valuable.  

 

The H2/CO ratio is an important parameter when the syngas is intended for catalytic 
production of synthetic motor fuels [31], [32]. Catalytic synthesis of methanol [31] 
and DME (dimethyl ether) requires a stoichiometric number of (H2-CO2)/(CO+CO2) 
= 2. Low temperature Fischer-Tropsch synthesis requires a H2/CO ratio in the region 
1.7 – 2.15 depending on the catalyst, whereas the ratio H2/(2CO+3CO2) should be 
about 1.05 for FT production at higher temperatures [32]. When these ratios in the 
raw syngas differ from the optimum it can be adjusted using a water-gas shift reactor. 
This will, however, consume some of the chemical energy in the syngas because of 
the exothermic water-gas shift reaction (R6 in Table 1).  

 

2.1 Thermodynamic equilibrium 

Thermodynamic equilibrium can be used as a tool to increase the understanding of 
the gasification process and to find a theoretical window for optimal operation of the 
gasifier. Equilibrium calculations were performed, with the FactSage™ 6.3 software 
from GTT Technologies, for O2 blown gasification of stem wood. Theoretically, the 
most important operating parameter in entrained flow gasification is the O2 
stoichiometric ratio, λ. In Figure 2 the resulting gasification temperature, the syngas 
yield and the cold gas efficiency are shown as a function of λ, assuming adiabatic 
condition. At low λ (below approximately 0.25) the resulting equilibrium temperature 
is below 850 °C, which affects the carbon conversion and the CGE negatively as 
there is solid carbon (char and soot, C(s)) remaining (Figure 2). 

 

Increasing λ above 0.25 will promote the combustion reactions R2-R5 in Table 1, 
leading to higher process temperature and complete carbon conversion. At λ=0.27, 
the CGEpower reaches its maximum of 0.89. That is when a maximum of the fuel’s 
energy is converted to chemical energy in the syngas. The maximum for CGEfuel 
(0.86) is reached at a slightly higher λ (at λ=0.30), when also the CH4 content is 
completely converted to CO and H2 (see Figure 2). Further increase in λ (beyond 
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complete CH4 conversion) results in even higher temperatures and decreasing CGEs 
as a result of the combustion reactions R2-R3. At λ>0.6, the adiabatic temperature is 
high enough (>2500 °C) for the dissociation of CO2 and H2O forming e.g. free O2, 
CO and OH (radical) as indicated in Figure 2. 

 

A real gasifier is not an adiabatic process since thermal losses to the surroundings 
are hard to avoid completely even for large scale commercial units. This is especially 
true for smaller gasifiers such as the one used in this work, since the heat loss is 
affected by the scale of the gasifier. The heat losses from the PEBG pilot plant have 
been estimated to be between 5 and 10 % of the total fuel load. When heat losses are 
accounted for in the thermodynamic equilibrium calculations, the temperature at a 
certain λ will be lower than the temperature for the adiabatic case. Or in other words, 
a higher λ is required to reach a certain temperature in the gasifier. Similarly, a higher 
λ is required to reach complete carbon conversion (and CH4 conversion) compared to 
the adiabatic case. For example, the thermodynamic equilibrium calculations predict 
that complete carbon conversion is shifted from λ=0.27 to λ=0.31 when 5 % heat loss 
is accounted for in the calculations. As a result, the optimal CGEpower and CGEfuel are 
shifted towards higher λ values. In addition to this, the CGEs are reduced compared 
to the adiabatic case because of the increased combustion of energetic gases (R2-R5 
in Table 1). Thus, the optimal CGEs are shifted down to the right in Figure 2 when 
heat losses are accounted for in the calculations. Therefore the maximum CGEpower is 
reduced to 0.84 and the maximum CGEfuel is reduced to 0.81 for a case with 5 % heat 
losses (cf. 0.89 and 0.86 for the adiabatic case, respectively). 

 

2.2 Kinetic constraints 

The gas phase conversion of CH4 during gasification is slow [33] even for the 
relatively high temperatures in an entrained flow gasifier. Therefore, the experimental 
concentration of CH4 in a real gasifier is usually clearly higher than the concentration 
predicted at equilibrium [33], [34], [35]. In addition, the heterogeneous reactions 
involved during gasification of solid particles (i.e. char or soot) are limited by mass 
and heat transport to the solid surface. Hence, the short residence time usually results 
in incompletely converted carbon, the exact amount depending on the detailed 
process conditions. At limited carbon conversion, the yield of syngas becomes lower 
since a fraction of the fuel carbon is being bound to the solid matrixes of char or soot. 
Simultaneously, the gas phase inside the reactor will experience a higher λ than 
expected by equilibrium. The higher λ favors the exothermic gas phase combustion 
reactions R2-R5, Table 1. Additionally, limiting the amount of C(s) that reacts with 
CO2 or H2O by the endothermic reactions R8-R9 will result in a higher energy release 
to the gasifier compared to equilibrium. Therefore, the gasification temperature will 
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become higher and the syngas composition different compared to the values predicted 
by thermodynamic equilibrium.  

 

2.3 Selection of process parameters 

The most important gasification parameter is the O2 stoichiometric ratio, λ, which 
was included in this study because it affects both the stoichiometry and the 
temperature inside the gasifier as discussed above.  

 

The gasification pressure is another parameter included in this study because it 
influences the plant economics and can be used for process control. It is 
advantageous to gasify under elevated pressure, both because of the energy savings in 
syngas compression but also because of the reduction in equipment size [4], [21]. 
Furthermore, for a fixed gasifier size (as described in this work) the process pressure 
can be used to control the residence time inside the gasifier such that acceptable fuel 
conversion can be reached. There are unfortunately a few potentially negative side 
effects with increased process pressure. A higher pressure can shift the steam-
methane equilibrium reaction (R7, Table 1) towards the left hand side, increasing the 
yield of CH4 in the syngas. This is a disadvantage if synthetic motor fuels or 
chemicals are the desired end products. Moreover, increasing the total pressure will 
increase the partial pressure of the product gases (e.g. CO and H2). Several authors 
(e.g. [36] [37]) has demonstrated that increased partial pressure of CO and/or H2 near 
the char particle can inhibit the char gasification reactions (i.e. R8 and R9 in Table 1).  

 

The process temperature is important because the product yields are partly 
governed by the gasification temperature. The fuel load was included as a process 
parameter in this study because it can partly control the gasification temperature (in 
combination with λ). Theoretically, from adiabatic equilibrium calculations, the fuel 
load cannot influence the process temperature. However, practically it does have an 
influence because the relative heat loss to the surroundings decreases as the fuel load 
is increased. In other words, different gasification temperatures (within certain limits) 
can be obtained at the same λ depending on the fuel load. Furthermore, varying the 
fuel load is another way of controlling the gasification residence time (in addition to 
the gasification pressure). Beside this, the fuel load also governs the syngas 
production capacity, which is of interest for the commercial plant economy. 

 

Plant performance will be affected by the fuel particle size. Fine fuel particles will 
be rapidly converted in the gasifier and therefore potentially exhibit a higher fuel 
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conversion compared to larger fuel particles. However, the cost for fine fuel powders 
will be higher because of the increased energy demand for milling [38]. Different fuel 
pretreatment methods can be applied to reduce the energy consumption for milling, 
e.g. torrefaction [15]. However the cost of pretreated fuel may be higher. Three 
different fuel particle size distributions of dried stem wood fuel were included in this 
study to investigate whether the fuel conversion was affected by the fuel particle size. 

 

3 Experimental 

3.1 The gasifier 

The Pressurized Entrained flow Biomass Gasification (PEBG) pilot plant has been 
described elsewhere [13] [14] [15]. The information is therefore not repeated here, 
except for a minor reconstruction of the primary quench water spray, aimed at 
improving the conditions for slag flow at the outlet, since blocking can occur [16]. 
The reconstruction was performed during the autumn 2013, after the completion of 
the 2 barA (absolute pressure) experiments. All experiments at 7 barA were then 
conducted with the modified primary quench spray. 

 

3.2 Fuels and operating conditions 

The PEBG pilot plant was operated during daytime and each experimental day 
started with two full and pressurized fuel hoppers and continued until 2-3 operating 
conditions were completed. Prior to the first experimental set-point each day, the 
gasifier was operated at a high λ in order to heat up the reactor refractory lining to the 
desired temperature. This heat-up period coincided with a calibration of the fuel 
feeding rate measurement that was done prior to the 7 barA experiments (further 
described in section 3.4). The experiments were designed according to Table 2. Some 
of the operating conditions were repeated in order to estimate the 
robustness/repeatability of the process and thereby gain an important statistical 
measure for the subsequent evaluation. The standard deviation for each process 
parameter is given in Table 2 for the repeated operating conditions. 

 

Both fuels that were used in this study were commercially available stem wood 
pellets produced from sawdust of pine and spruce. The pellets were manufactured by 
two independent companies, Glommers MiljöEnergi AB (GME) and Stenvalls Trä 
AB (ST). The fuel compositions can be found in Table 3. The fuel pellets were milled 
using a granulator (Rapid Granulator 15 Series) and a hammer mill (MAFA EU-4B) 
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connected in series. Three different sieve sizes were used in the hammer mill in order 
to achieve three different fuel particle size distributions according to the experimental 
plan. The sieve sizes were 0.50 mm, 0.75 mm and 1.50 mm, respectively. The 
resulting particle size distributions after milling were determined by sieving in a 
vibratory sieve shaker (Fritsch Analysette 3). Three representative fuel samples were 
sieved to give the average particle size distribution and a measure of variance. The 
characteristic size distribution numbers d50 and d90 correspond to the mass median 
particle size under which 50 % and 90 % of the distribution lies. The fuel particle size 
distributions produced using 0.50 mm and 0.75 mm hammer mill sieve size were 
rather similar (d50 and d90 approximately 130 and 240 μm, respectively), whereas 
1.50 mm hammer mill sieve size resulted in greater proportion of large particles (d50 
and d90 approximately 180 and 410 μm, respectively). 

 

Each operating condition described in this work was operated for at least 2 hours 
before the final samples were taken, since an earlier study showed that approximately 
2 hours was required to accomplish 90 % of any considerable temperature change 
[14]. If the gasifier was operated for additional time after this point, there would be a 
small change in process temperature while the change in gas composition was almost 
impossible to detect with the gas analysis instrumentation. Hence, it is expected that 
with this method there is a small error in the temperature compared to the absolute 
equilibrium conditions but the error in gas composition is close to the detection limit 
of the instrumentation. According to statistical evaluation of the experimentally 
determined process temperatures, the measured process temperatures were within 
approximately 40 °C (95 % confidence interval) from the average process 
temperature value for the given operating condition. 

 

3.3 Gas sampling 

A small slip stream of the syngas was sampled from the syngas pipe after the 
quench. This means that the sampled syngas was cold (approximately 40-90 °C) and 
saturated with steam. Hence, there is a possibility that the sampled syngas was 
different from the syngas exiting the reactor due to further reactions downstream. 
However, from the work of Wiinikka et al. [30], it is known that if the quench 
cooling is fast enough the hot gas composition is in practice conserved through the 
quench. Hence, since the cooling is fast in the present case it is expected that the 
difference in dry gas composition between the cold syngas and the syngas at the exit 
of the gasifier is negligible. The syngas in this work was continuously analyzed by a 
micro GC (Varian 490 GC with molecular sieve 5A and PoraPlot U columns). The 
micro GC logged He, H2, N2, O2, CO, CO2, CH4, C2H4, and C2H2 concentrations 
every 4 minutes. In addition to this, the syngas was sampled using 10 dm3 foil gas 
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sample bags, which were analyzed with two gas chromatographs (Varian CP-3800) 
equipped with two thermal conductivity detectors (TCD) for detection of H2, CO, 
CO2, N2, O2, C2H6, C2H4 and C2H2. A flame ionization detector (FID) was used for 
benzene (C6H6). 

 

3.4 Mass and energy balance 

In this work, a trace flow of He was introduced to the gasifier to allow for mass 
balance calculations. The fuel feeding rate was determined by calibrating the 
mechanical fuel feeder prior to each experimental day. Two separate methods were 
used in this work based on the following principles; 1) atmospheric weighing (as 
previously described in [13]) or 2) pressurized combustion, which is a new method 
that was developed in this work. 

 

Initial experiments at higher process pressures (>2 barA) showed that the fuel 
feeding rate was significantly different compared to the feeding rate determined by 
the weighing method at atmospheric pressure. It was concluded that the reason for the 
deviation was that the biomass powder properties changed when the fuel hoppers 
were closed and filled with inert gas for equilibration with the gasifier pressure. 
Therefore, an alternative fuel feeding rate calibration, which could be done with 
pressurized fuel hoppers, was developed for experiments performed above 2 barA. In 
this method the gasification reactor was operated at slightly over-stoichiometric 
combustion (λ~1.25) so that the fuel conversion was maximized. By measuring the 
molar flow rate of flue gas from the reactor (by using He as a tracer element for the 
flue mass flow rate, as described above) and by assuming complete carbon 
conversion and good combustion (i.e. all the carbon atoms from the fuel ends up as 
CO2 or CO in the flue gas) it is possible to calculate the fuel feeding rate based on the 
fuel elemental analysis. The calculations also consider the amount of CO2 that may 
be dissolved in the quench water by applying Henry’s law. The Henry’s law 
constants at different quench water temperature were derived from the correlation 
defined by Carroll et al. [39]. The fraction of carbon dissolved as CO2 in the quench 
water was in all cases below 2 %. The pressurized combustion calibration method 
was applied at the same pressure as the subsequent gasification experiments (i.e. 7 
barA in this work). Oxygen enriched combustion (~40 % O2) was applied in order to 
achieve high reactor temperatures >1300 °C to ensure complete carbon conversion. 
The low CO concentration in the flue gas (<400 ppm) and the absence of other 
hydrocarbons as measured by the micro GC indicated that the combustion was 
efficient and thereby that the assumption of complete carbon conversion was 
reasonable. 
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In the gasification experiments, the carbon conversion (Cconv) was used as a 
measure for the fuel conversion. The Cconv was calculated as the ratio of carbon atoms 
in the syngas (mol/s) over the amount of input carbon atoms from the corresponding 
fuel (mol/s) as previously defined by Weiland et al. [13], [15]. The carbon mass 
balance also included the solids captured in the quench water. The particulate matter 
(soot, ash, char and tar) in the outlet quench water was conservatively estimated to 
consist of pure carbon (C(s)). With the He-trace method described above, the C mass 
balance could be closed to unity with a standard deviation of 0.04, whereas the H and 
O mass balances could be closed to unity with a standard deviation of 0.02. 

 

The energy input to the process was calculated using the fuel HHV and the sensible 
heat of the fuel and the ingoing gases (O2 and N2). The energy output from the 
gasifier was calculated as the sum of the syngas HHV, the syngas sensible heat, the 
latent heat of the syngas steam, the quench water sensible heat, the cooling water 
sensible heat (to burner and camera probe) and finally the heat losses by radiation and 
convection to the surroundings. In some of the experiments, the gasifier failed to 
reach all the way to thermal equilibrium due to the short experimental time of 2 hours 
(2 hours was required to accomplish approximately 90 % of the temperature change 
as discussed in section 3.2). The energy balance was, therefore, more difficult to 
close because of the transient conditions of the gasifier. The heat up (or cool down) 
of the reactor mass was not included in the energy balance calculations. Nevertheless, 
the energy balance could be closed to 0.96 with a standard deviation of 0.05. 

 

4 Results and discussions 

4.1 Influence of parameter variations on process temperature and syngas yields 

The measured process temperatures are shown in Figure 3. It can be seen that an 
increase in λ of about 0.1 results in a temperature increase between 150 and 200 °C. 
The energy losses from the PEBG gasifier to the surroundings, through radiation and 
natural convection, can be considered as relatively constant within the tested range of 
gasifier temperatures of this work. In other words, the heat loss contribution to the 
total heat balance became smaller as the fuel load increased. Therefore, experiments 
at the same λ resulted in different process temperatures inside the gasifier as a 
function of the fuel load (Figure 3). A higher process temperature was obtained at a 
higher fuel load. 
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The yield of the major syngas components (CO, H2 and CO2) and CH4 as a function 
of λ, fuel load and system pressure is shown in Figure 4. The theoretical curves for 
the two pressures, assuming adiabatic thermodynamic equilibrium and when 5 % heat 
losses are accounted for, are shown in the graphs for comparison. The experimentally 
determined syngas yield of CO reached a maximum at λ 0.425, corresponding to a 
process temperature of approximately 1400 °C (at 400-600 kW). At lower λ (below 
0.425) the process temperature becomes lower and the CH4 yield becomes 
significant. Contrary, at λ above 0.425 a larger fraction of the carbon is bound as 
CO2. The CH4 is in most cases an unwanted compound when the syngas is intended 
for synthesis of chemicals and fuels. The combination of high fuel load and 
optimized λ, aiming for process temperatures around approximately 1400 °C, would 
provide an improved syngas quality with CH4 below 1 mol-% (on a dry and N2 free 
basis). This is in accordance to what was found by Qin et al. [11] [40]. 

 

Compared to the yields predicted by adiabatic thermodynamic equilibrium (Figure 
4), the experimental yield of CO was lower, whereas the yields of CO2, CH4 were 
higher. Comparing against the adiabatic line for H2, the experimental yield was lower 
when the gasifier was operated at λ below 0.425 and slightly higher than the yield 
predicted by equilibrium when the gasifier was operated at λ above 0.425. Thus, the 
process cannot be described by adiabatic equilibrium, especially not since the heat 
losses to the surroundings were estimated to be 5-10 % of the fuel load. When 
accounting for 5 % heat loss in the thermodynamic equilibrium calculations, the 
predicted gasification temperature becomes lower than the adiabatic temperature. At 
any given λ, the syngas yields of CO2 and CH4 increase as a result of the reduced 
gasification temperature while the yield of CO decreases (compare the adiabatic lines 
with the lines representing 5 % heat loss in Figure 4). This means an improved 
conformity between the predicted yields (at 5 % heat loss) and the experimental 
yields, even though it is not a perfect match. The remaining differences between 
predicted- and experimental yields are probably due to insufficient residence time in 
the reactor to allow the gas composition to reach equilibrium. However, by 
accounting for the heat loss, the the syngas yields predicted by thermodynamic 
equilibrium are substantially improved. 

 

According to the equilibrium calculations a process pressure change within the 
range 2-7 barA does not have any significant influence on the syngas composition 
within the range 0.35<λ<0.50, whereas the equilibrium lines deviate from each other 
at λ below 0.35 (see the theoretical lines in Figure 4). However, the experimental 
yields of major syngas components measured at 2 barA and 7 barA were significantly 
different over the entire range of tested λ values (Figure 4). At the higher pressure, 
the reactions have more time to approach equilibrium and this may have influenced 
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the syngas composition. In addition to this, there are a couple of experimental 
uncertainties caused by 1) differences in primary quench water spray pattern inside 
the quench tube resulting in different cooling rates for the two cases. This may have 
shifted the syngas composition as further described below; and 2) the fuel feeding 
rate (indirectly affected by the system pressure as discussed in section 3.4).  

 

The fuel feeding rate and the λ during gasification at 7 barA was assumed to be 
correct because of the improved fuel feeding calibration method. However, there is 
some uncertainty whether the fuel feeding rate was accurately estimated for 2 barA 
experiments (by the atmospheric calibration method). This leads to a corresponding 
uncertainty in the calculation of λ. The fuel feeding rate at the 2 barA experiments 
may have been up to 5 % higher than expected, which means that the experimental 2 
barA curves in Figure 4 should perhaps be slightly shifted towards lower λ in the 
graph. 

 

Furthermore, the quench spray modification for the 7 barA case resulted in a lower 
cooling rate of the syngas at the reactor outlet. Wiinikka et al. [30] found that the 
primary spray flow rate in the quench of a black liquor gasifier affected the final 
syngas composition, which was either preserved (at high cooling rate) or shifted 
towards higher concentration of H2 and CO2 (at low cooling rates). The reason was 
attributed to the water gas shift equilibrium reaction (R6 in Table 1) where a high 
cooling rate was believed to reduce the temperature fast enough to freeze the gas 
composition from the hot reactor. A lower cooling rate, on the other hand, was 
believed to result in sufficiently slow cooling after the primary spray to permit the 
equilibrium reaction (R6) to be shifted towards more CO2 and H2 (while consuming 
CO) compared to the true syngas composition inside the reactor. The reconstruction 
of the quench water spray in the present work, with lower cooling rate of the syngas, 
may therefore have shifted the final syngas composition after the quench similarly to 
Wiinikka et al. [30]. As a result, the syngas yield of CO may be lower than the true 
syngas yield from the reactor, whereas the yields of H2 and CO2 most likely are 
higher. 

 

The syngas amount of CH4 should be minimized if synthetic motor fuels or 
chemicals are the desired end products. The other components must be adjusted 
according to the specifications required for the downstream synthesis process. The 
H2/CO ratio, the stoichiometric number (H2-CO2)/(CO+CO2) and the 
H2/(2CO+3CO2) ratio from the conducted experiments decreased with increasing λ, 
see Figure 5. The syngas H2/CO ratio from gasification of the dry wood powder used 
in this work was rather similar to the H2/CO ratio reported from oxygen blown 
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gasification of dry coal [41]. Additional water to the gasification process, either as 
steam or as fuel moisture, would shift the syngas composition towards higher H2/CO 
ratio. Gong et al. [41], reported syngas compositions from slurry feed coal 
gasification corresponding to a H2/CO ratio of approximately 0.8. The syngas 
composition from entrained flow gasification of black liquor (approximately 30 % 
fuel moisture) corresponds to a H2/CO ratio of about 1.2 [42]. This means that the 
syngas composition from all feedstock must be shifted towards increased amount of 
H2. Additionally, part of the CO2 must in most cases be removed prior to fuel 
synthesis. 

 

4.2 Influence of process parameter variation on the carbon conversion and the 
cold gas efficiency 

Several parameters, including the process temperature, influence the Cconv during 
gasification. The calculated Cconv was 1.00 0.04 (average  standard deviation) for 
the experiments performed within the range 0.35<λ<0.50. The particulate matter 
captured in the quench water corresponded to less than 0.5 % of the total carbon input 
for operating conditions within the range 0.35<λ<0.50. However, the Cconv was 
significantly reduced to approximately 0.95 and 0.80 when the gasifier was operated 
at λ=0.30 and λ=0.25, respectively. This was due to incomplete char gasification and 
the production of soot. The equilibrium calculations also suggested that solid carbon 
was thermodynamically stable at λ below 0.27 assuming adiabatic process condition 
and at λ below 0.31 if 5 % heat loss was accounted for in the calculation. 

 

It was not possible to find any statistically significant effect on the Cconv in this 
work, neither from the residence time nor from the fuel particle size. Moreover, no 
adverse effects of reduced char reactivity, due to the increased partial pressure of CO 
and H2, could be seen when increasing the gasification pressure. However, it is a 
positive feature that the gasifier yields almost complete carbon conversion within a 
wide range of process parameters. On the other hand, it would be of interest to 
determine the upper limit of the fuel particle size that will still result in complete 
carbon conversion. With this knowledge the energy consumption from milling of the 
fuel can be minimized. 

 

The experimentally determined values of CGEpower were within the range 0.57-0.76, 
with the highest efficiency at λ=0.30 (Figure 6A). Combustion of the energetic gases 
reduced the CGEpower at λ above 0.30, whereas the poor Cconv was responsible for the 
CGEpower reduction at λ below 0.30. The difference between CGEpower and CGEfuel can 
be attributed mainly to the yield of CH4 (the syngas composition of other larger 
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energetic gases such as C2H2, C2H4 or C2H6 was low). In other words, the CGEpower 
increase below λ=0.4 was mainly a result of an increased yield of CH4 in the syngas. 
The CGEfuel exhibited an experimentally determined maximum of 0.71 when the 
process was operated at λ=0.35 (600 kW, 7 barA). The CGEfuel curve proved to be 
rather flat around the maximum value, meaning that a broad range of λ results in 
approximately constant CGEfuel. This result suggests that it is possible to operate the 
gasifier at an elevated λ without too much negative affect on the CGEfuel. An elevated 
λ will result in a higher gasification temperature, which improves the syngas quality 
due to the faster conversion of CH4. 

 

4.3 Correlations against process temperature and other parameters 

The syngas concentration of CH4 showed a clear correlation to the process 
temperature (see Figure 7). A higher process temperature enhanced the conversion of 
CH4. A similar effect was observed by Qin et al. [11], [40] in an allothermal 
laboratory scale drop tube reactor, where the stoichiometry and reactor temperature 
could be set independently. The process temperature inside the autothermal PEBG 
gasifier, studied in this work, is a direct effect of λ since autothermal gasifiers are 
heated by the exothermic reactions inside the gasifier itself. Thus, it was not possible 
to control the λ and the process temperature completely independent from each other. 
The observed effect on the CH4 yield can, therefore, be attributed to temperature as 
well as stoichiometry. As discussed in section 4.1, a fuel load increase could 
compensate for the temperature drop otherwise caused by a λ reduction. Two adjacent 
data points (similar temperatures) in Figure 7 can therefore originate from different 
stoichiometry, as highlighted in the graph. The temperature, therefore, seemed to 
have a greater influence on the CH4 concentration than the stoichiometry (λ). 

 

According to the thermodynamic equilibrium, the CH4 yield from gasification is 
affected by the process pressure such that a higher pressure shifts the equilibrium 
reactions towards increased yield of CH4. Unlike the theory, the experimental data 
from 2 barA and 7 barA in Figure 7 collapse on the same imaginary curve, with no 
apparent difference between the two pressures. However, the CH4 yield from the 
experiments did not reach equilibrium (Figure 4), not even after a plug flow residence 
time of 7-20 sec during the 7 barA experiments. The shorter residence time at 2 barA 
(3-10 sec) may have resulted in a CH4 concentration that was even further from 
equilibrium. This can possibly explain why the CH4 data points from the two 
pressures seem to follow the same trend line in Figure 7. 
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The benzene (C6H6) concentrations plotted against the measured process 
temperature (Figure 8) show a similar trend as the CH4. Also for C6H6, the 
temperature seems to be of greater importance than the stoichiometry. To improve the 
syngas quality by reducing the amounts of CH4 and C6H6 below 1 mol-% and 100 
ppm on a dry N2  free basis, respectively, it was necessary operate the gasifier above 
1400 °C (see Figure 7 and Figure 8). 

 

4.4 Practical implications 

In this work it was found that thermodynamic equilibrium is a simple tool to use for 
the researcher aiming to roughly predict syngas yields and to study the behavior of 
the gasification process, especially when heat losses were included in the 
calculations. However, the residence time inside an entrained flow gasifier is in most 
cases too short for the gas to reach equilibrium, especially for CH4 for which the 
conversion is shown to be kinetically limited (e.g. [33], [34], [35]). There is an 
opportunity to perform better predictions of the gasification process by computational 
fluid dynamics (CFD) software with applied reaction kinetics modelling. 

 

The results of this work show the importance of minimizing the heat loss from the 
gasifier in order to maximize the CGE and improve the gas quality. This implies that 
gasifiers with ceramic lining and good insulation against the surroundings probably 
are more efficient than gasifiers with cooling screens, where the heat loss to the 
cooling screen can be significant. 

 

Depending on the fuel ash melting temperature, the gasifier may need to be 
operated at an elevated λ to reach a temperature high enough for an effective slag 
removal from the gasifier. Addition of a fluxing agent can decrease the ash melting 
temperature and, therefore, be an alternative for effective slag removal. Addition of a 
fluxing agent which causes a melting temperature decrease in the order of 100 °C 
would imply that the gasifier potentially can be operated at a λ that is approximately 
0.05 units lower compared to the λ required without fluxing agent. Consequently, the 
CGEpower can potentially increase 0.02-0.06 units depending on where in the λ-range 
the process is operated (see Figure 6A). 

 

Finally, the experimentally determined yields of unwanted products, such as C6H6, 
from entrained flow gasification of wood powder can hopefully be valuable for the 
plant designers in order to determine a proper level of required gas cleaning. 
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5 Conclusions 

The main conclusions from this work are summarized below; 

 This work showed how the process temperature, the syngas yield, the fuel 
conversion and the process efficiency were affected by systematic variation 
of four different process parameters. It was found that the process parameters 
relative order of importance was: λ > fuel load > system pressure > fuel 
particle size distribution. 

 The maximum cold gas efficiency CGEpower (which takes the heating value of 
all combustible species in the syngas into account) was experimentally 
determined to 0.76 at λ=0.30 (600 kW fuel load), whereas the maximum 
CGEfuel (which takes only the heating value of CO and H2 into account and 
neglects the heating value of CH4 and other hydrocarbons in the syngas) was 
experimentally determined to 0.71 at λ=0.35 (600 kW fuel load). 

 There was a significant reduction in the carbon conversion when the gasifier 
was operated at λ below 0.30. 

 The yield of CH4 was strongly affected by the process temperature. A process 
temperature above 1400 °C was required to reach a concentration of CH4 in 
the syngas below 1 mol-% on a dry and N2 free basis. 

 Simple calculations assuming thermodynamic equilibrium can be used for 
approximate prediction of the general behavior of the gasification process, 
such as the yield of the major gas components and the CGEs, especially 
when heat losses were accounted for. However, the poor agreement with 
experiments for CH4 shows that the experimental entrained flow gasifier is a 
non-equilibrium process. 
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6 Tables 

 

Table 1 Main global chemical reactions in the gasifier 

Reaction 
Heat of reaction, 

ΔHr No 

CxHyOz → CO, CO2, CH4, H2, H2O, CaHbOc, C(s)  R1 

   

H2 + ½O2  H2O -242 kJ/mol R2 

CO + ½O2  CO2 -283 kJ/mol R3 

CH4 + ½O2  CO + 2H2 -36 kJ/mol R4 

CH4 + 2O2  CO2 + 2H2O -803 kJ/mol R5 

   

CO + H2O  CO2 + H2 -41 kJ/mol R6 

CH4 + H2O  CO + 3H2 +206 kJ/mol R7 

   

C(s) + CO2 ⇌ 2CO +172 kJ/mol R8 

C(s) + H2O  H2 + CO +131 kJ/mol R9 

C(s) + 2H2  CH4 -75 kJ/mol R10 

C(s) + O2  CO2 -394 kJ/mol R11 

C(s) + ½O2  CO -111 kJ/mol R12 
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Table 2 Set-point conditions for each experimental run. Standard deviations for each 
process parameter are given for the repeated set-points. All experiments at 2 barA were 
performed using the GME-fuel, whereas all experiments at 7 barA were performed using the 
ST-fuel, see Table 3. 

Run λ 

Pres-

sure 

Fuel 

load 

Fuel 

particle 

size, d50 O2 feed N2 feed 

O2 

conc. in 

burner 

Quench 

water 

levela) 

Plug-flow 

residence 

time 

Unit - barA kW μm kg/h kg/h mol-% % sec 

1 0.345 2.0 211 125 19.1 7.7 100 44 8.9 

2 0.419 2.0 211 125 23.5 7.7 100 44 7.9 

3 0.494 2.0 211 125 27.7 7.2 100 45 8.0 

4 0.347 2.0 421 125 38.8 9.2 100 44 4.2 

5 0.422 2.0 421 125 47.5 10.2 100 45 3.6 

6 0.497 2.0 421 125 55.6 11.5 100 45 3.3 

7 0.344 2.0 211 130 19.1 6.5 100 44 10.1 

8 0.419 0.001 2.0 0.0 211 1 130 23.1 0.1 7.0 0.6 99 1 45 1 9.1 0.3 

9 0.494 0.005 2.0 0.0 211 1 130 27.5 0.3 8.5 1.4 89 13 45 1 8.1 0.4 

10 0.347 2.0 421 130 38.8 9.0 100 44 4.2 

11 0.421 0.000 2.0 0.0 421 1 130 47.0 0.1 10 0.2 100 0 45 1 3.9 0.3 

12 0.512 0.023 2.0 0.0 421 1 130 57.4 2.5 11.3 0.5 99 2 45 1 3.6 0.1 

13 0.344 2.0 211 180 19.1 7.3 100 45 9.6 

14 0.419 2.0 211 180 23.2 7.3 100 45 8.6 

15 0.494 2.0 211 180 27.6 7.2 100 45 8.2 

16 0.347 2.0 421 180 38.8 8.7 100 45 4.2 

17 0.421 2.0 421 180 47.0 10.4 100 45 3.7 

18 0.496 2.0 421 180 55.6 11.7 100 45 3.5 

19 0.247 7.0 409 140 27.6 17.8 100 44 20.3 

20 0.297 7.0 409 140 32.9 7.3 100 44 17.9 

21 0.347 7.0 409 140 38.6 12.3 100 44 16.0 

22 0.422 0.009 7.0 0.0 410 2 140 46.5 1.0 11.5 0.4 97 4 44 1 13.9 2.7 

23 0.496 0.009 7.0 0.0 410 2 140 54.7 1.0 12.3 0.8 100 1 44 1 13.4 2.3 

24 0.248 7.0 613 140 41.3 19.2 100 44 13.3 

25 0.297 7.0 613 140 49.6 7.3 99 44 10.9 

26 0.348 7.0 613 140 58.3 13.8 100 44 8.8 

27 0.422 7.0 613 140 71.0 13.0 100 44 7.6 

28 0.464 7.0 604 140 76.8 16.6 98 44 7.5 
a) Bubbling quench if the quench water level is above 40 %. 
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Table 3: Proximate and ultimate analysis of the fuels. 

Fuel GME ST 

Proximate analysis (wt % as received)   

Volatile 76.9 77.9 

Fixed C 16.0 14.0 

Moisture 6.7 7.7 

Ash 0.34 0.34 

Ultimate analysis (wt % dry)   

C 50.8 51.3 

H 6.2 6.4 

N <0.10 <0.10 

Cl <0.01 <0.02 

S <0.01 0.02 

O (by difference) 42.5 41.8 

Lower Heating Value (MJ/kg dry) 19.6 19.5 

Major ash components (mg/kg)   

Si 158 28 

Al 45 12 

Ca 585 979 

Fe 23 8 

K 305 389 

Mg 190 149 

Mn 88 91 

Na 25 40 

P 33 34 

Zn 11 7 
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7 Figures 

 
Figure 1 Schematic overview of the reactor and the main processes involved during 

gasification. 
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Figure 2 Results from adiabatic thermodynamic equilibrium calculations for stem wood 

powder at 7 barA. 

  

0.0 0.2 0.4 0.6 0.8 1.0 1.2 1.4

Pr
od

uc
t y

ie
ld

 (m
ol

/k
g 

fu
el

)

0

5

10

15

20

25

30

35

C(s)

CH4(g)

CO(g)

CO2(g)

H2O(g)

H2(g)
O2(g)

OH(g)

0.0 0.2 0.4 0.6 0.8 1.0 1.2 1.4

Te
m

pe
ra

tu
re

 (°
C

)

500

1000

1500

2000

2500

3000

C
G

E

0.0

0.2

0.4

0.6

0.8

1.0
CGEpower

CGEfuel

Temperature



29 

 

 
Figure 3 The effect of λ on the process temperature at different operating conditions of the 

gasifier. 
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Figure 4 Effect of λ, gasification pressure and fuel load on the yields (mol/kg fuel) of major 
syngas components; CO, CO2, H2 and CH4. The thermodynamic equilibrium lines for the two 
pressures, both from adiabatic conditions and when 5 % heat losses are accounted for, are 
included for comparison. 
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A) B) 

  

C)  

 

 

Figure 5 A) H2/CO ratio, B) (H2-CO2)/(CO+CO2) ratio and C) H2/(2CO+3CO2) ratio for the 
experiments and from thermodynamic equilibrium with 5 % heat loss included in the 
calculations. 
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A) B) 

  
Figure 6 A) CGEpower and B) CGEfuel for different operating conditions of the gasifier. 
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Figure 7 CH4 concentration as a function of process temperature. The CH4 concentration 

was strongly correlated to the process temperature and less affected by the stoichiometry (λ), 
here exemplified by the 2 barA experiments in the graph, where two adjacent experimental 
points can originate from different λ in the gasifier. Note that the highlighting applies to all 
experiments within the clusters of adjacent 3-5 data points. 
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Figure 8 The relation between C6H6 and process temperature at different operating 
conditions in the gasifier. 
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In thiswork, four different fuelswere gasified in a pressurized entrainedflowpilot plant gasifier at approximately
270 kWth. The different fuels were; two torrefied wood residues, one raw wood residue and one torrefied stem
wood. The system pressure and oxygen equivalence ratio (λ) were held constant for all four gasification exper-
iments. It was found that the torrefaction pretreatment significantly reduced themilling energy consumption for
fuel size reduction, which in turn contributed to increased gasification plant efficiency. Furthermore, the results
indicate that the carbon conversion efficiency may be enhanced by an intermediate torrefaction pretreatment,
whereas both less severe torrefaction and more severe torrefaction resulted in reduced carbon conversions.
The results also indicate that the CH4 yield was significantly reduced for the most severely torrefied fuel.

© 2014 Elsevier B.V. All rights reserved.

1. Introduction

Large-scale, pressurized entrained flow gasification (PEFG) of fossil
coal has proven industrially preferable in terms of cost-efficiently pro-
ducing a clean product gas, essentially free from products of incomplete
gasification such as char, soot, tars and other lower molecular weight
hydrocarbons (e.g. CH4, C2H2) [1]. This high conversion efficiency as
well as the inherent fuel flexibility are two major advantages of the
PEFG-process. There are enough coal based installations around the
world, 96 (2010), demonstrating the economic viability of the PEFG
process [2]. Global coal based installations are consequently continu-
ously increasingwith themajority of the present PEFG projects general-
ly aimed for either power production, petrochemicals or liquid fuel
production in China and in the US [2].

A number of studies have also identified PEFG as one of the most
promising technologies for large-scale biomass conversion to higher-
value energy carriers, liquid fuels and petrochemicals, e.g. [3–5]. Quite
few practical PEFG test campaigns have however so far been performed
for biomass rawmaterials at pilot- or commercial scale. Pilot scale PEFG
experiments with solid biomass are to our knowledge limited to
the studies performed by Weiland et.al, where gasification of stem
wood and bark mixtures were gasified at approximately 200 kW scale

[6,7]. In addition to this, Wolters et al. and Padban described occasional
trials of co-firing coal and biomass in a 250 MWe IGCC plant in
Buggenum [8,9]. In the study of Padban, torrefiedbiomass corresponded
to approximately 70% of the fuel mixture on energy basis. One reason
for this limited experience is that biomass powder is generally consid-
ered difficult and problematic in terms of feeding [10,11] and ash be-
havior [5,12].

Compared to fossil coal powder, the use of powder from traditional
biomass materials may result in increased tar formation and methane
production due to lower flame temperature primarily because of
the lower heating value of the biomass. Furthermore, production of
powder from traditional biomass often needs expensive equipment
adoptions or reconstruction of existing coal handling and powder
production equipment. Some kind of biomass pretreatment would
therefore be desirable to facilitate the use of commercially available,
lower cost and proven handling equipment either in the coal PEFG-
train with no or minor adaptations, or in new biomass based
installations.

Torrefaction has been identified as such a (promising) thermal pre-
treatment method to potentially facilitate large-scale cost-efficient
PEFG of biomass. By exposing the biomass to temperatures in the region
of 230–350 °C during 1 to 60 min, a number of critical material proper-
ties are significantly improved to the benefit of subsequent conversion
[13]. During the process, biomass is degraded and volatiles are released
as torrefaction gas, decreasing the oxygen content and increasing the
carbon content of the biomass material. These changes also improve
the heating value and friability (i.e. also powder size distribution after
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milling) of the biomass material, and thus potentially influencing both
gasification process chemistry and the efficiencies of the process.
Furthermore, the fuel particles may become more spherical, making it
more easily to feed in pneumatic systems.

Because of the generally improved characteristics of torrefied and
compacted biomass materials, the whole supply chain of raw material
handling, storage and transportation is significantly improved; costs
and carbon footprints are reduced as exemplified by for example Uslu
et al. and Svanberg et al. [14,15]. Comparing different pretreatment
methods and supply systems for biomass feeding of large-scale PEFG
plants it has been concluded that a feedstock based on torrefied mate-
rials to be the preferable route for introducing biomass to PEFG systems
already developed and available for coal [3,16,17]. Another important
aspect in favor for biomass pretreatment by torrefaction is the signifi-
cant variations in market conditions and thereby economy of a large-
scale gasification plant as a result of varying feedstock, CO2 credit and
electricity prices. Meerman et al. stressed the importance of flexible
feedstock operation, i.e. industrial systems facilitating straightforward
switching between coal and torrefied biomass, depending on varying
economic and raw material prerequisites [18–20]. A green coal in the
form of torrefied biomass materials would facilitate this flexibility
since the existing coal feeding system can be used for the torrefied
materials while traditional biomass requires a dedicated fuel feeding
system [19].

The changes imposed on the biomass during torrefaction may how-
ever also result in reduced performance in the PEFG process as volatile
matter is decreased and reactivity changed. The process chemistry and
behavior of the fuel particles are significantly influenced by the volatile
content, particle size distribution and morphology, where the reduced
volatile content could decrease reactivity but the smaller particle sizes
instead increase the conversion rate during gasification. It should
however be stated that the higher reactivity of biomass may in fact
allow less requirements on size reduction than what is experienced
with coal and also facilitating sufficiently high gasification efficiency at
a somewhat lower temperature.

In the work by Couhert et al. [21], atmospheric steam gasification of
beech wood and torrefied beech wood was studied in a lab-scale drop-
tube furnace at 1200 °C and 1400 °C. It was found that the amounts of
residual carbon (char that was not gasified by steam) were higher for
the torrefied wood fuels compared to the original beech wood at
1200 °C. This indicates a reduction in fuel conversion efficiency for the
torrefied fuels by gasification with steam. However, Chen et al. [22]
found that the torrefaction temperature affected the cold gas efficiency
(CGE) of their experiments with sawdust performed at 1200 °C in a
drop-tube furnace using O2 as the gasification agent. They found an op-
timum in CGE (i.e. also fuel conversion) at a torrefaction temperature of
approximately 250 °C, whereas both less severe torrefaction and more
severe torrefaction pretreatments resulted in lower CGE. This result
was attributed to the measured pore structure of the fuels, where the
sawdust torrefied at 250 °C had the largest specific area and smallest
pore size.

Based on the experimental results from the drop-tube experiments
described above [21,22], there is an indication that severely torrefied
fuels may result in reduced carbon conversion efficiency from gasifica-
tion. However, the drop-tube results were both obtained with con-
trolled fuel particle size distributions (by sieving) under allothermal
conditions at fixed gasification temperatures in lab-scale (b2 kW). In
the present work we compare the operation of an autothermal pressur-
ized entrained flow pilot-scale gasifier (approximately 270 kW) using a
reference wood powder and different torrefied materials. The primary
objective was to (1) study the effect of torrefaction on the fuel carbon
conversion efficiency and (2) study how the syngas content of CH4 is
affected by the torrefaction pretreatment. This is an important factor if
the syngas is intended for catalytic conversion to synthetic motor
fuels, or chemicals, since the CH4 often is inert through the synthesis
plant and therefore only accounts as losses.

The secondary, more general, objectives of the present work was to;
(3) evaluate the feasibility of feeding and operating the gasifier on
torrefied biomass powder and (4) evaluate if the torrefaction would
significantly change gasification plant performance.

2. Materials and methods

2.1. General description of the pilot plant

The Pressurized Entrained flow Biomass Gasification (PEBG) pilot
plant, situated at Energy Technology Centre (ETC) in Piteå, Sweden,
was designed to operate in slagging mode with process temperatures
ranging between 1200 and 1500 °C. The pilot plant is described in detail
byWeiland et al. [6] and therefore only a brief description is given here.
A schematic process flow diagram is shown in Fig. 1. The PEBG gasifier
consists of a ceramic lined reactor followed by a bubbling 2-level
water sprayed quench for syngas cooling and smelt/particle separation.
The process temperature inside the reactor is measured by five thermo-
couples at different locations inside the reactor, placed with the tip co-
incident with the inner reactor wall. One thermocouple was placed at
the top part of the reactor, three thermocouples in the middle part of
the reactor equally separated by 120° and one thermocouple in the bot-
tom part of the reactor.

The fuel powders were prepared by milling the considered fuel ma-
terials in a hammermill. After milling, the fuel powders were pneumat-
ically transported to two fuel hoppers in the feeding system located
above the reactor in the PEBGplant. The twohoppers are operated alter-
nately in order to sustain the process operating pressure. After pressur-
ization of the fuel hoppers, the fuel was transported by the fuel feeding
system and introduced in the top of the reactor. The supplied amount of
O2 used in the gasification process was controlled by a mass flow con-
troller (MFC) and introduced in the top of the reactor via an O2 register
located concentrically outside the fuel entrance of the burner. More-
over, the O2 concentration in the burner O2 register could be altered
by introducing N2 (via a N2 MFC) into the O2 flow. An O2 concentration
of approximately 90 mol% was used in the burner O2 register for the
campaigns described in this work.

A vertically installed electrical heaterwas used to heat up the reactor
ceramics to approximately 1000 °C prior to process start-up. After re-
moving the electrical heater, the powder burner was installed and the
gasification process was started at atmospheric pressure by feeding
the fuel powder and O2 to the reactor. Pressurization of the plant was
then accomplished by gradually closing the pressure control valve on
the syngas outlet until the desired pressure was reached. A general
start-up procedure was to operate the gasification process at a high ox-
ygen equivalence ratio (λ) in order to quickly reach a process tempera-
ture above 1200 °C. Here λ was defined as the ratio between the
supplied O2 and the O2 addition at stoichiometric combustion. After
reaching approximately 1200 °C, the process conditions were adjusted
according to plan. In the case of process shut down, the reactor was
purged with N2 to evacuate all product gases before the process was
restarted.

The water sprays in the quench (Fig. 1) cooled the raw syngas and
other products from the reactor (i.e. gases, particulates and ash/char)
to temperatures below 100 °C. Separated particles in the quench (i.e.
ash or possible char and soot particles) either settled at the bottom of
the quench or in the sedimentation vessel downstream the quench
water outlet. The process pressure was controlled by a pressure control
valve on the syngas outlet pipe (see Fig. 1). A slip stream of the pressure
relieved and cool syngas could be sampled from the outlet syngas pipe.
The produced syngas flowwasflared on top of the building. AN2 purged
and water cooled camera probe was installed in the top of the reactor.
The camerawas a valuable tool for the operators to qualitatively analyze
the gasification flame during operation. For safe process control and au-
tomation, a PLC (Programmable Logic Controller) based control system
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was used, and relevant process valueswere stored in a database for post
processing of the results from the experiments.

2.2. Biomass feedstocks and preparation

Four different fuelswere gasified in thiswork; one rawwood residue
(Raw); two torrefied wood residues (Torr-300 and Torr-340) and one
torrefied stem wood (Torr-demo). The Raw fuel had a slightly different
composition compared to the original biomass of the Torr-300 and Torr-
340 fuels. The Raw biomass consisted of wood residue chips of 45%
hardwood (birch) and 55% softwood (pine), whereas the biomass
feeds for production of Torr-300 and Torr-340 were wood residue
chips consisting of 45% hardwood (birch) and 55% softwood (whereof
35% pine and 20% spruce), according to Table 1. The Torr-300 and
Torr-340 were torrefied in a continuous torrefaction pilot plant, where
the residence time in the torrefaction reactor was set to 4.5 min and
the final torrefaction biomass surface temperatures were 300 °C and
340 °C respectively. Biomass feed for Torr-demo was a mixture of
stem wood chips of Pine and Norway Spruce. Torrefaction of Torr-
demo was performed in a continuous torrefaction demo plant located
in Klintehamn, Gotland, Sweden, with a maximum capacity of 1 tDS/h
utilizing an indirectly flue gas heated rotary drum. The residence time
in the reactor was approximately 45–60 min at a temperature of
245 °C. The wood residues (Raw, Torr-300 and Torr-340) were in the
form of chips when fed to the powder mill, whereas the Torr-demo
was in the form of pellets. Moisture content of the powders prior to
gasification was between 2 and 3%.

Torrefaction settings and fuel properties of the torrefied and the raw
samples are presented in Table 1. The C, H and O compositions of the
Raw fuel were very close to the stemwood reference fuel described ear-
lier by [6]. The C, H and O compositions of the Torr-340 fuel showed
similarities with some brown coal reference fuels described in existing
literature [1,23], whereas the Torr-300 and Torr-demo fuels were
milder torrefied and approaching similar C, H and O compositions as
peat [24].

The four fuels considered in this work weremilled to powders using
a granulator (Rapid Granulator 15 Series) and a hammermill (MAFAEU-
4B) connected in series. The granulator sieve size was 5 mm, whereas

the sieve size in the hammermill was 0.75 mm for all fuels. The milling
power consumption was continuously logged in order to calculate the
milling energy consumption for each fuel. The hammermill power con-
sumptionwasmeasured and logged to thedatabasewith a CarloGavazzi
WM22-DIN Power Analyser instrument, whereas the power consump-
tion of the granulator was measured with a tong ammeter.

Fig. 1. Schematic process flow diagram for the PEBG process.

Table 1
Chemical composition of raw and torrefied fuels.

Gasification feeds

Unit Rawa Torr-300 Torr-340 Torr-demo

Composition
Birch % 45 45 45 0
Pine % 55 35 35 50
Spruce % 0 20 20 50

Torrefaction settings
Time min – 4.5 4.5 45-60
Temperature °C – 300 340 245

Torrefaction results
ηm,daf % 100 80.2 49.2 ~78b

ηE,HHV,daf % 100 86.3 65.1 80.5

Fuel analysis
Moisture contentc % 3.0 2.4 3.1 2.2
LHV MJ/kgDS 19.15 20.57 25.06 20.09
HHVdaf MJ/kgdaf 20.69 22.02 26.53 21.49
Ash %mass,DS 0.9 0.7 1.2 0.5
Volatiles %mass,DS 82.5 78.3 56.8 76.7
Fixed carbon %mass,DS 16.6 21.0 42.0 22.8
C %mass,DS 50.9 54.4 65.4 53.1
H %mass,DS 6.2 6.0 5.3 5.9
N %mass,DS 0.2 0.2 0.3 0.1
O %mass,DS 41.8 38.7 27.8 40.4
S %mass,DS 0.02 b0.01 b0.01 b0.01
Cl %mass,DS b0.01 b0.01 b0.01 b0.02

a Similar, but not exactly the same as the original biomass for the Torr-300 and Torr-340
fuels.

b Approximated value.
c Moisture content of feed prior to gasification (pulverized fuels).
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Representative samples from each fuel powder were studied in a
light microscope (Zeiss Stemi 2000-C equipped with a digital camera
for imaging).

2.3. Gasification experiments

The aim was to evaluate the four different fuels at similar operating
conditions in the gasification process. In this work, it was decided to
keep the thermal power, the system pressure and the oxygen equiva-
lence ratio (λ) constant for the four campaigns. In Table 2 the main
experimental settings for the performed gasification experiments are
presented.

2.3.1. Gas sampling
Syngas sampling was performed by letting a small slip stream of the

produced syngas flow from the outlet syngas pipe (after the pressure
control valve) through a particulate removal equipment and a water
cooled condenser. The dried syngas was then analyzed consecutively
by a micro-GC (Micro Gas Chromatograph Varian 490 GC with Molecu-
lar sieve 5A and PoraPlot U columns equipped with two thermal con-
ductivity detectors, TCD).

2.3.2. Mass and energy balances — definitions
The total syngas flow was not measured directly. Instead, N2 was

used as a tracer making it possible to calculate the total mass flow of
dry syngas from the N2 concentration in the syngas. This is possible
under the assumption that the added amount of N2 ends up in the syn-
gas and that the trace gas (N2) is inert, i.e. does not transform into other
compounds.

The carbon conversionwas calculated as the ratio of carbon atoms in
the syngas (mol/s) over the amount of input carbon atoms from the
corresponding fuel (mol/s) as previously described by Weiland et al.
[6]. This is however different from the general definition of carbon con-
version, where the definition is based on the difference between input
carbon atoms from the fuel and the output carbon atoms in the gasifica-
tion residue [1]. There is a potential difference between the carbon
conversions calculated with these two different definitions, where the
former definition (used in this work) being the most conservative.

The lower heating value (LHV) of the syngas was calculated as the
sum of each component's contribution to the heating value according to:

LHVsyngas ¼
1

100
�
X

i

ci � LHVi; ð1Þ

where the components iwere H2, CO, CH4, C2H4 and C2H2.

The Cold Gas Efficiency (CGE) was defined as the ratio between the
energy in the produced cooled syngas and the energy input from the
corresponding fuel according to:

CGE ¼ṁsyngas � LHVsyngas

ṁfuel � LHVfuel
; ð2Þ

where ṁ represents the mass flow (kg/s) of fuel and syngas
(subscripted), respectively. LHV represents the lower heating value
(MJ/kg) for fuel and syngas (subscripted), respectively. Two different
Cold Gas Efficiencies (CGEs) were calculated for the process: CGEpower

was based on LHVsyngas using all the combustible gas species in the cal-
culation. CGEfuel was based on LHVsyngas using only CO and H2 concen-
trations in the calculation. The CGEpower is a representative measure
for the gasification efficiency if the syngas is intended for power produc-
tion, whereas CGEfuel is considered as a better measure if the syngas is
intended for synthetic fuel production, where CO and H2 are the only
important gas species.

Power consumption for fuel size reduction can be significant for
entrainedflowbiomass gasification processes. The total plant efficiency,
ηplant, taking the power consumption for milling into account, is of great
importance for commercial applications. The electrical power used for
milling can be generated in e.g. a gas turbine or gas engine from the
syngas produced in the plant. However, the electrical efficiencies, ηel,
for gas turbines or gas engines are currently approximately 0.3–0.4
[25]. In this work the plant efficiency, ηplant, was defined as:

ηplant ¼
ṁsyngas � LHVsyngas −

Wmilling

ηel
� ṁfuel

ṁfuel � LHVfuel
; ð3Þ

where ṁand LHV represent the mass flow (kg/s) and LHV (MJ/kg) of
fuel and syngas, respectively. The prime electrical power consumption
for milling, Wmilling (MJ/kgfuel), is here compensated for the electrical ef-
ficiency, ηel = 0.40, of a gas turbine or a gas engine.

3. Results and discussion

3.1. Milling and fuel powders

The milling energy consumptions for the considered fuels are
presented in Table 3. The Raw (un-torrefied) fuel required almost
36 kWh electricity per MWhth of fuel (based on LHV), whereas the
three torrefied fuels all required less than 10 kWhel/MWhth. The
torrefied chips (Torr-300 and Torr-340) were brittle and required less
force for breaking the chips perpendicular to the fiber direction
compared to the Raw fuel. As mentioned earlier, the Torr-demo was
delivered as pellets and therefore additionally pretreated compared to
the other fuels. The pelletization process may explain why the Torr-
demo fuel had the lowest milling energy.

In Fig. 2, magnified pictures of the resulting powders are shown. The
Raw fuel photo (A) shows that the particles consist of elongated bundles
of fibers. These particles are relatively large and therewere also less fine
particles in the Raw powder sample compared to the other three fuel
samples. The fibrous particle structure can also be seen for Torr-300
(B) and Torr-demo (D). However, the most severely torrefied fuel,
Torr-340 powder (C), had explicitly different particles compared to
the other fuels. The fraction of fine particles was significantly larger

Table 2
Gasification settings.

Parameter Unit Raw Torr-300 Torr-340 Torr-demo

Fuel feeding rate kg/h 55 50 40 50
Thermal power kWth 284 265 258 271
O2 flow rate kg/h 34 34 33 32
N2 flow rate kg/h 11 11 10 10
Oxygen equivalence ratio (λ) – 0.44 0.44 0.44 0.44
Relative Oxygen Content (ROC) – 0.58 0.56 0.52 0.57
System pressure bar(a) 2.0 2.0 2.0 2.0
Quench water levela % 30 33 33 30

a Bubbling quench if the water level N20%.

Table 3
Milling energy consumption and resulting fuel powder bulk density for the considered fuel materials.

Parameter Unit Raw Torr-300 Torr-340 Torr-demo

Milling energy kWhel/MWhth 35.9 ± 0.7 8.1 ± 2.0 6.1 ± 0.7 4.6 ± 0.3
Fuel powder bulk density kg/m3 279 213 262 486
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1 mm
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A B
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Fig. 2. Pictures taken from a Zeiss light microscope. The fuel materials were all milled using a sieve size of 0.75 mm in the hammermill and these pictures show representative samples of
the resulting powders after milling. The powders are Raw (A), Torr-300 (B), Torr-340 (C) and Torr-demo (D).
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Fig. 3. Process temperature profile (top pane) and main gas (dry, N2 free) composition
(bottom pane) for the Raw fuel material.
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Fig. 4. Process temperature profile (top pane) and main gas (dry, N2 free) composition
(bottom pane) for the Torr-300 fuel material.
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than for the other fuels with essentially no large fiber bundles. This
indicates that the particle size reduction efficiency increases with the
degree of torrefaction.

3.2. Gasification experiments

3.2.1. Temperature and operation performance
The gasification experiments in this work were designed to fit

within one working day for each fuel and the prepared amount of fuel
powder was therefore limited by this restriction. The prepared fuel
powders were either transported to hopper 1, hopper 2 or both for
practical reasons or depending on the powder bulk density. In Fig. 3 to
Fig. 6 the measured dry and N2 free syngas compositions (mol% CO,
H2, CO2 and CH4) are presented together with the process temperature
profiles for the four different gasification experiments. The average
process temperature given by the three thermocouples at different
azimuthal positions at mid-height in the reactor is hereafter referred
to unless specified otherwise. All sharp temperature drops in the graphs
are due to the cooling effect of the N2 purge whenever the process was
shut down. The Torr-300 fuel was the most voluminous fuel powder,
Table 3. Therefore, it had to be filled in both hoppers in order to hold
the required amount of fuel for the experiment. The gasification exper-
iment startedwith feeding from hopper 1 (Fig. 4), which gave relatively
smooth temperature and gas concentration profiles. However, after a
minor process interruption, the process was restarted from hopper 2,
which resulted in muchmore irregular temperature and gas concentra-
tion profiles because of the unsteady fuel feeding from this hopper.
Similar irregularities in the temperature profile can be noted for the
Torr-demoexperiment (Fig. 6),which alsowas fed fromhopper 2.How-
ever, even though there was an irregular fuel feeding, the variations of

the syngas components CO, H2 and CO2 were within approximately
±1 mol% in the Torr-demo case. The reason for the less consistent fuel
feeding from hopper 2 is known and the plant was reconstructed after
the experiments described in this work to avoid future problems.

3.2.2. Gasification process analysis
The accumulated runtimes and final process temperatures were

different for the four experiments, i.e. none of the experiments reached
thermal equilibrium, partly because the limited amount of fuel. In order
to better compare the different fuels during these transient conditions, a
temperature range of 1210 °C–1250 °Cwas chosen for comparison. This
temperature increase, 1210 °C–1250 °C, required different amounts of
time for the different fuels. It took approximately 34 min, 44 min,
57 min and 78 min for Torr-340, Torr-300, Raw and Torr-demo, re-
spectively. These differences in temperature increase rates may have
several reasons. It may be explained by differences in flame structure
and heat transfer processes during gasification. This needs, however,
to be further investigated.

As expected, the syngas generated from the Raw fuel was relatively
similar to the syngas from stem wood previously described byWeiland
et al. [6]. In Table 4, the averagemain gas compositions (dry andN2 free)
for the temperature range 1210–1250 °C are presented for the four
fuels.

Compared to the results from gasifying the Raw fuel at the same
temperature and equivalence ratio, the severity of torrefaction clearly
affected the compositions of CO, CO2 and CH4, whereas there was no
such obvious effect for H2. However, the change in syngas composition
may be an effect of the totally lower amount of available oxygen in the
gasification process for the torrefied fuels as an artifact of the definition
of the standard oxygen equivalence ratio (λ) used. From above, λ was
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Fig. 5. Process temperature profile (top pane) and main gas (dry, N2 free) composition
(bottom pane) for the Torr-340 fuel material.
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defined as the ratio between the supplied O2 and the O2 addition at stoi-
chiometric combustion. All experiments were run at the same oxygen
equivalence ratio (λ = 0.44). As the total amount of oxygen available
for reaction with C and H is highly influenced by the oxygen content
in the fuel, this variable will surely influence the gasification process
chemistry if not compensated for.

If we define another variable, the Relative Oxygen Content (ROC),
taking into account the whole oxygen content inside the gasifier, we
create a fuel independent variable. The ROC was previously defined by
Stemmler et al. [26] as:

ROC ¼ Ogasi
2 þ Ofeed

2

Ostoic
2

; ð4Þ

where the superscripts are gasification (supplied O2), feedstock and
stoichiometric, respectively. Here the stoichiometric O2 is defined as
the total amount of O2 available at stoichiometric combustion, i.e. both
from the oxidant supply and from the feedstock.

As seen in Table 1, the oxygen content of the feedstock decreases
with the degree of torrefaction. This implies that gasification experi-
ments of the fuels in this work were performed at different ROC, and
thus different stoichiometry, in the gasifier. Therefore, when gasifying
fuels with different compositions of C, H and O in the future, it would
be beneficial to operate the gasification process at constant ROC instead
of at constant λ.

Gasification of the Torr-340 fuel resulted in significantly lower CH4

concentration, at any specific process temperature, compared to the
other fuels in this work. Fig. 7, in which the CH4 concentrations are plot-
ted against a common temperature axis illustrates this phenomenon.
One possible explanation can be due to the fact that the torrefaction

process removes a lot of the volatile components of the biomass. The
relationship between CH4 release from pyrolysis and the biomass
composition is however not clear in the existing literature. E.g. Couhert
et al. [27] concluded that it was not possible to predict the pyrolysis
gas yields, from an additivity law, from the biomass composition of
cellulose, hemicellulose and lignin. Moreover, the pyrolysis yield of
CH4 showed no correlation to the volatile content of the tested bio-
masses. Nor showed the studies by Couhert et al. [21], Chen et al. [22]
or Qin et al. [28,29] any relationship between the biomass volatile con-
tent and the CH4 yield from gasification. This was regardless whether
the volatile content was reduced by torrefaction or by comparing bio-
masses with different initial volatile contents.

Higher flame temperature, in which CH4 decomposes thermally, or
longer residence time in the gasifier are other possible explanations to
the reduced CH4 yield for the Torr-340 fuel. The cause of this behavior
is still unclear and needs to be investigated further.

Table 4 presents the gasification performance figures for the
temperature range 1210–1250 °C. The two mildest torrefied fuels,
Torr-300 and Torr-demo, resulted in the highest carbon conversion
and CGE figures; whereas the carbon conversion and CGE were
lower for the Raw and Torr-340 fuels. This is in accordance with the
results obtained by Chen et al.[22], who found an optimum in CGE at
intermediate torrefaction temperature. However, it should be noted
that there was a problem with air leakage into the gas sampling
system for the Torr-300 experiment, which may have increased the
experimental error of that experiment. The carbon conversion for
the Torr-300 experiment was over predicted, probably as an effect of
the gas sampling problem.

The carbon conversion is dependent on several different factors such
as: the fuel particle size distribution, the reactivity of the burning fuel
particles, ROC, process temperature and char reactivity. Despite the
smallest fuel particle size distribution, the Torr-340 fuel resulted in the
lowest carbon conversion. From the experiments in this work it is not
possible to state whether it is because of a changed reactivity of the se-
verely torrefied fuel or if it is an effect of reduced ROC in the gasifier
compared to the other experiments.

An interesting parameter to study is the plant efficiency, ηplant,
which was significantly affected by the torrefaction pretreatment. The
ηplant can be interpreted as the ratio between available energy in the
cooled syngas and the thermal energy in the corresponding fuel, after
taking the power consumption for milling into account. This means
that ηplant equals CGEpower if there was no power consumption for mill-
ing. The torrefied fuels resulted in ηplant approximately 0.01–0.02 units
below the corresponding CGEpower, whereas the ηplant for the Raw fuel
was significantly lower (0.09 units) than the corresponding CGEpower

due to a high power consumption for milling. However, the yield and
efficiency of the torrefaction process itself were not considered in the
present reasoning and the cost of torrefied fuels may potentially be
higher than dried fuels for large scale applications. Thus, the benefit of
low power consumption for milling may be canceled by a higher price
of the torrefied fuels.

4. General conclusions

• The carbon conversion efficiency from gasification was enhanced by
an intermediate torrefaction pretreatment, whereas both less severe
torrefaction and more severe torrefaction resulted in reduced carbon
conversions.

• TheCH4 yieldwas significantly reduced for themost severely torrefied
fuel. The reason behind this behavior needs to be further investigated.

• On a general basis the torrefied fuels were feasible in terms of fuel
handling/feeding and operation in the pressurized entrained flow
gasification plant.

• The torrefaction pretreatment had a significant effect on power
consumption for fuel size reduction, which was beneficial for the
total plant efficiency.
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Fig. 7. Measured CH4 concentration in the syngas (dry and N2 free) as a function of
measured process temperature (average middle reactor temperatures).

Table 4
Gasification results measured within process temperature range 1210–1250 °C. Gas
compositions as average dry and N2 free.

Unit Raw Torr-300 Torr-340 Torr-demo

CO mol% 50.0 54.6 60.3 54.0
H2 mol% 26.2 27.2 26.7 28.0
CO2 mol% 23.3 18.6 12.7 16.9
CH4 mol% 1.8 1.6 0.9 1.8
H2/CO – 0.52 0.50 0.44 0.52
Carbon conversion – 0.89 1.10 0.84 0.97
LHVpower MJ/kga 7.2 8.1 8.3 8.3
LHVfuel MJ/kga 6.6 7.6 8.0 7.7
CGEpower – 0.58 0.81 0.63 0.70
CGEfuel – 0.54 0.76 0.61 0.65
Plant efficiency, ηplant – 0.49 0.79 0.62 0.69

a kg dry gas
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• Using the Relative Oxygen Content (ROC) to define the gasification
stoichiometry is advantageous when gasifying fuels with different
compositions of C, H and O. The ROC takes the whole oxygen content
inside the gasifier into account and is therefore a fuel independent
variable.

Acknowledgment

The authors of this work would like to acknowledge the financial
support from the Swedish Energy Agency, the industrial consortium
and the academic partners for founding of thiswork through the Swedish
Biomass Gasification Centre and SECTOR a FP7 financed project. We also
thank Bio4Energy, a strategic research environment appointed by the
Swedish government. Furthermore, all efforts from ETC colleagues and
the industrial partner Infjärdens VärmeAB in the PEBGproject are thank-
fully acknowledged.

References

[1] C. Higman, M. van der Burgt, Gasification, 2nd ed., 2008.
[2] NETL: 2010 World Gasification Database, 2010. (Accessed June 17, 2013).
[3] R.W.R. Zwart, H. Boerrigter, A. van der Drift, The impact of biomass pretreatment on

the feasibility of overseas biomass conversion to Fischer–Tropsch products, Energy
and Fuels 20 (5) (2006) 2192–2197.

[4] R.M. Swanson, A. Platon, J.A. Satrio, R.C. Brown, Techno-economic analysis of
biomass-to-liquids production based on gasification, Fuel 89 (Suppl. 1) (2010)
S11–S19.

[5] A. van der Drift, H. Boerrigter, B. Coda, M.K. Cieplik, K. Hemmes, Entrained Flow
Gasification of Biomass, Tech. Rep. ECN-C-04-039, ECN, Petten, Netherlands, 2004.

[6] F.Weiland, H. Hedman,M.Marklund, H.Wiinikka, O. Öhrman, R. Gebart, Pressurized
oxygen blown entrained-flow gasification of wood powder, Energy and Fuels 27 (2)
(2013) 932–941.

[7] F. Weiland, H. Wiinikka, H. Hedman, M. Marklund, R. Gebart, Pressurized entrained
flow gasification of biomass powder — initial results from pilot plant experiments,
Proceedings: The 4th Nordic Wood Biorefinery Conference, Helsinki, Finland
23–25 October, 2012.

[8] C. Wolters, M. Kanaar, J.H.A. Kiel, Co-gasification of biomass in the 250 MWe IGCC
plant “Willem Alexander Centrale”, Presentation at the Biomass Gasification
Workshop at the 2nd Biomass Conference, in Rome, Italy, May 10–14, 2004.

[9] N. Padban, Experiences from large-scale test with torrefied biomass fuel at the IGCC
plant Willem Alexander Centrale, The 4th Central European Biomass Conference in
Graz, Austria (January 15–18, 2014), 2014.

[10] E. Henrich, F. Weirich, Pressurized entrained flow gasifiers for biomass, Environ-
mental Engineering Science 21 (1) (2004) 53–64.

[11] A. Joppich, H. Salman, Wood powder feeding, difficulties and solutions, Biomass and
Bioenergy 16 (3) (1999) 191–198.

[12] B. Coda, M.K. Cieplik, P.J. de Wild, J.H.A. Kiel, Slagging behavior of wood ash under
entrained-flow gasification conditions, Energy and Fuels 21 (6) (2007) 3644–3652.

[13] A. Nordin, L. Pommer, M. Nordwaeger, I. Olofsson, Biomass conversion through
torrefaction, Technologies for Converting Biomass to Useful Energy Anonymous
CRC Press, ISBN: 9780415620888, 2013.

[14] A. Uslu, A.P.C. Faaij, P.C.A. Bergman, Pre-treatment technologies, and their effect on
international bioenergy supply chain logistics. Techno-economic evaluation of
torrefaction, fast pyrolysis and pelletisation, Energy 33 (8) (2008) 1206–1223.

[15] M. Svanberg, Á. Halldórsson, Supply chain configuration for biomass-to-energy: the
case of torrefaction, International Journal of Energy Sector Management 7 (1)
(2013) 65–83.

[16] A.I.P. Magalhães, D. Petrovic, A.L. Rodriguez, Z.A. Putra, G. Thielemans, Techno-
economic assessment of biomass pre-conversion processes as a part of biomass-
to-liquids line-up, Biofuels, Bioproducts and Biorefining 3 (6) (2009) 584–600.

[17] K. Svoboda, M. Pohořelý, M. Hartman, J. Martinec, Pretreatment and feeding of
biomass for pressurized entrained flow gasification, Fuel Processing Technology
90 (2009) 629–635.

[18] J.C. Meerman, A. Ramírez, W.C. Turkenburg, A.P.C. Faaij, Performance of simulated
flexible integrated gasification polygeneration facilities. Part A: a technical-energetic
assessment, Renewable and Sustainable Energy Reviews 15 (6) (2011) 2563–2587.

[19] J.C. Meerman, A. Ramírez, W.C. Turkenburg, A.P.C. Faaij, Performance of simulated
flexible integrated gasification polygeneration facilities, part B: economic evalua-
tion, Renewable and Sustainable Energy Reviews 16 (8) (2012) 6083–6102.

[20] J.C. Meerman, M.M.J. Knoope, A. Ramírez, W.C. Turkenburg, A.P.C. Faaij, Technical
and economic prospects of coal- and biomass-fired integrated gasification facilities
equipped with CCS over time, International Journal of Greenhouse Gas Control 16
(2013) 311–323.

[21] C. Couhert, S. Salvador, J. Commandré, Impact of torrefaction on syngas production
from wood, Fuel 88 (11) (2009) 2286–2290.

[22] Q. Chen, J.S. Zhou, B.J. Liu, Q.F. Mei, Z.Y. Luo, Influence of torrefaction pretreatment
on biomass gasification technology, Chinese Science Bulletin 56 (14) (2011)
1449–1456.

[23] N.J. Russell, Gelification of Victorian tertiary soft brown coal wood. I. Relationship
between chemical composition and microscopic appearance and variation in the
degree of gelification. International Journal of Coal Geology 4 (2) (1984) 99–118,
http://dx.doi.org/10.1016/0166-5162(84)90010-7.

[24] H. Kassman, J. Pettersson, B. Steenari, L. Åmand, Two strategies to reduce gaseous
KCl and chlorine in deposits during biomass combustion — injection of ammonium
sulphate and co-combustion with peat, Fuel Processing Technology 105 (2013)
170–180, http://dx.doi.org/10.1016/j.fuproc.2011.06.025.

[25] K. O. Gard. Biomass based small scale combined heat and power technologies.
Unpublished Lulea University of Technology, Department of Applies Physics and
Mechanical Engineering 2008.

[26] M. Stemmler, M. Müller, Theoretical evaluation of feedstock gasification using H2/C
ratio and ROC as main input variables, Industrial and Engineering Chemistry
Research 49 (19) (2010) 9230–9237.

[27] C. Couhert, J. Commandre, S. Salvador, Is it possible to predict gas yieldsof any biomass
after rapid pyrolysis at high temperature from its composition in cellulose, hemicellu-
lose and lignin? Fuel 3 (2009) 408–417.

[28] K. Qin, P.A. Jensen, W. Lin, A.D. Jensen, Biomass gasification behavior in an entrained
flow reactor: gas product distribution and soot formation, Energy and Fuels 26 (9)
(2012) 5992–6002.

[29] K. Qin,W. Lin, P.A. Jensen, A.D. Jensen, High-temperature entrained flow gasification
of biomass, Fuel 93 (2012) 589–600.

58 F. Weiland et al. / Fuel Processing Technology 125 (2014) 51–58



 
 
 
 
 

Paper  IV 





Online Characterization of Syngas Particulates Using Aerosol
Mass Spectrometry in Entrained-Flow Biomass Gasification

Fredrik Weiland,1,2 Patrik T. Nilsson,3 Henrik Wiinikka,1,2 Rikard Gebart,1,2

Anders Gudmundsson,3 and Mehri Sanati4
1Energy Technology Centre, Pitea

�
, Sweden

2Division of Energy Science, Lulea
�
University of Technology, Lulea

�
, Sweden

3Ergonomics and Aerosol Technology, Lund University, Lund, Sweden
4Combustion Physics, Faculty of Engineering, Lund University, Lund, Sweden

Entrained flow gasification is a promising technique where
biomass is converted to a synthesis gas (syngas) under fuel-rich
conditions. In contrast to combustion, where the fuel is converted
to heat, CO2, and H2O, the syngas from gasification is rich in
energetic gases such as CO and H2. These compounds (CO and
H2) represent the building blocks for further catalytic synthesis to
chemicals or biofuels. Impurities in the syngas, such as
particulates, need to be reduced to different levels depending on
the syngas application. The objective of this work was to evaluate
the amount of particulates; the particle size distribution and the
particle composition from entrained flow gasification of pine stem
wood at different operating conditions of the gasifier. For this
purpose, online time resolved measurements were performed
with a soot particle aerosol mass spectrometer (SP-AMS) and a
scanning mobility particle sizer (SMPS). The main advantage of
SP-AMS compared to other techniques is that the particle
composition (soot, PAH, organics, and ash forming elements) can
be obtained with high time resolution and thus studied as a direct
effect of the gasifier-operating conditions. The results suggest that
syngas particulates were essentially composed of soot at these
tested process temperatures in the reactor (1200–1400�C).
Furthermore, the AMS analysis showed a clear correlation
between the amounts of polycyclic aromatic hydrocarbons (PAH)
and soot in the raw syngas. Minimization of soot and PAH yields
from entrained flow gasification of wood proved to be possible by
further increasing the O2 addition.

INTRODUCTION

Conversion of biomass into valuable products such as

chemicals, biofuels, and energy (heat and power) may play an

important role in the future society when the industry is driven

toward more carbon neutral feedstock and products from

renewable sources. Gasification, also called partial oxidation,

converts carbonaceous fuels into gaseous products with a use-

able heating value (Higman and Burgt 2008). This definition

excludes combustion since there is no residual heating value

in the flue gases from combustion. Gasification can take place

within a large temperature range (800–1800�C) depending on

the feedstock and the chosen gasification process itself.

The following section provides a simplified picture of the

chemical reactions involved during gasification. More detailed

description of the reactions involved can be found elsewhere

(Higman and Burgt 2008; Carlsson et al. 2010). The initial

pyrolysis stage generates pyrolysis gases (e.g., H2, H2O, CO,

CO2, CH4, CxHyOz) and a carbon-rich char as the fuel ther-

mally decomposes. A certain amount of oxidant (e.g., O2) is

required in order to generate the necessary heat to the gasifica-

tion process. The sub-stoichiometric amount of added O2 is

rapidly consumed by combustion reactions as it enters the hot

and reactive gas atmosphere inside the reactor, e.g.,

COC 1=2O2 !CO2 [R1]

H2 C 1=2O2 !H2O [R2]

Gas phase equilibrium reactions, i.e., the water gas-shift reac-

tion (R3) and the steam methane reforming reaction (R4) are

believed to determine the bulk gas composition inside the

gasifier.

COCH2O $ CO2 CH2 [R3]

CH4 CH2O $ COC 3H2 [R4]

Finally, the char gasification stage involves heterogeneous

reactions between the solid char and the surrounding gases
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such as CO2 and H2O, e.g., reactions (R5) and (R6).

CCCO2 ! 2CO [R5]

CCH2O!COCH2 [R6]

Simultaneously, local flame extinction may result in

unconverted hydrocarbons, which usually form under fuel-

rich conditions. An important class of higher hydrocarbons

are the polycyclic aromatic hydrocarbons (PAH), since

they are believed to be important soot precursors (Warnatz

et al. 2006). The development of soot is poorly understood

and several chemical reaction pathways have been sug-

gested. Most of the suggested models involve radical mech-

anisms, where smaller radical molecules grow to larger

hydrocarbons (PAH) that eventually end up as soot through

a number of addition reactions. For example, Richter and

Howard have reviewed and summarized the general fea-

tures of the processes involved during soot formation

(Richter and Howard 2000).

Impurities in the syngas, such as particulates (soot, char,

fly ash, and combinations of organic and inorganic com-

pounds in particulate phase), condensable hydrocarbons

(tars), other low molecular gaseous hydrocarbons, sulfur

compounds, ammonia, alkali salts, chloride and other trace

components, need to be reduced to different levels depend-

ing on the syngas application (Woolcock and Brown 2013).

For the end-user, tars probably pose the greatest problem

from biomass gasification (Torres et al. 2007). From a syn-

gas catalytic upgrading perspective, tars can plug catalytic

beds or poison the catalyst by physical deactivation or by

adsorbing on active sites, where they are known to form

carbon deposits and graphitic sheets, i.e., coking (Yung

et al. 2009; Howard et al. 2013). In addition, particulate

matter commonly causes corrosion and erosion on down-

stream process equipment such as e.g. the turbine blades in

gas turbines. Particles can also block or create channeling

in catalytic beds and thereby deactivate the catalyst bed

(Einvall et al. 2007; Larsson et al. 2007). In addition to the

problems described above, tars and soot also represent

losses in the mass and energy balances. It is therefore

important to minimize the yields of tar and soot in order to

increase the gasification efficiency.

There are several existing technologies to remove partic-

ulates and tars from the syngas. Particulates are primarily

removed by any of the following principles described in

detail by Woolcock and Brown (2013); inertial separation

(cyclones: removal of particulate larger than several mm),

barrier filtration (hot, warm, or cold), electrostatic precipi-

tation, turbulent flow precipitation, or wet scrubbing. How-

ever, particles in the submicron range are often much more

difficult to collect with conventional particulate control

systems than larger particles (McElroy et al. 1981). Tars

can be removed from the syngas by thermal or catalytic

cracking, as well as nonthermal plasma or by condensation

and subsequent physical separation (Woolcock and Brown

2013).

The high temperature generated under oxygen blown

entrained flow gasification conditions results in thermal

cracking of tars already in the gasification reactor (Higman

and Burgt 2008). However, soot particle formation in the

submicron range may become more of a problem at these

high temperatures (1200–1400�C) (Qin et al. 2012a,b;

Septien et al. 2012). Particulates from the Pressurized

Entrained flow Biomass Gasification pilot plant (PEBG,

described below) were previously characterized using

a low pressure cascade impactor for sampling and high

resolution-transmission electron microscopy (HR-TEM) to

study the collected submicron size particles, (Wiinikka

et al. 2014). The analysis revealed that the particulates

generated from gasification of stem wood (low ash content)

were mainly soot particles in the submicron range. The

size of the particles were found in two distinct ranges; fine

soot particles with primary particle sizes between 30 and

50 nm and larger soot particles with sizes between 100 and

300 nm.

In the present work, the particulate matter from pressurized

entrained-flow gasification of stem wood was further charac-

terized. The objective was to evaluate the amount of particu-

lates, the particle size distribution, and the particle

composition, i.e., PAH, soot, ash-forming elements, at differ-

ent operating conditions of the gasifier. This information is

highly relevant for two reasons: (1) it gives an indication of

favorable operating conditions with respect to particle minimi-

zation of the PEBG process and (2) this work provides infor-

mation regarding the particulate matter, which is valuable for

downstream sizing of the raw syngas cleaning device and con-

ditioning system for an industrial scale entrained flow gasifica-

tion plant.

A soot particle aerosol mass spectrometer (SP-AMS)

was used to distinguish the particulates composition. With

the regular AMS technique, that implements a heated tung-

sten surface for particle vaporization, it is possible to

detect and analyze species that evaporates below 600�C
(Jimenez et al. 2003; DeCarlo et al. 2006; Canagaratna

et al. 2007). The SP-AMS applied in this work utilizes in

addition a laser (1064 nm Nd:YAG) for particle vaporiza-

tion (Cross et al. 2012; Onasch et al. 2012). This extends

the possibilities with the instrument to also include analy-

sis of species such as soot and metal-containing particles

that require higher vaporization energies. In addition, a

scanning mobility particle sizer (SMPS) was used to deter-

mine the syngas particle size distribution and the particle

number concentration in the syngas. Furthermore, collected

particles were studied with respect to morphology and ele-

mental composition in a scanning electron microscope

(SEM) equipped with energy dispersive x-ray spectroscopy

(EDS).
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EXPERIMENTAL

The Gasification Pilot Plant

The Pressurized Entrained flow Biomass Gasification

(PEBG) pilot plant was designed to operate in slagging mode

with process temperatures ranging between 1200 and

1500�C. A detailed description of the plant can be found

elsewhere (Weiland et al. 2013) and therefore only a brief

description is given herein. The PEBG gasifier is located at

Energy Technology Centre in Pitea
�
, Sweden, and consists of

a ceramic lined reactor followed by a bubbling 2-level water

sprayed quench for syngas cooling and smelt/particle separa-

tion, see Figure 1. The burner where the pulverized fuel and

oxidant (O2) were injected was installed in the top of the

reactor. Process temperatures were monitored by ceramic

encapsulated type S thermocouples at different locations

close to the reactor wall inside the gasifier. The average pro-

cess temperature given by the three thermocouples at differ-

ent azimuthal position at mid height in the reactor is

hereafter referred to unless specified otherwise. A water-

cooled and N2 purged camera probe was also installed in the

top of the reactor enabling flame visualization. The raw syn-

gas and other products from the reactor (i.e., gases, particu-

lates and ash/char) were cooled to temperatures below 100�C

by water sprays in the quench. Separated particles in the

quench (i.e., ash or char and soot particles) either settled in

the quench or in the sedimentation vessel downstream the

quench water outlet. The process pressure was controlled by

a regulating valve on the syngas outlet pipe. Slip streams of

the cooled syngas could be sampled from the outlet syngas

pipe to analyze both gas and particulates. Finally, the pro-

duced syngas was flared to eliminate any risks connected to

the syngas.

Fuels and Operating Conditions

The fuel that was used in this study was a commercially

available stem wood pellet produced from sawdust of pine and

spruce. The fuel composition can be found in Table 1, which

shows a homogeneous composition between different ana-

lyzed batches (produced 2010–2013) and low ash content of

the fuel. The fuel pellets were milled using a granulator (Rapid

Granulator 15 Series) and a hammer mill (MAFA EU-4B) con-

nected in series. The resulting particle size distribution after

milling was determined by sieving in a vibratory sieve shaker

(Fritsch Analysette 3). Three representative fuel samples were

sieved and the average particle size distribution was
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FIG. 1. Schematic process flow diagram of the PEBG process.
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calculated. The characteristic size distribution figures d50 and

d90 were approximately 140 mm and 240 mm, respectively.

The fuel was mechanically fed through the center of the

burner. In the burner, concentrically outside the fuel entrance,

O2 was introduced to the gasifier. A trace flow of He was intro-

duced with the O2 flow to allow for mass balance calculations.

The He flow was constantly set to 3 lpm, which corresponded

to approximately 1% of the O2 flow. The fuel feeding was set

to a constant value of 40 kg/h, corresponding to approximately

210 kW, and the gasifier pressure was set to 1 bar above atmo-

spheric throughout the experiment.

The gasification stoichiometry is in this work described by

the O2 stoichiometric ratio, λ, defined as the ratio between the

supplied O2 flow and the O2 flow required for stoichiometric

combustion. A higher λ means that there is more available O2

in the gasifier. This enhances the combustion reactions so that

more of the fuel energy is released as heat, which in turn

results in a higher process temperature inside the gasifier. Dur-

ing the experiment, λ was varied and set to three different lev-

els; 0.50, 0.45, and 0.40, respectively.

The process temperature decay after a λ step-change was

measured from previous experiments and can be described by;

T ¡ T1
Ti ¡ T1

D e¡ t
t [1]

where Ti and T1 refers to the initial and final process tempera-

tures, respectively. The time constant, t, was determined to

approximately 50 min. This implies that approximately 2 h

was required to accomplish 90% of the temperature change,

i.e., (T¡T1)/(Ti¡T1) D 0.1. Each set-point was therefore

operated for at least 2 h in order to let the gasifier approach

thermal equilibrium so that relevant conclusions could be

drawn.

Gas Sampling

A slip stream of the produced raw syngas was continuously

analyzed by an FTIR instrument (MKS Multigas 2030HS) and

a micro-GC (Varian 490 GC with molecular sieve 5A and Por-

aPlot U columns) with two thermal conductivity detectors

(TCD). The FTIR continuously logged CO, H2O, CO2, and

CH4 concentrations at a rate of 1 Hz, whereas the micro-GC

logged He, H2, N2, O2, CO, CO2, CH4, C2H4, and C2H2 con-

centrations every 4 min.

Gasifier Performance

The experimental process temperature profile can be

found in Figure 2. The process was started at a high λ in

order to heat up the reactor refractory lining. The aim was to

overshoot the expected process temperature by approxi-

mately 50–100�C before adjusting λ to the initial set-point,

λ D 0.50. The consecutive operational set-points resulted in

gasifier process temperatures of approximately 1340�C,

TABLE 1

Proximate and ultimate analysis of the fuel. Average and stan-

dard deviation was calculated from three different batches pro-

duced between years 2010 and 2013

Fuel Stem wood fuel

Proximate analysis

Moisture (wt% as received) 5.4 § 1.2

Fixed C (wt% dry) 17.1 § 0.2

Volatile (wt% dry) 82.5 § 0.1

Ash (wt% dry) 0.37 § 0.02

Ultimate analysis (wt% dry)

C 50.9 § 0.1

H 6.23 § 0.06

N <0.10

Cl <0.02

S <0.01

O (by difference) 43.0 § 1.0

Lower heating value (MJ/kg dry) 19.4 § 0.3

Major ash components (mg/kg dry)

Si 98 § 54

Al 34 § 10

Ca 745 § 165

Fe 27 § 3

K 387 § 102

Mg 199 § 18

Mn 105 § 15

Na 16 § 8

P 43 § 9

Zn 10 § 1

FIG. 2. Measured process temperature profiles in the gasifier during the

experiment together with pictures from the reactor camera at the different

operation set-points.
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1290�C, and 1220�C for λ D 0.50, λ D 0.45, and λ D 0.40,

respectively. The process temperature exhibit an uncertainty

in the order of approximately §30�C (95% confidence level)

after 2 h of operation according to previous experience. Pho-

tos from the gasification flame at these conditions are shown

in Figure 2. The burner is located in the top left corner of the

pictures, whereas the syngas outlet is located in the bottom

part of the pictures and visible only in the left frame (λ D
0.50). The visibility through the gasifier decreased, as a result

of the increased amount of soot from the gasification process,

when λ was reduced.
The syngas composition of CO, CO2, H2, and CH4 as a

function of time can be studied in Figure 3. The O2 stoichio-

metric ratio (λ) was adjusted in steps as indicated in the figure.

The concentrations of the major syngas components CO, CO2,

and H2 adjusted quickly to a relatively constant level for each

λ decrement (Figure 3) while the temperature slowly

approached its equilibrium value (Figure 2). The CH4 concen-

tration on the other hand was inversely following the tempera-

ture profile toward an asymptotic value. The CO concentration

exhibited a maxima around the median stoichiometry, i.e., λ D
0.45. The explanation lies in the fact that large amount of the

CO was combusted to CO2 at λ D 0.50, whereas an increased

amount of the carbon atoms from the fuel was bound as CH4,

other larger hydrocarbons, PAH or soot at λ D 0.40 (which

will be further discussed later).

The syngas content of H2O was measured during the entire

experiment by the FTIR instrument. However, this was mea-

sured after the quench where steam from the gasifier may have

condensed or water from the quench cooling sprays may have

vaporized. Therefore, the syngas H2O concentration was con-

stantly 4–6 vol%, with no obvious influence of the operating

conditions of the gasifier. The measured H2O concentration

agrees well with tabulated values of saturated steam at the

given syngas temperature after the quench.

Particle Sampling

A schematic overview of the particle sampling system used

in this work can be found in the online supplemental informa-

tion (SI; Figure S1). The same sampling system was used in

the work of Wiinikka et al. (2014) to sample submicron par-

ticles on a low pressure impactor. In this work, minor modifi-

cations were made downstream the sampling system to adapt

to the aerosol instruments of this work (described below). Par-

ticulate samples were withdrawn from the centerline of the

syngas pipe by a sampling probe with N2 dilution through a

porous tube at the tip of the probe, see Figure S1. The sam-

pling probe was installed 2 m downstream the pressure regu-

lating valve that controls the system pressure in the gasifier.

The pressure in the syngas pipe after the valve was close to

atmospheric and the temperature of the raw syngas was about

40�C. The N2 dilution gas to the sampling probe was heated to

about 300�C with an electrical heater in order to dry the sam-

pled syngas. The temperature was measured by 1.5 mm

K-type thermocouples (TC) at two different positions in the

sampling probe; at the N2 inlet to the probe and directly after

the mixing/dilution zone. The measured temperatures were

approximately 210�C and 100�C, respectively. The flow rate

of N2 was controlled with a mass flow controller (Bronkhorst

F-201 CV). Furthermore, valves were also installed to enable

flushing of the sample probe system before sampling in order

to blow away particles that have been deposited on surfaces in

the sampling system.

A second dilution system, including a dilution probe and an

ejector diluter, was installed downstream the sampling probe

for additional dilution. This was done since no modification of

the setup could be done once sampling was started. The use of

the second dilution setup made sure that a sufficient total dilu-

tion ratio could be achieved at all time and to lower the particle

concentration to a level suitable for the particle analysis instru-

ments. This dilution system is described in detail elsewhere

(Nilsson et al. 2011, 2013; Risberg et al. 2014). The dilution

probe was 300 mm in length and consisted of an outer tube (i.

d. 12 mm) surrounding an inner tube (i.d. 8 mm). Dilution

nitrogen was flowing between the two tubes and dilution took

place at the probe tip, were sampling flow and dilution flow

were mixed and extracted through the inner tube. DownstreamFIG. 3. Syngas composition of CO, CO2, H2, and CH4 during the experiment.
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the dilution probe, a PM1 cyclone followed by an ejector

diluter (Dekati Inc.) was installed. The cyclone collected

micrometer sized particles to protect subsequent particle anal-

ysis equipment. The ejector diluter was used to achieve nega-

tive pressure on the sampling system to be able to extract the

diluted sample from the dilution probe. The dilution ratio in

the ejector was 8 and the suction flow rate was 6.5 lpm. To

achieve a proper dilution ratio the nitrogen supplied to the

dilution probe was balanced in accordance to the ejector suc-

tion flow rate. The dilution temperature in the dilution probe

and the ejector diluter were ambient (22�C).
The average total dilution ratio in the whole sampling sys-

tem (including primary dilution, secondary dilution, and ejec-

tor dilution) was 170 with a standard deviation of 20. This was

determined by measuring CO levels in the undiluted and the

totally diluted aerosol flows. CO levels in the totally diluted

aerosol were measured with a flue gas analyzer (Testo 350XL,

Nordtec Instrument AB). The use of hot dilution in the first

stage was necessary to avoid condensation of water. The hot

dilution gas also leads to losses of other condensable material,

as they may evaporate as a consequence of the decreased

vapor pressures (Lipsky and Robinson 2006). Organic matter

that was condensed prior to dilution may re-condense on the

tube walls when being cooled or may stay in the gas phase.

Thus, the determined amounts of condensable material (e.g.,

organic compounds) may be underestimated.

The instrumentation for particle analysis was positioned

one floor down from the sampling system. The tubing between

the ejector diluter and the particle analysis instruments was
1=4” and was 6 m long. The tubing was vertically directed to

minimize particle losses due to impaction and sedimentation.

The total flow rate through the sampling tubing was 1.2 lpm.

Time resolved chemical analysis of the sampled particles

was performed with a soot particle aerosol mass spectrometer

(SP-AMS) (Aerodyne Inc.). An AMS (Canagaratna et al.

2007) samples particles through a critical orifice which

achieves a flow rate of 0.1 lpm. Downstream the critical orifice

an aerodynamic lens is used to focus the sampled particles into

a narrow particle beam. When the particle beam is entering a

high vacuum chamber, the particles are being accelerated at a

rate depending on the particle mass. The particle beam is mod-

ulated by a mechanical chopper which is either allowing the

particles to pass through or is blocking the particles from trav-

eling through the vacuum chamber. On the other side of the

vacuum chamber, the particles can be either flash vaporized

by impaction on a heated tungsten plate (AMS) or vaporized

by a laser (Nd:YAG, 1064 nm) (SP-AMS) which is directed

perpendicular to the particle beam (Onasch et al. 2012). Flash

vaporization is used to detect species that vaporize below

600�C, such as organics and some salt particles. Laser vapori-

zation can be used to vaporize absorbing particles, e.g., soot

particles and metal species. The formed vapor molecules are

ionized through electron impact (70 eV) and the ion fragments

are extracted into a time of flight mass spectrometer

(ToF-MS). During the measurements the SP-AMS was oper-

ated in dual operation mode, meaning that both the laser and

tungsten vaporizer were utilized at the same time. By measur-

ing the particle time of flight (PToF) between the mechanical

chopper and detection in the mass spectrometer it is possible

to determine chemically resolved mass size distributions of

the particles. The equivalent diameter determined in this type

of measurement is the vacuum aerodynamic diameter (dva).

To achieve quantification of particulate matter with the

AMS, it is necessary to know the relative ionization efficiency,

related to nitrate (Onasch et al. 2012). This is determined by

sampling a known amount of calibration particles. Calibrations

were performed by sampling nebulized 300 nm ammonium

nitrate particles. 300 nm regal black particles, suspended in

water, were nebulized and used as a standard for soot particles

(Onasch et al. 2012). A Condensation Particle Counter (CPC,

TSI 3010) was used as the reference instrument during calibra-

tion. The mass-based ionization efficiency for species s (mIEs)

can in this work be considered as apparent ionization effi-

ciency (Willis et al. 2014). This is because it is also a product

of the AMS collection efficiency. The achieved RIE for Regal

black was 0.19 (mIERB: 118 ions/pg; mIENO3: 610 ions/pg). In

this work, the collection efficiency of sampled soot particles

from the gasifier was assumed to be the same as for the regal

black particles. Thus, the achieved mIE for regal black was

assumed to be the same for the gasifier soot. Quantification of

organics and PAH was done by applying a constant RIE of

1.4. For PAH quantification, a constant fragmentation factor

of 1.77 was also used (Marr et al. 2006). The full quantifica-

tion with the SP-AMS, however, lies beyond this work and is

only used for comparative results between different gasifier-

operating conditions. More extensive descriptions of the aero-

sol mass spectrometer are given in the works of Canagaratna

et al. (2007) and Jimenez et al. (2003). Analysis of unit mass

resolution data was performed using SQUIRREL (Sequential

Igor Data Retrieval, version 1.521). High-resolution data anal-

ysis was done using PIKA (Peak Integration by Key Analysis,

version 1.11l).

Particle size distributions, based on mobility equivalent

diameter (dm), were determined with a scanning mobility parti-

cle sizer (SMPS). It consisted of a condensation particle

counter (CPC 3022, TSI Inc.), a differential mobility analyzer

(DMA 3071, TSI Inc.) and a bipolar charger (Ni-64). The aero-

sol flow rate was 0.3 lpm and the sheath flow rate was 3 lpm.

This gave a measured particle size interval of 15–760 nm.

SEM Analysis

The particle sampling system did not allow for additional

collection of particles in, e.g., a cascade impactor while the

SP-AMS and SMPS instruments were sampling. However,

particles were collected in previous experiments using a 13-

stage Dekati� Low Pressure Impactor (DLPI) when the gas-

ifier was operated at the same pressure and with the same type
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of stem wood fuel. Representative samples from λ D 0.40 and

λ D 0.45 were collected.

In the DLPI measurements, the sampling system was

equipped with a DLPI followed by a vacuum pump directly

after the primary sampling probe (Figure S1). All the plates in

the DLPI were un-greased Al-foils. The DLPI stage no 6 was

analyzed, since that stage has a cut off size d50 that approxi-

mately represented the mode-diameter of the particle size dis-

tributions (approximately 400 nm). The sample was mounted

on an Al-stub using Ag-glue and Cu-tape for conductivity.

The sample was not coated before analyzed with a FEI Magel-

lan 400 XHR-SEM instrument. Images were taken using the

secondary electron (through the lens) detector. The beam volt-

age and current were set to 1 kV and 6.3 pA, respectively.

Energy dispersive x-ray spectroscopy (EDS) analysis was also

performed on all samples using 20 kV beam voltage.

RESULTS AND DISCUSSION

Particulate matter was measured downstream of the gas-

ifier, after the pressure control valve where the pressure was

close to atmospheric and the temperature of the raw syngas

was approximately 40�C. Some of the particles from the gas-

ifier were undoubtedly captured in the quench and on solid sur-

faces before the sampling point. However, it is believed that

this effect was similar for all the studied cases and that the rel-

ative changes between cases are representative of the real

behavior.

The particle size distributions measured with the SMPS

(equivalent diameter dm) is shown in Figure 4 together with

the total particle number concentration and the particle geo-

metric mean diameter (GMD). The curve representing the low-

est oxygen stoichiometric ratio (λ D 0.40) only indicates a

single accumulation mode, i.e., particles larger than 100 nm in

Figure 4a, whereas the two other curves (λ D 0.45 and 0.50) in

addition indicates the presence of a nucleation mode, i.e., a

shoulder on the curves for particle sizes below 100 nm. The

SMPS results show a relatively constant particle number con-

centration. However, the GMD increased at reduced λ
(Figure 4b), resulting in an increased total mass of particles in

the syngas. This is consistent with earlier DLPI results at simi-

lar conditions (unpublished data) and also consistent with the

carbon mass balance, which indicate that the amount of C-

atoms bound as CO, CO2, and CH4 in the syngas decreased for

each λ decrement. Simultaneously, the amounts of C6H6 and

C2H2, commonly considered as soot precursors, increased.

This indicates that more C-atoms were bound in larger hydro-

carbons, char, tar or soot at the lower λ conditions.
The SEM photos of the DLPI samples (Figure 5) show the

soot primary particles as smooth surface spheres with a hetero-

geneous particle size distribution. Some of the primary par-

ticles are fine (10–60 nm), whereas some are considerably

larger in diameter (100–300 nm), in agreement with earlier

findings (Wiinikka et al. 2014). The cutoff size d50 of the ana-

lyzed impactor plate was approximately 400 nm. The SEM

photos reveals that the primary particle size was relatively

unaffected by the λ change. The increased GMD must there-

fore be interpreted as larger aggregates being formed at

reduced λ. If larger aggregates are formed due to increased

concentration of primary particles in the gasifier or if it is an

effect of reduced process temperature or a combination effect

of them both needs to be further investigated. In the study of

Caumont-Prim et al. (2013), it was found that the soot aggre-

gate size increased as an effect of nitrogen dilution (reduced

flame temperature) of a co-flow diffusion flame of propane,

nitrogen, and air. Similarly, Abid et al. (2009) found that the

particle size distribution shifted toward larger aggregates for

lower temperature pre-mixed ethylene/benzene flames. The

SEM-EDS analysis of the samples indicated that the main ele-

ment was C (>96%). Other suggested elements were O and Al

(most likely from the Al foil that collected the sample) and

some traces of K. Altogether, this shows that soot dominated

the particulate matter downstream the water quench of the

entrained flow gasifier when gasifying low ash containing

FIG. 4. SMPS particle size distributions (a) together with total number concentration and particle geometric mean diameter and GMD (b) for three different λ
(0.40, 0.45, and 0.50).
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stem wood. These results verify what was previously found for

stem wood gasification (Wiinikka et al. 2014).

In the analysis of the SP-AMS spectra shown in Figure 6,

soot was identified as carbon fragments (Cx) ranging up to m/z

108 (C9), with the dominating contribution at m/z 36 (C3). The

soot fragment patterns were similar to what was found with

the SP-AMS technique in other studies (Cross et al. 2012;

Onasch et al. 2012). In Figure 6, the K represent are the potas-

sium isotopes (m/z 38.964, m/z 40.962) and the Organics are

organic ion fragments, excluding those fragments identified as

PAHs by the applied fragmentation table in the analysis soft-

ware. This fragmentation table was used to identify PAHs

from and above m/z 202 (Pyrene). Since molecules with aro-

matic rings are very stable and resistant to fragmentation dur-

ing electron impact ionization, the parent molecules are often

observed with significant signal strength (Dzepina et al.

2007). In a mass spectrum including PAHs peak families are

formed close to the m/z of the parent molecule. These fam-

ilies exist for instance due to molecules including 13C and

because of molecules loosening single or several H atoms

during ionization. This fact is used by the fragmentation

table to separate PAHs from other organic ions found at

the same nominal m/z.

The particle size distributions (equivalent diameter dva) for

selected soot and K ion fragments are shown in Figure 6b.

Soot is represented by the nominal m/z 36 and K is represented

by the m/z 39 fragment. According to the high-resolution mass

spectra in Figure 6a no significant organic contributors exist at

these nominal m/z ratios. That makes them good indicators for

the two species even in unit mass resolution. The distribution

of m/z 39 was relatively constant within the tested range of λ.
The distribution of m/z 36 changed in magnitude as an effect

of changed λ. The distributions of soot and K differed such

that K was generally distributed in finer particles compared to

soot. In Figure 6, no consideration has been given to the differ-

ent ionization efficiencies of soot and K, which results in

underestimation of the soot signal. This is since the ionization

efficiency of K is highly uncertain (as explained in a later sec-

tion) and the figure should only be used to compare the relative

difference in particle size. Therefore, the bars/curves are pre-

sented on the same scales even though soot was the dominant

part of the particles.

The mass ratio of soot and organics (msoot/morganics) (organ-

ics excluding PAH) is presented for the entire experiment in

Figure 7 (RIE for organics set to 1.4 [Canagaratna et al.

2007]). The mass of organics has been used as a normalization

factor in order to correct for sudden and temporarily variations

in the total dilution ratios during the measurements. The ejec-

tor-type diluter is sensitive to pressure fluctuations in the sam-

pling line and is likely the reason for these temporary

variations. Sudden changes in the total dilution, even during a

few seconds, are affecting the obtained signal due to the high-

time resolution of the SP-AMS. By using the total organic sig-

nal as normalization factor, the time series are more explicit.

An immediate increase in the msoot/morganics ratio was observed

after each λ decrement, with the highest ratio observed at the

lowest λ (λ D 0.40). This means that soot formation was

promoted in the given temperature range compared to other

(nonPAH) organic products of incomplete combustion. Quan-

tification of K is approximate since this particle type generate

ions by thermal ionization on the hot vaporizer (surface ioniza-

tion) used in the AMS. Assuming a RIE for K of 2.9, as

described by Drewnick et al. (2006), the amount of K is found

to be an order of magnitude less than the organics.

Particulate PAH molecules can be identified with the SP-

AMS. An example of mass spectra for organic ion fragments

FIG. 5. Scanning electron microscopy photos of particle samples at λ D 0.45 (a) and λ D 0.40 (b).
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FIG. 6. (a) Average high resolution mass spectra for each λ set-point (0.50, 0.45, and 0.40) (high resolution). Cx represent carbon fragments (C1 to C9), K are the

potassium isotopes (m/z 38.964, m/z 40.962), and Organics are the organic ion fragments (PAH excluded). (b) Particle mass size distributions of soot and K (unit

mass resolution). Note that the soot and the K are represented by single ion fragments (m/z 36 for soot and m/z 39 for K). The unit on the y-axis is Hz (dS/dlogdva)

which is directly proportional to the mass distribution (dM/dlogdva).

FIG. 7. Temperature profile of the gasifier and ratio between soot and organic mass concentration obtained during the experiment. An immediate ratio increase

was observed when the λ was changed.
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and PAH ions can be found in Figure 8a. The obtained

result in Figure 8a is mostly based on evaluating tools used

for atmospheric research and is achieved by applying the

fragmentation table that exists within the software used.

Detailed information of the differentiation between organics

and PAH ion fragments can be found in Dzepina et al.

(2007). Two arbitrary peaks from Figure 8a (m/z 374 and

m/z 202), suggested as PAH ions, were chosen in order to

verify the formation of larger ions at reduced λ. The ratio of

these selected m/z is shown in Figure 8b, where the ratio

increase indicates an increased presence of large PAH frag-

ments in the syngas particulates at reduced λ. Increased for-

mation of larger PAH suggests an increased formation of

soot precursors. If this was an effect of stoichiometry, pro-

cess temperature or a combination effect of them both needs

to be further investigated. The signal strength of the larger

PAH fragment at λ D 0.50 was about 10 times higher than

the determined detection limit (3s). The particulate matter

was dominated by soot, as the total mass (corrected for dilu-

tion) of soot in the syngas was 2.5 mg/m3 at λ D 0.50 and

10.2 mg/m3 at λ D 0.40. The corresponding masses of PAH

were 0.06 and 0.14 mg/m3. The AMS analysis demonstrated

a clear correlation between the contents of PAH and soot in

the syngas, shown in the SI in Figure S2. A higher concen-

tration of PAH corresponded to a higher amount of soot.

These results agree well with the widely accepted soot-

forming mechanism where further growth of large PAHs is

proposed to eventually end up in soot formation (Richter

and Howard 2000; Warnatz et al. 2006).

CONCLUSIONS

This work has demonstrated the possibility of time-resolved

SP-AMS measurements from gasification. The main advantage

of SP-AMS compared to other techniques is that the particle

composition (soot, PAH, organics and ash forming elements)

can be obtained with high-time resolution and thus studied as

a direct effect of the gasifier-operating conditions. This

resulted in increased knowledge about the types of submicron

particles that are expected from gasification of stem wood and

provide valuable input to designers of syngas cleaning and

conditioning apparatus.

The syngas particulates were mainly composed of soot,

whereas the PAH-content of the particulates was at least an

order of magnitude lower. Inorganics were also significantly

lower in concentration. The number concentration of particles

in the syngas was relatively constant during the campaign, but

the mobility diameter of the particles increased at reduced λ.
Therefore, the experiment exhibited increased soot yield on a

mass basis as a result of λ reduction.
The SP-AMS instrument provided additional information

about the particle composition and at a much higher time-reso-

lution compared with other particle characterization techni-

ques such as particle collection using impactor and subsequent

characterization by SEM-EDS. The fraction of large PAH

increased at low λ, indicating an increased presence of large

PAH fragments in the syngas particulates, supporting

accepted mechanism for increased soot formation. The SP-

AMS analysis demonstrated a clear correlation between the

contents of PAH and soot in the syngas. From above, it is

favorable to run the gasifier at a high λ (i.e., high tempera-

ture) in order to minimize the yields of both soot and PAH

in the syngas. The disadvantage with increased λ is, how-

ever, the increased O2 consumption and that more of the

fuel energy is converted to sensible heat instead of chemical

energy in the syngas.
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a b s t r a c t

In this paper submicron particles sampled after the quench during 200 kW, 2 bar(a) pressurised, oxygen
blown gasification of three biomass fuels, pure stem wood of pine and spruce, bark from spruce and a
bark mixture, have been characterised with respect to particle size distribution with a low pressure cas-
cade impactor. The particles were also characterised for morphology and elemental composition by a
combination of scanning electron microscopy/energy dispersive spectroscopy (SEM/EDS) and high reso-
lution transmission electron microscopy/energy dispersive spectroscopy/selected area electron diffrac-
tion pattern (HRTEM/EDS/SAED) techniques. The resulting particle concentration in the syngas after
the quench varied between 46 and 289 mg/Nm3 consisting of both carbon and easily volatile ash forming
element significantly depending on the fuel ash content. Several different types of particles could be iden-
tified from classic soot particles to pure metallic zinc particles depending on the individual particle rela-
tion of carbon and ash forming elements. The results also indicate that ash forming elements and
especially zinc interacts in the soot formation process creating a particle with shape and microstructure
significantly different from a classical soot particle.

� 2014 The Combustion Institute. Published by Elsevier Inc. All rights reserved.

1. Introduction

Pressurised oxygen blown entrained flow gasification of bio-
mass is a thermochemical process that in the future can be used
to produce a significant amount of renewable products such as
electricity, liquid fuels and/or chemicals. Compared to other gasifi-
cation technologies (fixed-bed or fluidised-bed), entrained flow
gasification often operates at a process temperature above the
ash melting temperature. Due to the high process temperature
(>1200 �C) and since it is oxygen blown, the produced gas has a
high content of CO, H2, CO2, and H2O with a relatively low methane
and tar content [1], and is therefore suitable for synthesis of liquid
fuels or chemicals. Furthermore, due to the high gas quality (low
amount of hydrocarbons and tars), the upgrading of the produced
gas to syngas is relatively easy. Although entrained flow gasifica-
tion of coal is a well-known technology, the experience of
entrained flow gasification of a solid biomass is mainly limited to

fundamental studies in externally heated atmospheric drop tube
furnaces [2–6].

To demonstrate the entrained flow gasification concept of bio-
mass in larger scales, a pilot plant with a maximum fuel capacity
of 1 MW thermal load at a pressure of 10 bar was commissioned
in 2011 by the technology owner IVAB. The gasifier is located at
the Energy Technology Centre (ETC) laboratory in Piteå, Sweden.
The first initial results from the gasifier showed that it was possible
to generate a high quality syngas during gasification of stem wood
powder with respect to the gaseous components [7]. However, not
only are the gaseous components of interest in order to assess the
quality of the syngas. Particulate matter in the syngas is also of
great interests since it could lead to clogging of downstream com-
ponents and catalyst deactivation.

During high temperature (1000–1400 �C) entrained flow gasifi-
cation [6] or pyrolysis [8] of biomass in atmospheric drop tube fur-
naces, the particulate matter in the producer gas/syngas consists of
fine soot particles. Also, the process temperature has a significant
influence on the soot and tar yield in the syngas gas [6,8]. At low
process temperatures (1000 �C), the produced gas consisted of
significant amounts of tars and low amounts of soot. When the
process temperature increased above 1000 �C the tar yield in the
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gas decreased and the soot yield increased significantly. At the
highest process temperatures (1350–1400 �C), only soot and
almost no tars were detected in the produced gas [6,8]. Similar
trends have been observed during pulverised coal pyrolysis
[9–10] and therefore soot particles are most likely produced when
volatile matter, tar in particular, undergoes secondary reactions at
high temperatures [11].

Gustafsson and co-workers [12–14]made the following observa-
tions regarding the particulatematter in the product gas during low
temperature gasification of biomass in different types of fluidised
bed gasifiers. All gasifiers displayed a bimodal particle mass size
distributionwith a finemode in the <0.5 lm size range and a coarse
mode in the >0.5 lmsize range. Comparedwith themass concentra-
tionof the coarsemode, themass concentrationof thefinemodewas
lowforall typeofgasifiers. Elemental analysisof theparticulatemat-
ter during steam- and oxygen-blown gasification of wood pellets in
an atmospheric (20 kW) bubbling fluidised bed gasifier indicated
that itwasdominatedby carbon (soot and char) [12]. Theparticulate
matter in all particle size ranges also contains a small percentage of
ash, with calcium as the dominant element [12]. During indirect
steambubblingfluidisedbedgasificationofwoodpellets, all particle
sizes also contains an ash fraction. However, in this case there was a
difference between the elemental concentration of the fine and the
coarse mode, since the inorganic fraction of fine mode was
dominated by potassium and chlorine, whereas calcium and silicon
dominated the coarse mode [13].

As mentioned above, characterisation of particles formed dur-
ing entrained flow gasification of biomass has been performed ear-
lier in drop tube furnaces [6]. However, to the authors’ knowledge,
no results regarding particle formation in larger scale oxygen
blown entrained flow gasification where the gasification process
is auto-thermal, is available in the literature. The results from this
work may be used (i) to increase the knowledge of the various
stages in particle formation (ii) as a reference case for development
of well-controlled laboratory reactors for studies of various stages
in the particle formation process during entrained flow gasification
of biomass and (iii) to assess the particle load for the synthesis
plant located downstream of the gasifier. The results presented
in this paper have therefore both a great scientific and practical
interest for the research community. Furthermore, in order to limit
its length this paper presents experimental results rather than a
detailed discussion of its interpretation. Further interpretation,
theoretical analysis and possible explanations of the experimental
results will be presented in another subsequent paper.

2. Experimental

2.1. Pressurised entrained flow gasifier

The Pressurised Entrained flow Biomass Gasification (PEBG) pi-
lot plant was designed to operate in slagging mode with process
temperatures ranging between 1200 and 1500 �C. A detailed
description of the plant can be found elsewhere [7] and therefore
only a brief description is given here. The PEBG gasifier consists
of a refractory lined reactor (0.52 m in inner diameter and
1.67 m in vertical reactor length) followed by a bubbling 2-level
water sprayed quench for syngas cooling and smelt/particle sepa-
ration. Five thermocouples (Type S, shielded with protective cera-
mic encapsulation) measured the process temperatures at different
locations inside the reactor. One thermocouple was mounted in the
upper part of the reactor, 0.46 m from the burner. Three thermo-
couples were mounted at the reactor middle circumference
(1.05 m from the burner) and one thermocouple was mounted at
the lower part of the reactor (1.66 m from the burner). The burner
where the pulverised fuel and oxidant are injected is installed in

the top of the reactor. The oxidant is a mixture of oxygen and
nitrogen.

The raw syngas and other products from the reactor (i.e. gases,
particles and ash/char) were cooled to temperatures below 100 �C
by water sprays in the quench. Separated particles in the quench
(i.e. ash or possible char and soot particles) either settled at the
bottom of the quench or in the sedimentation vessel downstream
the quench water outlet. The process pressure was controlled by
a regulating valve on the syngas outlet pipe. Slip streams of the
cooled syngas could be sampled from the outlet syngas pipe to
measure both gas and particle concentrations. Finally, the pro-
duced syngas was flared on the top of the building.

2.2. Fuels and operating conditions

Measurement of the particle mass size distribution in the raw
syngas was performed during five days in January and February
2012. To investigate the influence of fuel type, three different fuels
were studied in this work. Commercially available stem wood pel-
lets produced from sawdust of pine and spruce were tested during
three separate days. Pure spruce bark pellets delivered from Södra
Cell (pulp mill in Mönsterås, Sweden) and a bark mixture (spruce,
pine and birch) separated from the pulp wood in Smurfit Kappa
Kraftliner (pulp and paper mill in Piteå, Sweden) debarking drum
were also used as fuels for one day each. For each fuel several mea-
surements were performed to investigate the variation in particle
concentration and particle size distribution. The fuel and its ash
compositions (analysed by ICP) can be found in Table 1. The main
difference between the three fuels is the significantly higher ash
content of the two bark fuels than that of the fuel from wood pow-
der. Furthermore, there was a large variation in ash composition of
the bark mixture. The fuels were milled to powders using a granu-
lator (Rapid Granulator 15 Series) and a hammer mill (MAFA EU-
4B) connected in series. The resulting particle size distributions
after milling were determined by sieving in a vibratory sieve sha-
ker (Fritsch Analysette 3). Three representative samples from each
fuel were sieved and the average particle size distributions were
calculated.

Table 1
Physical, proximate and ultimate analysis of the fuels.

Fuel Stem wood Spruce bark Bark mix

Particle size distribution
d50 (lm) 100 100 160
d90 (lm) 310 220 340

Proximate analysis (wt% as received)
Volatile 81.1 – –
Fixed carbon 14.2 – –
Moisture 4.3 7.1 4.5
Ash 0.4 ± 0.02 4.3 ± 0.4 4.5 ± 2.0

Ultimate analysis (wt% dry)
Carbon 50.9 52.2 52.6
Hydrogen 6.3 5.6 6.4
Nitrogen 0.10 0.41 0.38
Chlorine <0.01 0.02 –
Sulphur 0.006 0.037 0.026
Oxygen (by difference) 42.4 37.5 38.3
Lower heating value (MJ/kg dry) 19.6 19.6 20.8

Major ash components (mg/kg)
Si 79 ± 54 4808 ± 803 7010 ± 5285
Al 26 ± 10 1106 ± 30 1728 ± 1287
Ca 736 ± 165 8719 ± 303 6237 ± 389
Fe 28 ± 3 710 ± 35 855 ± 579
K 357 ± 102 2034 ± 82 2169 ± 855
Mg 187 ± 18 790 ± 43 691 ± 73
Mn 116 ± 15 538 ± 24 412 ± 18
Na 15 ± 8 431 ± 1 690 ± 457
P 48 ± 9 460 ± 22 396 ± 36
Zn 9 ± 1 97 ± 6 121 ± 2
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The experimental conditions of the gasifier are summarised in
Table 2. The gasifier was pressurised to 0.95 bars above atmo-
spheric pressure. The mass flow of fuel to the gasifier corresponded
to a thermal power of approximately 200 kW for all fuels. The oxy-
gen equivalence ratio k was varied between 0.44 and 0.49 and was
selected to give a sufficiently high process temperature (�1100–
1300 �C) in the reactor. The residence time of the gas inside the
reactor at these process conditions estimated from a plug flow
assumption was in the order of 8 s. The resulting process temper-
atures in different locations of the gasifier and the gas composition
are also given in Table 2. The process temperature in this work
were defined as the measured temperatures of the thermocouples
and this temperature differs from the real gas temperature inside
the reactor due to radiative heat transfer between the thermocou-
ples, the flame, and the surrounding walls. Compared to a possible
full scale commercial gasifier (�100 MWth, 30 bar), the reactor in
the PEBG pilot plant has higher heat losses (�9% of the thermal en-
ergy of the fuel) since it is smaller and operates at lower pressure.
Therefore, we have to run the experiment at slightly higher k
compared to a full scale gasifier in order to get the same process
temperature in the reactor.

2.3. Particle and gas sampling

A schematic of the particle sampling system used in this work is
presented in Fig. 1. The insulated sampling line between the syngas
pipe and the impactor was relatively long (4.5 m) because the
impactor was installed in a separate room next to the gasifier for
safety reasons. Particle samples were withdrawn from the centre-
line of the syngas pipe by a rapid dilution probe. The dilution probe
was installed just after the pressure regulating valve that con-
trolled the system pressure in the gasifier. The pressure in the syn-
gas pipe just after the valve was close to atmospheric pressure and
the temperature of the raw gas was about 40 �C.

In high temperature aerosol sampling systems (hot gas–cold
dilution gas), the aim with a dilution probe sampling system is
to size separate nuclei formed from inorganic vapour during
quenching from pre-existing particles and prevent coagulation of
particles in the sampling line [15–17]. Since the raw syngas in this
case was already cold most of the aerosol forming process that
could affect the composition of the particles had already occurred
up-stream the sampling position. Instead in this work, hot dilution
gas heated with an electrical heater to about 300 �C was used to

dry and dilute the raw syngas after the dilution zone in the sam-
pling probe. The temperature of the heated nitrogen just before
the sampling probe is measured with a 1.5 mm K-Type thermocou-
ple and the temperature at that position was approximately
210 �C. The temperatures directly after the heater and after mixing
with the sample flowwere determined with type K thermocouples.
The temperature after the dilution zone was about 100 �C. The flow
rate of nitrogen to the dilution probe was controlled with a needle
valve (NV1) to obtain a dilution ratio of about 100 times. The dilu-
tion ratio was defined as the ratio between CO measured in the di-
lute gas and the CO concentration measured in the syngas. The
dilution ratio was selected in order to reduce the CO concentration
in the diluted gas to <5000 ppm, since the instrument (Testo 350
XL) that measures the dilution ratio has a measurement range of
CO between 0 and 5000 ppm. Furthermore, valves were also in-
stalled to enable flushing of the sample probe system before sam-
pling in order to blow away any deposited particles from surfaces
in the sampling system.

The dry and diluted syngas was thereafter sent to a 13-stage
low-pressure cascade impactor (LPI) from Dekati that analyses
the aerodynamic particle mass size distribution within the range
of 0.03–10 lm. The temperature of the LPI system was �40 �C dur-
ing the experiments. Non-greased aluminium foils were used as
impactor substrates except for stage 13, which was the first stage
after the inlet to the impactor. That stage was greased with Apie-
zon L (DS-515, Dekati) which is a high vacuum grease to increase
the collection efficiency of any large particles. The impactor plates
were analysed gravimetrically before and after each experiment
with an analytical balance (±1 lg). The CO and O2 after the pump
were measured continuously with chemical cells using a Testo
350 XL (Nordtec Instrument) to check the overall dilution ratio of
the system.

Sampling of the produced gas was also performed continuously
under the experiments by withdrawing a slip stream of the pro-
duced gas through a particulate removal equipment and a water
condenser. A micro-GC measured the H2, N2, O2, CO, CO2, CH4,
C2H4, and C2H2 concentrations in the dry syngas every 4 min.

2.4. Chemical and physical analysis of particulate matter

Particle matter on impactor plate 1 with a particle diameter for
50% collection efficiency (d50) of 0.033 lm, plate 6 (d50 = 0.411
lm), and plate 8 (d50 = 1.038 lm) was analysed for morphology

Table 2
Operating conditions, process temperatures and gas composition during the experiments.

Run Wood Spruce bark Bark mixture

1 2 3 4 1 2 3 1 2 3 4 5

Sampling time, min 10 15 50 26 15 31 30 21 22 27 35 19
Pressure (bar A) 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95 1.95
Fuel feed, kg/h 40.0 40.0 40.0 40.0 40.0 40.0 40.0 40.0 40.0 40.0 40.0 40.0
O2 feed, kg/h 24.5 24.5 27.0 27.0 24.0 24.0 24.0 30.0 26.0 26.0 26.0 26.0
O2 concentration in burner, mol% 90 90 83 86 89 89 85 73 82 82 84 83
N2 feed, kg/h 13.0 12.9 15.6 17.4 13.3 13.3 13.4 29.3 14.1 14.0 14.1 14.1
k 0.44 0.44 0.49 0.49 0.45 0.45 0.45 0.49 0.44 0.44 0.44 0.44
Quench water level, % 33 33 35 35 30 30 30 30 30 30 30 30
T, top, �C 1192 1202 1240 1273 1087 1108 1118 1167 1181 1200 1178 1215
T, middle, �C 1183 1197 1179 1277 1099 1118 1125 1190 1197 1211 1207 1221
T, bottom, �C 1121 1136 1103 1221 1047 1066 1072 1144 1155 1166 1162 1179
T, quench, �C 81 81 60 79 78 79 78 86 83 83 83 84
T, raw gas, �C 41 41 30 40 33 37 37 39 43 43 42 44
N2, % 18.4 18.3 21.9 17.9 18.9 15.7 18.3 32.3 17.1 17.0 17.3 16.9
CO2, % 17.4 16.8 17.9 18.6 17.3 16.0 15.3 16.9 14.4 14.0 13.7 13.5
H2, % 22.4 22.7 20.8 21.3 21.5 23.4 22.7 16.2 23.1 23.5 23.6 23.8
CO, % 39.3 39.6 36.7 39.7 38.6 41.3 39.9 31.8 42.4 42.7 42.7 43.1
CH4, % 2.0 2.0 1.8 1.2 2.0 2.0 1.9 1.2 1.7 1.6 1.6 1.4
C2H2, % 0.23 0.23 0.19 0.17 0.14 0.11 0.11 0.14 0.14 0.12 0.13 0.11
C2H4, % 0.12 0.13 0.09 0.07 0.12 0.09 0.08 0.03 0.06 0.04 0.04 0.03
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with a scanning electron microscope (JEOL JSM-6460) equipped
with an X-ray energy dispersive detector (Oxford Instruments)
for chemical analysis of both the inorganic and the carbon content
of the particulate matter (SEM/EDS). Particles collected on plate 1,
plate 6 and plate 8 represents the beginning, mode and the end of
the particle size distribution and therefore these plates were cho-
sen for SEM/EDS analysis. For each impactor plate 3–5 area analy-
ses were performed on the particle sample stacks. The particles
were examined without any coating.

Particle matter on plate 1 and 6 for each fuel was further ana-
lysed with a combination of high-resolution transmission electron
microscopy (HRTEM), energy-disperse X-ray spectroscopy (EDS)
and in some case also selected area electron diffraction (SAED).
SAED is a crystallographic experimental technique that is per-
formed inside a TEM microscope for investigation of the structure
(crystal, polycrystalline, and amorphous) of a material similar to
X-ray diffraction (XRD), but unique since very small areas (nano-
meter scale) can be examined. For a single crystal a clear diffrac-
tion pattern is created were each spot in the diffraction pattern
corresponds to a specific position in the unit cell of the crystal.
For polycrystalline materials a ring pattern is created and finally
for amorphous materials only a broad spot is created in the centre
of the diffraction pattern. Particles collected on plate 8 was not
analysed with HRTEM since they may become too thick for proper
analysis with HRTEM. Particle matter from each impactor plate
was mechanically transferred to the TEM grid. The particles have
thereby in the sample preparation not been exposed for any type
of fluid that may affect the morphology of the particles. The sam-
ples were thereafter examined in a JEOL JEM-2100F instrument
equipped with an EDS detector. The particles on the TEM grid were
also examined without any coating.

2.5. Penetration of elements through the gasifier

The amount of ingoing elements with the fuel, gi that finally
ends up in the particles in the produced gas after the quench has
been estimated according to

gi ¼
QgasPMgasCparticle;i

mfuelCfuel;i
i ¼ C; S; Cl; K; and Zn ð1Þ

where Qgas (Nm3/h) is the flow of produced gas, PMgas (kg/Nm3) is
the particle concentration in the produced gas, Cparticle (wt%) is the
concentration of element i in the particles, mfuel (kg/h) is the mass
flow of fuel and finally Cfuel (wt%) is the concentration of element
i in the fuel. The gi in this work has been estimated from the particle
concentration measured with the DLPI and the elemental composi-
tion of the particles collected on impactor plate 6 from that specific
experiment. The study was limited to carbon, sulphur, chlorine,
potassium and zinc since it were these elements that gave a signif-
icant contribution to the elemental composition of the collected
particles. Plate 6 was assumed to represent the whole elemental
composition of the particles since it represents the particle mode
diameter in the particle size distribution. This is a good assumption
since particle collected on plate 6 represents more than 80 wt% of
the analysed particle mass.

3. Results, observation and discussions

3.1. Stem wood

Figure 2 presents a summary of the particle mass size distribu-
tion, the bulk elemental composition (detected by SEM/EDS) and
morphology (detected by TEM) of the particulate matter from plate
1 and 6 when stem wood was used as raw material in the gasifier.
The particle concentration in the produced gas varied between 86
and 289 mg/Nm3 in the different experiments. Particle mass size
distribution was dominated by particles with an aerodynamic
diameter <1 lm (submicron particles). The particle mode diameter
was approximately 0.5 lm for all experiments. The elemental com-
position was totally dominated by carbon (>95 wt%) for all particle
sizes with a small amount of potassium (0.6–1.9 wt%). For the
smallest particles, it was also possible to detect traces of oxygen
and refractory elements. Both the particle concentration, particle
size distribution and elemental concentration presented in this
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Fig. 1. Schematic sketch of the particle sampling system.
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work are similar to results obtained by fixed bed gasification of
wood chips [18]. The total particle concentration in the produced
gas were also similar to fluidised bed gasification of wood
[12–14] with the differences that the particle size distribution also
consist of supermicron particles (aerodynamic diameter >1 lm)
during fluidised bed gasification. Furthermore, the particle concen-
tration in the produced gas needs to be reduced several order of
magnitudes before the gas can be used in advanced technical appli-
cations (i.e. gas turbines and synthesis processes).

Two different types of primary particles could be detected,
small spherical particles with a primary particle diameter of
�30–50 nm. This type of particles is hereafter referred to as fine
primary soot particles. The second type of particles were also
spherical but with a significantly larger diameter, �0.1–0.3 lm.
This type of particle is hereafter referred to as large primary soot
particles in the text.

Figure 3 presents typical HRTEM images of both the fine and
large primary soot particles. The fine primary soot particles con-
sisted of monolayers of carbon atoms, graphene [19] that grows
perpendicular to the centre of the particle in the direction of the
surface forming a particle with concentrically stacked graphitic
layers. Both the size of the primary particle and its microstructure
is typical for soot particles [20], and have been reported previously
for soot generated during combustion in diesel engines [21,22] and
pulverized coal flames [22,23]. The microstructure of the large pri-
mary soot particles can also be seen in Fig. 3. Generally, the large
primary soot particles consists of two parts, a centre and one or
more shells depending on the size of the particle. The size of the
centre is �50–100 nm. Unfortunately, due to the particles thick-
ness it was impossible to get a clear picture of the microstructure
of the centre. However, the SAED pattern of the centre of the large
primary soot particle indicates the lack of ordered structure since
only one clear diffraction point was observed. The size and micro-
structure of the shell can clearly be seen in Fig. 3. The thickness of

the shell is �40 nm and the microstructure of the shell is similar to
the microstructure of a small primary soot particle. The SAED pat-
tern of the outer layer also shows an orientation of the microstruc-
ture since arc where observed in the diffraction pattern. For the
largest soot particles identified in the TEM image, it was possible
to identify multiple shells around the centre of the particle where
the size of the individual shell where �40 nm.

The formation mechanism of both the fine primary soot particle
and the large primary soot particle are most likely the same. The
structure between the two was similar and the shell of the large
primary soot particle may have been created around the centre
of a fine soot particle. The surface growth from fine primary soot
particle to large primary soot particles may be caused by recircula-
tion of fine primary soot particle to the flame. The flow pattern in
the reactor created by the central flame and the geometry of the
reactor actually allows pre-existing soot particles to pass through
the flame again several times after it has been formed. This is
caused by the reverse flow (down flow in the centre and up flow
against the wall) in the reactor. Practically, the formation of large
primary soot particles is not optimal for complete carbon conver-
sion, since oxidation with CO2 and H2O of large primary soot par-
ticles are most likely longer compared to oxidation of fine
primary soot particles due to its larger mass.

The presence of large primary soot particles is not so commonly
described in the combustion literature as for the fine primary soot
particles. However, Chen et al. [23] could identify similar particles
during pulverized coal combustion in a laboratory furnace. The
structure of the large primary soot particles seems also to be sim-
ilar to commercially available pristine carbon nano-spheres (diam-
eter100 and 200 nm) that are used in the electrical industry [24].
Septien et al. [8] also identified large particles from SEM images
during their high temperature pyrolysis experiments in a drop tube
furnace. No HRTEM image of the microstructure of large particles
was available in that paper, but the presence of large particles

Fig. 2. Particle size distribution, particle concentration, elemental bulk composition of selected particle sizes (SEM/EDS) and morphology of particles (TEM) during
gasification of stem wood. Ref = refractory elements (e.g. Si, Ca, Fe, and Mg).
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indicates that the formation of large primary soot particles is a
common phenomenon during entrained flow gasification of bio-
mass. Probably the residence time in a reduced region that allows
a significant soot surface growth is much larger in a gasifier flame
(reduced environment downstream the flame) compared to tradi-
tional flames (oxidised environment downstream the flame).

3.2. Spruce bark and bark mixture

Figures 4 and 5 present a summary of the particle mass size dis-
tribution, bulk elemental composition (detected by SEM/EDS) and
morphology (detected by TEM) of the particulate matter from
impactor plate 1 and 6 when the spruce bark and the bark mixture
were used as raw material in the gasifier, respectively. The
particle concentration in the produced gas varies between 70 and
88 mg/Nm3 for the spruce bark (Fig. 4) and between 46 and
130 mg/Nm3 for the bark mixture (Fig. 5). The particle concentra-
tion in the raw gas was in general slightly lower compared to when
pure stem wood was used as raw material. Again, for both of the

bark based fuels, the particle concentration was totally dominated
by submicron particles with a mode diameter of �0.4 lm which is
slightly smaller compared with the stem wood mode diameter
(�0.5 lm, see Fig. 2). In comparison to gasification of wood there
are only a limited number of published results on bark gasification
that can be used as a comparison. However, Risberg et al. recently
published results from air blown cyclone gasification of bark [25].
Particle measurements were performed before and after the gas
cleaning system (multi cyclone, bioil scrubber, wet electrostatic
precipator). The resulting particle concentration in the product
gas after the gas cleaning system was 13 mg/Nm3 with a gas clean-
ing efficiency of >99.9%. The collected particles consisted roughly
of equal amounts of elementary carbon and organic carbon. Since
the gas cleaning system in the cyclone gasifier is much more
advanced compared to the PEBG pilot plant the results are not
directly comparable. However, it most likely show that there exists
an opportunity to reduce the particle concentration in the PEBG
plant significantly, if an advanced gas cleaning system is installing
downstream of the quench in the future.

Fine soot particles Large soot particles 

Fig. 3. HRTEM images of typical fine and large soot particles during gasification of stem wood.
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Fig. 4. Particle size distribution, particle concentration, elemental bulk composition of selected particle sizes (SEM/EDS) and morphology of particles (TEM) during
gasification of spruce bark. Ref = refractory elements (e.g. Si, Ca, Fe, and Mg).

Fig. 5. Particle size distribution, particle concentration, elemental bulk composition of selected particle sizes (SEM/EDS) and morphology of particles (TEM) during
gasification of bark mixture. Ref = refractory elements (e.g. Si, Ca, Fe, and Mg).
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There were significant morphological differences between par-
ticles generated from spruce bark gasification compared with those
from stem wood gasification. The shape of the particles from
spruce bark were in general irregular (see Fig. 4) compared to
the spherical particles from stem wood (see Fig. 2). Furthermore,
it was not possible to identify any larger primary particles with a
diameter >0.1 lm in the impactor samples as it was for the stem
wood. However, for the bark mixture (see Fig. 5), the generated
particles were more similar to the particles generated during gas-
ification of pure stem wood. The particles were round and it was
again possible to identify large primary particles with a diameter
of �0.2 lm from impactor plate 6.

The bulk elemental compositions of the particles from the two
bark-based fuels were significantly different from that of pure stem
wood. In addition to carbon, the particulate matter also consist of
significant amounts of oxygen, easily volatile ash elements (potas-
sium, zinc, sulphur and chlorine) and a small amount of different
refractory elements (silicon, calcium, manganese, and iron). The
amount of carbon in the particle matter also increases significantly
when the aerodynamic diameter of the particle increased, as

indicated by the elemental composition for the impactor plates
presented in Figs. 4 and 5. Interestingly, for each particle size dis-
tribution, the particle composition with respect to zinc and sulphur
shows the same trend, see Figs. 4 and 5. This could indicate that
zinc and sulphur were bound to each other in a chemical com-
pound such as ZnS. Similarly, potassium and chlorine have the
same trends (see Figs. 4 and 5) which could indicate KCl.

Compared with combustion of biomass [26–29], the same ash
forming elements were found in the submicron particles during
entrained flow gasification. One significant difference could how-
ever be found regarding the oxygen content of the particle matter
between combustion and gasification of biomass since it is much
lower during gasification compared to combustion [26,28]. This
indicates that the ash forming elements should form chemical
compounds with a more reduced form during entrained flow
gasification compared to combustion. For example, potassium
and sulphur will most likely form K2S in reduced atmospheres
(gasification) and not K2SO4 as it is the situation in an oxidised
environment (combustion). The cations K+ and Zn2+ will be bound
with possible anions of O2�, S2�, Cl�, OH�, and CO2�

3 forming fly ash
particles of K2S, KOH, K2CO3, ZnO, ZnS, and ZnCl2 in a reduced
atmosphere or be presented in its metallic form.

Table 3 shows the fraction of carbon, chlorine, sulphur,
potassium, and zinc in the fuel that ended up in particles in the cold
synthesis gas after the quench. Only a very small fraction of the car-
bon that was added to the gasifier through the fuel ended up in the
submicron particles after the quench (maximum 0.1 wt%). For the
inorganic elements, however, the fraction that ended up as submi-
cron particles was significantly higher, especially for zinc where
about 10% of the zinc that enters the gasifier with the fuel ends up
as submicron particles in the raw gas after the quench.

Table 3
Fractions of elements contained in the exit submicron particles compared to the
elemental inlet flow with the fuel.

Element (wt%) Wood Spruce bark Bark mixture

C 0.1 0.02 0.04
Cl – 3.2 –
S – 1.8 2.0
K 2.6 1.1 1.2
Zn – 13.7 10.0

Fig. 6. HRTEM images of soot particles during gasification of the bark mixture. The elemental compositions of the investigated particles are also presented in the last plate.
Large error bars in the EDS analysis indicate that the identified element is trace elements.
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During gasification of the more ash-rich, bark-based fuel, sev-
eral different types of individual particles could be detected by
the HRTEM investigation of the particulate matter where the shape
and microstructure seemed to follow the concentration of carbon
and ash forming elements in the individual particle. When the car-
bon content was >90 wt%, the shape of the particles was spherical
and generally showed a microstructure with staged graphite layers
(see Fig. 6) similar to the soot particles identified for pure stem
wood. However, there were small differences regarding the micro-
structure of the particles as shown in the different HRTEM images
presented in Fig. 6. One general characteristic for the primary soot
particle generated during gasification of the bark-based fuels, was
that the soot particles seemed to be more mature [30] due to high-
er structural order and longer fringe length compared to the pri-
mary soot particle generated during gasification of stem wood
(see Fig. 3). It is well known that the microstructure of the soot af-
fects the oxidation behaviour of soot [31], and also that the oxida-
tion is reduced for soot with larger graphite layers [31].

It was also often possible to identify multiple nuclei with a
diameter of �2 nm in the centre of the particle (see Fig. 6A, white
arrows) in a similar way as first was observed by Ishiguro et al. [21]
for diesel soot particles. These multiple nuclei were also recently
observed during studies of soot particles from pulverized coal com-
bustion [23]. It was also often possible to identify small particles
with a typical size of �1 nm attached to the surface of the particle
(see Fig. 6A, black arrows). Similar particles produced during pul-
verized coal combustion attached to the surface of a soot particle
have previously been identified as fullerene nanocarbon particles
[32]. As shown by white arrows in Fig. 6B, the ring structure of
the soot particles is more dominant for some particles. Chen
et al. [22] suggest that the graphitic structure can be a result of

catalytic activity by the metal environment resulting in a more or-
dered structure of the graphite layers. Catalytic graphitisation of
carbons has been shown to occur at very high temperatures
(2600–3000 �C) and for a large number of metals [33,34]. For pure
soot particles it has also been shown that heating of a soot particle
to temperatures >2500 �C, either with a pulsed laser [35] or an un-
known technique [24] could result in partial graphitization of the
shell of the soot particle. The microstructure of the particle pre-
sented in Fig. 6B could therefore be a result of catalytic graphitisa-
tion in combination with a rapid heating of the particle in the hot
gasifier flame. For the particle shown in Fig. 6C, which also consists
of a non-graphitic centre and a partial graphitic shell, it was also
possible to identify crystals of ash forming elements in the centre
of the nanocarbon particle (see the white arrow, Fig. 6C). Apart
from carbon, the particles consisted of a significant amount of
potassium and zinc, and in some case also oxygen and calcium.
In the EDS spectrum it was also possible to identify traces of phos-
phorus, sulphur and chlorine in these particles. The EDS spectrum
also indicated that zinc and potassium are mainly present in their
metallic form since the concentration of sulphur and chlorine was
very low compared to the concentration of zinc and potassium.
Furthermore, the EDS spectra for the particle presented in Fig. 6C
indicate the presence of CaO in that particle since both the concen-
tration of calcium and oxygen was significant.

When the carbon content in the particles was below 90 wt%, the
shape and the microstructure of the particles significantly change
as shown in Fig. 7. Instead of spherical particles with a clear staged
graphite microstructure, the particle shape now looks like irregular
flakes and even at relatively high magnification in the microscope
it is not possible to identify any characteristic microstructure (see
Fig. 7C) in a similar way as for the soot particles. This indicates that

Fig. 7. HRTEM images of ‘‘graphite plates’’ during gasification of spruce bark (plate A and C) and bark mixture (plate B). The elemental compositions of the investigated
particles are also presented in the last plate. Large error bars in the EDS analysis indicate that the identified element is trace elements.
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the particles have an amorphous microstructure. Apart from car-
bon the particles consisted of a significant amount of zinc, potas-
sium, sulphur and oxygen. The particles also consisted of a
smaller amounts or traces of magnesium, silicon, phosphorous,
chlorine and calcium. The consequence of having carbon rich par-
ticles which includes ash forming elements (i.e., particles in Figs. 6
and 7) is connected to the functionality of the quench scrubbing
system of the gasifier. The separation of carbon rich particles
(insoluble in water) from the gas is most likely ineffective com-
pared to separation of fly ash particles. The fly ash particle consists
of easily volatile ash forming elements which are water soluble and
therefore are easier to separate from the gas in a quench scrubbing
system. Practically, this means that ash forming elements can pen-
etrates to a larger extent through the quench if they are present
within a carbon rich particle instead of a fly ash particle. This is

not preferable since catalysts can be very sensitive to poisoning
from ash forming elements.

When the ash forming elements start to dominate the individ-
ual particle composition the microstructure of the particle starts
to show a polycrystalline structure as shown in Fig. 8. From the
HRTEM image of the centre in Fig. 8, it is possible to identify small
single crystal regions (grains) where the size of the crystal is in the
order of 1 nm. The SAED pattern also indicates a polycrystalline
pattern since a ring forming structure was observed. Regarding
the ash forming elements, the particle start to be dominated by
zinc with a minor amount of the other inorganic species that have
been observed in the previous particle types.

It was also possible to identify a large number of particles that
were totally dominated by zinc (see Figs. 9 and 10). These particles
have an irregular grain-like shape with a characteristic size of

Fig. 8. HRTEM images of an ash forming element dominated particle produced during gasification of spruce bark. The elemental compositions of the investigated particles are
also presented in the last plate. Large error bars in the EDS analysis indicate that the identified element is trace elements.

Fig. 9. HRTEM images of zinc dominated particles during gasification of spruce bark. The elemental compositions of the investigated particles are also presented in the last
plate. Large error bars in the EDS analysis indicate that the identified element is trace elements.
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about 50 nm (see Fig. 9A). An EDS analysis of the particle composi-
tion in Fig. 9A shows that the elemental composition of zinc was
about 80 wt%. The particles also consist of carbon and the other
ash forming elements that have previously been identified in the
other particulate types. At higher magnification it was also possible
to identify almost pure zinc particles (95 wt% of zinc) with a poly-
crystalline microstructure in the HRTEM images (Fig. 9B). Other
elements found in those particles were carbon, oxygen and sul-
phur. Compared to the particle presented in Fig. 8, much larger sin-
gle crystal particle size (�5 nm) could be identified within in the
polycrystalline structure. The SAED pattern of the particle also
indicates a more ordered and crystalline structure since diffraction
points could be observed.

As shown in Fig. 10 it was also possible to identify single zinc
rich crystals attached to the surface of larger particles. Those par-
ticles had a spherical shape and the diameter of the particles was
also in the order of 4–5 nm. The spacing between the lattice fringes
in the particles is about �0.25 nm, as indicated in Fig. 10B. Metallic
zinc has a hexagonal closed packed unit cell structure with cell lat-
tice parameter a and b in the unit cell of 0.2665 nm and 0.4947 nm
respectively [36]. The identified distance (�0.25 nm) in Fig. 10B
was thereby very close to the lattice parameter a, which indicates
that the particles in Fig. 10B are pure metallic zinc crystals. Other
possible zinc compound crystals such as ZnO (lattice parameter a
0.3250 nm) and ZnS (lattice parameter a 0.3821 nm) have much
larger lattice parameters than �0.25 nm [36].

The results in this paper indicate that some ash forming ele-
ments and especially zinc affects the formation of the nanocarbon
particles on a molecular level. The effect of alkali metals on the
production of soot has been investigated by other authors in differ-
ent type of laboratory flames [37–40] but the influence of zinc on
soot formation has to our knowledge not been investigated before.
Bonczyk [39] and Tappe et al. [40] have observed that alkali
additives in pilot flame decrease the soot volume fraction and
the diameter of the soot particle, which may pose higher oxidation
and burnout rate at the late combustion stage. Furthermore, as
pointed out by Tappe et al. [40], alkali metals can also have a cat-
alytic effect in the soot oxidation process. Catalytic effects from al-
kali metals have not only been pointed out in soot formation
processes. As described in the review by Nzihou et al. [41] it is also
well known phenomena during gasification of biomass char. The
largest effect was from potassium followed by calcium [41], which
actually are some of the ash forming elements found in the parti-
cles in this work. The results presented in this paper also indicate
that the ash forming elements may reduce the amount of soot pro-
duced during oxygen blown entrained flow gasification, since the
particle concentration and especially the carbon concentration of
the particles in the raw gas was in general reduced significantly

when the two ash rich bark fuels were used as fuel in comparison
to pure stem wood (see Figs. 1, 3 and 4).

4. Conclusions

Based on the measurements of the particle mass size distribu-
tion with the impactor and subsequent analysis of the particulate
matter on the impactor plates with SEM/EDS the following overall
conclusions can be drawn;

� Particles with an aerodynamic diameter <1 lm (submicron par-
ticles) dominate the particle size distribution in the syngas after
the quench during entrained flow gasification of biomass. Prac-
tically this means that an advanced gas cleaning technology
(filter or electrostatic precipitator) need to be installed down
stream the quench if the particle concentration needs to be
reduced further.

� The elemental composition of the submicron particles are dom-
inated by carbon with smaller amounts of easily volatile ash
forming elements (K, S, Cl, and Zn) and traces of refractory
elements (Si, Ca, Mg, and Fe).

� The amount of ash forming elements in the submicron particles
is significant dependent on the parent fuel ash composition and
increases with increasing ash content of the parent fuels. There-
fore, the concentration of ash forming elements in the submi-
cron particles was higher for bark compared to stem wood.

� Smaller particle sizes in the particle mass size distribution have
a higher concentration of ash forming elements compared to
larger particle sizes.

� Submicron particles could penetrate through the quench scrub-
ber system to some extent. The resulting particle concentration
in the raw syngas after the quench varied between 46 and
289 mg/Nm3 in this work. Practically this means that the parti-
cle concentration needs to be reduced several order of magni-
tudes before it for example can be used in a catalytic process
for production of liquid fuels.

� A significantly larger fraction of the zinc introduced to the gas-
ifier with the fuel ends up in the submicron fraction compared
to the other easily volatile ash elements (potassium, chlorine
and sulphur).

Based on analysis of the collected particles with HRTEM/EDS/
SAED techniques the following additional conclusions can be
drawn;

� Two types of classic soot particles are formed during gasifica-
tion of low ash content stem wood, fine soot particles with a
primary particle size between 30 and 50 nm and large soot

Fig. 10. HRTEM images of zinc rich crystals attached to the surface of larger particles produced during gasification of bark mixture (plate A). The distance between the planes
in the crystal is indicated in plate B.
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particles with a primary particle size between 100 and 300 nm.
In addition to carbon, traces of metallic potassium could also be
found in these particles.

� The concentration of ash forming elements significantly influ-
ences the type of individual particles formed during entrained
flow gasification of biomass and both the shape and the micro-
structure of the individual particle was connected to its carbon
and ash content.

� During gasification of high ash content bark, several types of
particles could be identified following its concentration of car-
bon and ash forming elements, i.e., soot particles, graphite
flakes, ash forming element dominated particles, zinc domi-
nated particles and finally pure zinc particles.

� The results also indicates that zinc interacts in the formation of
the soot particle creating a particle with a form and microstruc-
ture significant different from a classic soot particle.
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