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Abstract

In the last half-century, global steel use has increased more than threefold and further growth is
expected, particularly in developing economies. However, steelmaking is currently responsible for 7%
of the global net carbon dioxide (CO.) emissions, and any substantial further optimization of existing
processes that utilize fossil fuels for iron ore reduction is infeasible. Therefore, steelmaking must
change for climate change mitigation targets to be achievable.

Hydrogen (H,) steelmaking using H, produced via electrolysis is one way forward. A challenge is the
substantial electricity demand of electrolysis. H. storage may lower the electricity cost of electrolysis
by allowing a larger share of H. to be produced when the electricity price is low. Existing experience
with large-scale H. storage is limited to salt caverns and the construction of such caverns requires
suitable geological formations, which are neither ubiquitous nor well-distributed. However,
geologically-independent H. storage technologies have not previously been evaluated for integration
with H, steelmaking. This is the aim of this thesis.

H. storage technologies were reviewed and liquid H, carriers were identified as the most techno-
economically feasible non-geological options. Out of these liquid carriers, methanol (CH;OH) was
found particularly promising for H, steelmaking due to the low heat demand of its dehydrogenation,
its low-cost storage, and the high technological readiness of plants for both its production and
dehydrogenation.

A complete CH;0H-based H. storage concept was developed, including processes for CO, and heat
supply. Its ability to reduce the H. production cost in a H. steelmaking process was evaluated via a
deterministic optimization method based on historical electricity prices. Results indicate that
CH;OH-based storage may be competitive with geological storage options, especially for cases with
long-duration electricity price patterns.

The option to also sell off accumulated CH;OH from the storage was investigated. Such steel and
CH3;0H co-production may improve storage utilization and reduce the risk of investment into H.
storage as it allows for profitability to be reached under a more diverse set of electricity market
conditions.

Keywords: hydrogen storage, fossil-free, steelmaking, industrial decarbonization, hydrogen direct
reduction



Sammanfattning

Den globala stalanvandningen har mer &n tredubblats under de senaste 50 aren och ytterligare tillvaxt
forvantas, framforallt i utvecklingslander. Stéltillverkning stér dock for 7 % av de globala
nettoutsldappen av koldioxid (CO.) och mojligheter till ytterligare optimering av nuvarande processer
for jarnmalmsreduktion baserade pé fossila brinslen ar begrdansade. Nya stéltillverkningsmetoder
kréavs darfor for att etablerade klimatmal ska kunna uppnas.

En vig framat &r jarnmalmsreduktion med vitgas (H.) producerad via elektrolys. En utmaning ar
elektrolysens stora elbehov. Ett H.-lager kan reducera elkostnaden for elektrolys genom att tillata att
en storre andel H, produceras nér elpriset ar lagt. Befintlig erfarenhet av storskalig H.-lagring &r helt
begrinsad till saltkaverner i geologiska saltformationer och dessa finns inte att tillgd 6verallt. Icke-
geologiska H,-lagringstekniker har dock inte tidigare utvarderats for H,-baserad stéltillverkning,
vilket ar syftet med denna avhandling.

Flytande H.-bdrare identifierades som de mest tekno-ekonomiskt géngbara alternativen for icke-
geologisk H.-lagring. Av dessa birare befanns metanol (CH;OH) vara sérskilt lovande for H.-baserad
staltillverkning pd grund av det laga varmebehovet for dess dehydrogenering, dess léga
lagringskostnad och for att processer for bade dess produktion och dehydrogenering har en hog
teknisk mognadsgrad.

Ett komplett CH;OH-baserat lagringskoncept for H.-baserad staltillverkning utvecklades, inklusive
processer for CO»- och virmeforsorjning. Detta koncepts formaga att minska kostnaden fér Ho-
baserad stéltillverkning utvirderades via en deterministisk optimeringsmetod baserad pa historiska
elpriser. Resultat indikerar att H.-lagring i CH;0H kan vara konkurrenskraftigt med geologisk
lagring, sérskilt i sirskilt i scenarier med ihéllande perioder med héga elpriser.

Vidare undersoktes dven majligheter att inkludera forsaljning av CH;0H i lagringskonceptet. Resultat
visar att sddan forsiljning kan minska risken for investering i ett CH;OH-baserat H.-lager som en del
av en H.-baserad stéltillverkningsprocess da det gor det mojligt for lagret att nd lonsamhet under mer
varierade elmarknadsforhallanden.
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1 INTRODUCTION

It is difficult to exaggerate the importance of steel. Modern construction, transportation, agriculture,
and electricity generation, to name a few examples, would simply be impossible without access to this
inexpensive yet strong and durable material. Due to its importance for economic development, global
steel use is expected to continue to grow up until and beyond 2050, largely driven by emerging
economies [1]. However, steel is currently most commonly produced via the blast furnace-basic
oxygen furnace (BF-BOF) process, which is inherently associated with significant emissions of carbon
dioxide (CO.). The majority of these emissions stem from the reduction of iron ore to iron via reaction
with coke in the BF.

The second most common way to produce steel today is via scrap recycling in electric arc furnaces
(EAFs). Although scrap-based EAF steelmaking is much less energy and CO.-intensive than iron ore-
based production, it is limited by the supply of high-quality steel scrap and this is expected to remain
the case over the coming decades as steel demand continues to increase [2]. Therefore, iron ore-based
steelmaking will persist for the foreseeable future and it is of utmost importance to find alternatives
to the BF that allow the future steel demand to be met without endangering the fulfillment of climate
change mitigation targets, most notably the 1.5 °C goal of the Paris Agreement [3, 4]. This requires
rapid action. The recent 1.5 °C-compliant scenario by the International Energy Agency (IEA) suggests
that steelmaking-related CO. emissions must be reduced by 91% by 2050 but also as much as 24%
already by 2030 [5]. Consequently, due to the typically long investment cycles in the steel industry
and the need for drastic process innovation, development and commercialization of near-zero CO. BF
alternatives must occur during the 2020s [6, 7].

Although several pathways towards low-CO. iron ore-based steelmaking have received consideration
from the steel industry over the last couple of decades—including approaches based around carbon
capture and storage (CCS), increased use of biomass, and direct electrification—processes based on
reducing iron ore by reaction with hydrogen (H.) are increasingly the center of attention, particularly
among European steelmakers [5, 8-11]. When iron ore is reduced with H,, the only byproduct is water
(H-0). Consequently, the direct CO, emissions from such an ironmaking process may potentially be
close to zero. However, this requires that H. can also be produced without significant emissions. The
currently most mature technology that has the potential to achieve this is (H.O) electrolysis, i.e., the
electrochemical splitting of H.O into H. and oxygen (O.).

Perhaps the most prominent H.-based steelmaking project is the HYBRIT (Hydrogen Breakthrough
Ironmaking Technology) initiative, started in 2016 by Swedish steelmaker SSAB along with the state-
owned mining company LKAB (Luossavaara-Kiirunavaara Aktiebolag), and the state-owned energy
utility company Vattenfall AB. HYBRIT aims to develop and commercialize a completely fossil-free
H. direct reduction (H-DR) steelmaking process based on H, production via electrolysis. After a pre-
feasibility study in 2016, the three involved companies formed the joint venture company Hybrit
Development AB. This company is currently involved in several pilot projects related to various parts
of the fossil-free steel supply chain. The main part of the research presented in this thesis has been
conducted as part of HYBRIT Research Project 1 (RP1), funded by SSAB, LKAB, Vattenfall AB, and
the Swedish Energy Agency (Energimyndigheten).

A prerequisite for cost-effective fossil-free H, production via electrolysis is plentiful access to fossil-
free electricity. It is widely expected that a large part of the additional electricity demand needed for
H-DR steelmaking will be met by an expansion of wind and solar power in most regions, partly due
to recent wind turbine and photovoltaic solar panel cost reductions, but also due to capacity expansion
limitations for other types of renewable electricity generation, e.g., based on hydropower or biomass
combustion [5, 12, 13]. A challenge is that electricity generation from both wind turbines and
photovoltaic solar panels varies over time in an essentially uncontrollable manner. Therefore, more



volatile electricity prices are expected as the share of electricity generated by these variable sources in
a given electricity market increases [14]. Such electricity price volatility may render H. production via
electrolysis and, thus, H-DR steelmaking expensive during certain periods.

The integration of a H, storage allows for the electrolysis H» production rate to be varied so that more
can be produced when electricity prices are low and vice versa. However, current experience with the
kind of large-scale H, storage required for a full industrial-scale H, steelmaking plant is essentially
entirely limited to storage in salt caverns and the geological salt formations required for the
construction of such caverns are neither ubiquitous nor evenly distributed geographically [15, 16]. For
instance, no suitable salt formations exist in Sweden, Finland, or large parts of the USA [17-19].
Consequently, other H. storage solutions than salt caverns must be sought in several important
steelmaking regions.

The value of integrating a H, storage into a large-scale H-DR plant was recognized early on in the
HYBRIT initiative [20]. As salt caverns are not a feasible option in Sweden, the main route pursued
in HYBRIT is H. storage in lined rock caverns (LRCs). However, there currently exists only a single
commercially operating LRC and it stores natural gas (NG), not H.. H. storage in LRCs is, thus, an
unproven concept. It may also be significantly more expensive than in salt cavern storages,
particularly for large storage capacities [16, 21]. Moreover, the applicability of the LRC technology is
also, like salt caverns, ultimately dependent on local geological conditions and there exist locations
where neither storage technology is implementable. However, there exists exceedingly little literature
related to large-scale non-geological H. storage and no known detailed techno-economic analysis of
the integration of such storages in an H-DR steelmaking process. The research presented in this thesis
aims to fill this gap by reviewing H. storage technologies and evaluating the most promising options
for integration with an H-DR process from the perspectives of technological readiness, investment
requirements, and operating costs.

1.1 AIM AND SCOPE

This thesis aims to identify and evaluate H. storage technologies that do not depend on special
geological conditions for fossil-free H-DR steelmaking processes. The following research questions
are pursued:

¢ What non-geological H, storage technologies are most promising for integration with a fossil-
free H-DR steelmaking process from a techno-economic perspective?

e  Could the identified most promising technologies be competitive with geological H. storages,
particularly LRCs, from a techno-economic perspective?

As the first full industrial-scale H-DR steelmaking plants are planned to come into operation already
during the mid to late 2020s, non-geological H. storage technologies that may be developed and
deployed at the necessary capacity within a similar timeframe are the primary focus in this work [9].
The comparison with LRC-based H. storage is due to it being the only viable geological storage option
in Sweden and, thus, the main option pursued in HYBRIT RP1. Other geological H. storage options
potentially viable in other locations, e.g., salt caverns, are only described briefly.

The overall supply chain of fossil-free H-DR steelmaking consists of many steps. Although this thesis
is primarily focused on the section of that supply chain that starts at electricity input and ends at H.
delivery, design choices made both in the downstream iron and steelmaking processes and the
upstream H, production electrolysis plant will affect the H, storage. Therefore, a basic H-DR process
model was developed to determine the heat and mass flows of the process and to evaluate
opportunities for H. storage process integration with an H-DR plant.



Other parts of the fossil-free H-DR steelmaking supply chain are considered outside of the scope of
this thesis. This includes upstream aspects, e.g., iron ore mining, electricity generation, iron ore
pelletization, and downstream aspects, e.g., metallurgical details of the steelmaking process, casting
and rolling processes, and steel markets. Interactions between the H-DR steelmaking plant and the
surrounding electricity system are also not analyzed, i.e., the plant is assumed to be an electricity
‘price taker’.

As this thesis is focused on H. storage, other potential sources of process flexibility in H-DR
steelmaking are only discussed briefly. Consequently, steady-state iron and steelmaking rates are
assumed in all calculations. A further delimitation is that only steelmaking processes based on so-
called direct reduced iron (DRI, also called sponge iron) production from iron ore pellets containing
predominantly hematite (Fe.O3) in shaft furnace reactors are considered, which is the main pathway
pursued by most European steelmakers, including within the HYBRIT initiative [9, 22].

1.2 THESIS OUTLINE
This thesis consists of nine chapters, including this introductory chapter. The content covered in the
remaining eight chapters is described below.

Chapter 2 provides background on current steelmaking practices and possible pathways towards the
decarbonization of primary steelmaking. Some potential reasons for the strong current momentum
behind H-DR steelmaking compared to other decarbonization pathways are discussed.

Chapter 3 describes the methodology applied in the later chapters of the thesis.

In Chapter 4, the basic principles of the H-DR process are introduced and various process design
alternatives are discussed, including different electrolysis technologies. A developed H-DR process
model used to determine mass and energy balances is described. Based on this process model, the
fundamental economic prospects of H-DR and H, supply to such a process are presented and briefly
discussed. The option to produce a carburized DRI intermediate, e.g., via H.O and CO. co-electrolysis,
is also discussed.

Chapter 5 first motivates and explains the basic function of H. storage in a large-scale H-DR
steelmaking process. Thereafter, an overview of ways in which large amounts of H, have been and
potentially can be stored is provided. The feasibility of the large-scale application of these alternative
H. storage technologies in the context of an H-DR steelmaking process is evaluated based on basic
thermodynamic and economic principles.

Chapter 6 considers technical and economic aspects of the integration of different liquid H. carriers
for H, storage in an H-DR steelmaking plant. The prospective investment costs of such H, storage
systems are compared to those of geological storage options.

Based on conclusions drawn in the previous chapter, chapter 7 compares the potential of LRC and
CH;0H-based H., storages to reduce the total H, production cost in a full industrial-scale H-DR plant.
The analysis is based on a non-linear programming (NLP) storage operation optimization method
and historical electricity prices.

Chapter 8 expands upon the analysis of methanol (CH;0H)-based H. storage in the previous chapter
to consider the economic impact of various CH;OH-based H. storage process alternatives and also
the possibility of selling off excess CH;0H to external customers to potentially improve the overall
economic performance of CH;OH-based H. storage in an H-DR plant.

Chapter 9 Summarizes the main conclusions of the thesis and suggests some potential avenues for
further research.



1.3 RELATION TO THE UNITED NATIONS SUSTAINABLE DEVELOPMENT GOALS

Steel is an important part of nearly all aspects of modern civilization. As the research presented in
this thesis is fundamentally about lowering the overall cost of sustainable steelmaking, it, thus, relates
to most of the 17 United Nations Sustainable Development Goals (SDG) in some way. Most notably,
replacing the current BF-BOF process with fossil-free H-DR also enables reductions in steelmaking-
related CO, emissions, which connects with SDG 13: climate action and SDG 9: industry, innovation,
and infrastructure. However, while steelmaking, particularly from iron ore, is currently associated
with significant climate impact, steel is also a material that is critical in achieving several of the SDGs
as many fundamental necessities depend on access to it. Low-cost sustainably produced steel is, e.g.,
critical for sustainable food production (SDG 2: zero hunger); healthcare systems (SDG 3: good health
and well-being); construction and transportation (SDG 11: sustainable cities and communities); and
water supply systems (SDG 6: clean water and sanitation for all), to name just a few examples.

Looking more specifically at the part of H-DR steelmaking under investigation in this thesis, the role
of H, storage in fossil-free H-DR steelmaking is to allow for a flexible electricity demand. This enables
the H-DR steelmaking plant to adjust production according to variations in electricity supply and to
provide various grid services, which can help the integration of increasing shares of wind and solar
power in the electricity generation mix. This relates to SDG 7: affordable and clean energy.



2 BACKGROUND

2.1 STEELMAKING TODAY

Steel is an alloy of a greater part of iron (Fe) and up to around 2% (most often <0.5%) by weight
carbon (C), often along with other elements, e.g., molybdenum (Mo), boron (B), niobium (Nb), nickel
(Ni), vanadium (V), tungsten (W), manganese (Mn), titanium (Ti), or chromium (Cr). Thousands of
steel variants exist with a wide array of different properties (e.g., strength, hardness, flexibility,
corrosion resistance, hardenability) depending on elemental composition and treatment. However,
the most common kind of steel is carbon steel, which consists of predominantly Fe and C [1].

Around 1.9 billion t of steel were produced during 2020 [1, 23]. China is the dominating producer
(57% during 2020), followed by the EU countries (7%). Other major steel-producing countries include
India (5%), Japan (4%), the USA (4%), Russia (4%), and South Korea (4%). Sweden produces
approximately 3% of the total steel production in the EU and is, thus, globally a relatively minor
player. The main uses for steel are currently in construction (52%), transport (17%), and mechanical
equipment (16%) [23].

Two kinds of steel production exist: 1) ‘primary’ production from iron ore via the BF-BOF or, far less
commonly today, direct reduction-electric arc furnace (DR-EAF) processes; 2) ‘secondary’
production from recycled steel scrap, most often using an EAF!. Around 68% of global steel
production is based on iron ore and 32% is based on scrap [1]. However, the relative shares of primary
and secondary steelmaking vary significantly around the world depending on, e.g., scrap availability,
scrap purity, access to natural resources, labor cost, and steel industry structure [24-29]. For instance,
67—-68% of steel production in the USA takes place in EAFs, compared to less than 10% in China [27,
30]. Primary steelmaking is mostly concentrated to a few countries while EAF-based secondary
steelmaking is more widely geographically distributed due to the lower associated investment costs
[28, 30]. BF-BOF-based plants are also typically much larger than EAF-based plants due to different
economies of scale. As an example, in Europe, the average steel production capacities of BF-BOF sites
(24 in total) and EAF sites (126 in total) are 4.3 and 0.7 Mt steel/y, respectively [31, 32].

Secondary steelmaking is much less energy and CO.-intensive than primary steelmaking as the iron
in the recycled steel scrap has already been reduced. Increased steel scrap recycling would, thus, be
beneficial for reducing the climate impact of steelmaking. However, due to projected increases in steel
demand and known limitations to recycling, e.g., due to copper contamination, secondary
steelmaking in EAFs is only expected to reach 46—70% of total steel production by 2050, leaving
significant continued demand for primary steelmaking [5, 26, 33-36].

This thesis deals predominantly with primary steelmaking as this is where most of the industry’s CO.
emissions currently originate and also where H. and its large-scale storage could play a major role.
Primary steelmaking can be divided into three main processes: 1) raw material preparation, in which
mined iron ore is refined, agglomerated, and compacted, predominantly to pellets or sinter; 2)
ironmaking, which mainly involves the reduction of iron oxides contained in the iron ore, generally
hematite (Fe.Os), to metallic iron (Fe); and 3) steelmaking, which involves refining and purification
of the products from the ironmaking step to yield crude steel [1, 37]. This crude steel can be refined
further via, e.g., vacuum degassing or ladle metallurgy, and then continuously cast into semi-finished
steel products, i.e., slabs, billets, or blooms [38].

! The distinction is between primary and secondary is somewhat blurred by the fact that smaller amounts of steel scrap and
iron ore can be added to BOFs and EAFs, respectively.



The majority of CO. emissions related to steel production stem from ironmaking processes. The most
common ironmaking processes today are the BF and DR. The fundamental difference between these
processes is the state of aggregation of their iron-rich products: BFs yield a liquid product known as
pig iron, while DR processes produce solid DRI. The BF also outputs a slag byproduct that contains a
large share of the nonferrous material of the fed iron ore. In contrast, no slag is formed in DR
processes and, thus, impurities in the iron ore pellets remain in the DRI. Worldwide production of
pig iron (1 281 Mt in 2019) currently far outmatches that of DRI (108 Mt in 2019), although DRI
production growth has been significant in recent years (up 40% between 2012 and 2019) [23]. DRI
production capacity is mainly situated in regions with access to low-cost NG or where access to high-
quality bituminous coal is limited. India (32% in 2020) and Iran (29%) dominate current DRI
production, followed by Russia (8%), Saudi Arabia (5%), and Mexico (5%) [39].

The BF and various DR ironmaking processes are described in the coming sections. While the BF is
the currently dominating ironmaking process, H-DR shares far more similarities with current DR
processes. As this thesis is mainly concerned with H-DR, most of the focus is, thus, on the DR
processes.

2.1.1 Blast furnace ironmaking

The BF is, in essence, a vertical counter-current flow reactor for the reduction of iron ore to yield pig
iron (see Figure 1). The origins of the modern BF lie in the bloomery furnace, from which it evolved
during the 14t century [40]. The largest operating BFs have annual production capacities of around
5.5 Mt pig iron [41].

The main BF reduction agent sources are coke and pulverized coal. Coke is usually produced onsite
in coke ovens via the pyrolysis of high-quality bituminous coals. In modern BFs, around 290-320 kg
of coke, fed along with iron ore pellets or sinter from the top of the furnace, and 150—220 kg of
pulverized coal, injected together with hot blast air through tuyéres located towards the bottom of the
BF, are consumed per t of pig iron [22, 42, 43]. The amounts of coke and pulverized coal fed to state-
of-the-art BFs are very close to theoretical minimum values [44]. Other fuels can also be injected with
the blast air, e.g., NG, waste plastics, coke oven gas, Ha, or bio-carbon, but pulverized coal is most
commonly used [8, 29, 31, 40, 45].

Iron ore (pellets, sinter)
coke, slag formers
L Blast furnace gas
/

Layers of
iron ore, coke,
and slag formers

Fluid zone

Tuyére

Hot oxygen-enriched blast air
- B

Pulverized coal
Slag =— I

I —>Pig iron

Figure 1: Basic operation of the blast furnace.




Coke and pulverized coal react with O. in the air fed through tuyéres. This leads to the formation of
carbon monoxide (CO) in an exothermic reaction? [46, 47]:

C+050, - CO (R1)

The CO formed via reaction (R1) rises and meets the descending iron ore, reducing Fe.O; to Fe in an
exothermic net reaction. CO, is formed as a byproduct:

k
Fe,0; +3CO - 2 Fe + 3 CO, (AhY = —24.8 m—l])l) (R2)

The conversion of CO to CO. via (R2) is never complete and some CO always leaves with the BF (top)
gas, which typically contains 20-28% CO, 17—25% CO., 45—55% nitrogen (N,, from blast air) and 1—-
5% H, by volume [29, 48, 49]. Small amounts of H, are always present in the BF gas due to the small
hydrogen content of coke, moisture in the blast air, and moisture in the pulverized coal [29, 45, 50].
The BF gas is combusted to preheat the blast air and often to generate heat and electricity in an onsite
power plant [29, 48]. The overall CO, intensity of BF-BOF steelmaking is 1.9—2.0 t/t steel for state-
of-the-art plants, including coke production and the combustion of process off-gases [1, 35].

The iron ore pellets and sinter fed to the BF do not consist of pure Fe.O; [51]. The non-iron part,
which consists mainly of various oxides, is referred to as gangue [52, 53]. The majority of this gangue
is removed in the BF via the formation of a slag [40]. Appropriate BF slag formation is promoted via
the addition of slag formers, e.g., burnt lime and dolomitic lime, to the charge [42]. The slag has a
lower density than pig iron and is, thus, readily separated out at the bottom of the BF [41].

2.1.2 Direct reduction ironmaking

DR processes are defined by the reduction of iron ore to metallic iron in the solid phase, i.e., the
reduction is ‘direct’ without melting. This reduction is achieved via reaction with a reducing gas rich
in H, or CO or a combination thereof, typically generated via NG reforming, although coal gasification
is also used in locations where NG is not available or where it is costly [53, 54]. Here only DR processes
based on NG are covered as these are both more common and more similar to H-DR.

DRI is generally a more flexible product than pig iron. While pig iron is nearly always immediately
brought to an adjacent BOF, standalone DRI production is relatively common [39]. DRI can either be
the primary iron source for EAF steelmaking, which is common in a few regions, e.g., in the middle
east, or it can be mixed with recycled steel scrap to reduce the concentration of nonferrous metals,
most notably copper and tin, in the total EAF charge [29, 55-57]. While most DRI is ultimately fed to
EAFs, smaller amounts are also used in BFs or BOFs as supplementary ferrous material [29, 53].

Most DRI production takes place in vertical shaft furnace reactors, in which the gas enters from the
bottom and iron ore pellets enter from the top [58]. DR processes based on fluidized bed reactors are
much less common and are not considered further here [39]. Reduction of Fe,O; with CO is
exothermic and produces CO. as a byproduct per (R2); reduction with H. instead yields H.O via an
endothermic reaction:

k
Fe,05+3CO - 2 Fe + 3 CO, (ARY = —24.8 m—il) (R2)

k
Fe,05 + 3 H, » 2 Fe + 3 H,0 (AhY = 99.5 m—(])l) (R3)

2 Reaction (R1) can also be represented as a two-step process: C + O, — CO,; CO,+ C — 2 CO.



Due to the larger share of iron ore reduction via reaction with H,, DR ironmaking is inherently less
CO.-intensive than BF processes [53, 59, 60]. The overall CO. intensity of steelmaking via the DR-
EAF route depends to a large part on how the electricity supplied to the EAF is generated [45].

It is not economically viable to achieve a complete reduction of all Fe.Oj; in fed pellets to Fe in DR
processes [53, 61, 62]. The DRI metallization describes the share of total Fe in the DRI that is fully
reduced. The remaining iron oxide in DRI is in the form of wiistite (FeO) [54]. The DRI metallization
is defined as:

Nre

Metallizationpp = ————
Npe + Npeo @

In conventional DR plants, typical DRI metallization is 90—96% [53]. The remaining FeO in the DRI
can be reduced to Fe in the downstream EAF via reaction with carbon, which is either fed externally
or is part of the DRI product due to carburization [51, 63]. However, part of the DRI FeO content is
also lost with the EAF slag [51, 64].

DRI produced in modern DR plants typically contains 0.5—5.0% carbon by weight [65, 66]. Most of
this carbon (65-90%) is incorporated into the DRI in the form of cementite (Fe;C) but some is also
present as graphite (sometimes referred to as “free” carbon) [67]. DRI carburization reactions can be
summarized as [54, 61, 67]:

k
3Fe+2C0 — Fe;C + CO, (AhY = —148.7 m—ﬁl) (R4)
kJ
3Fe+CO +H, - Fe;C + H,0 (AR = —105.0@) (Rs5)
kj
Fe+CO + H, — Fe(Cpree) + H,0 (ARf = —135.6 @) (R6)
kj
3Fe+ CH, - Fe;C +2 H, (AhY = 98.3 m_ol) R7)

Carburization plays an important role in the downstream processing of the DRI in several ways.
Firstly, carbon in the DRI helps reduce remaining FeO in the EAF; utilizing the carbon in carburized
DRI for this remaining reduction is far more efficient than via the addition of external carbon as a
large part of injected carbon tends to combust rather than reduce FeO [45, 63, 68, 69]. Secondly,
carburization makes the DRI less reactive towards air and H,O, reducing its tendency towards re-
oxidation during storage and transportation [70]. Thirdly, any excess carbon in the DRI beyond that
needed for FeO reduction can be oxidized inside the furnace to provide heat for the melting process,
thereby reducing the EAF electricity demand [63, 71]. Fourthly, oxidation of the carbon in the DRI
forms CO, which leads to so-called slag foaming [72, 73]. Slag foaming improves the efficiency of the
EAF, helps remove impurities from the steel, stabilizes the electric arcs, reduces furnace noise, and
protects the furnace lining and graphite electrodes [72, 74, 75]. However, DRI carburization should
also not be too high as the rate at which excess carbon can be burned off in an EAF via O. injection is
generally limited [63]. An overly high DRI carburization may, thus, decrease the EAF productivity
[63, 71]. More O, must also be provided to the EAF to burn off more excess carbon, increasing
operational costs and increasing the risk of FeO losses with EAF slag [63, 64].

The DRI product emerging from the bottom of the shaft furnace can be directly fed to an EAF. This is
advantageous from an energy perspective as the significant sensible heat of the DRI helps reduce the
electricity demand and time required for melting in the EAF [53, 55]. Feasible DRI feed temperatures
are 600—700 °C for state-of-the-art hot delivery systems [65, 76]. The reduction in EAF electricity
demand with increasing DRI feed temperature is approximately 20 kWh/t liquid steel for every 100
°C [29, 77, 78]. However, as mentioned, a significant share of DRI produced today is not intended for



immediate feed to an EAF, and standalone DR plants are rather common [39]. Systems for the direct
transferal of hot DRI to EAFs are also relatively new [78].

An important aspect of standalone DRI production is the prevention of DRI re-oxidation during
storage or transportation. Such re-oxidation would not only constitute an economic loss, but it could
also pose a safety risk due to the strongly exothermic nature of the oxidation process [53, 78, 79].
There are two main ways in which re-oxidation is prevented: 1) rapid DRI cooling to approximately
50—60 °C, typically by injection of cold NG in the bottom section of the shaft furnace; 2) compaction
of still hot DRI to produce hot briquetted iron (HBI) [53, 55, 67, 71]. HBI production is particularly
suitable if the product is to be shipped long distances as the compaction process also leads to a higher
solid density [55, 78]. The vast majority of DRI is currently produced as cold DRI (CDRI, around 80%
in 2020), but the share of hot DRI (for direct feed to an EAF) is increasing [39]. DR plants can often
produce different kinds of DRI (hot DRI, CDRI, or HBI) in various combinations depending on
current downstream requirements [80].

As in the BF, iron ore pellets used in DR processes do not consist solely of Fe.O5 [53, 81-83]. Gangue
in fed iron ore pellets can later be separated out as slag in a downstream EAF. However, as the capacity
for efficient slag separation is more limited in an EAF compared to in the BF-BOF process, iron ore
pellets applied for DR processes generally must have lower gangue content and are, thus, more
expensive than those intended for BFs [41, 52, 53, 83]. The addition of slag formers, typically 30—-60
kg/t liquid steel for DRI feeds, to the EAF facilitates the slag separation process [52, 84, 85].

The current DR market is highly concentrated to just a few equipment suppliers, out of which
processes from Midrex Technologies and Tenova HyL currently dominate [39, 53, 86]. As these DR
processes differ quite substantially in several regards, despite both being based on shaft furnaces, they
are described separately in the upcoming sections.

2.1.2.1 Midrex process

The Midrex process, first developed by the Midland Ross Corporation of Cleveland during the late
1960s, was the first commercialized shaft furnace DR process [54, 86]. Midrex Technologies was
acquired by Japanese Kobe Steel (Kobelco) in 1983 [87]. The Midrex process is currently the world’s
most prominent DR process—in 2020 it was responsible for around 60% of all DRI production (80%
of all shaft furnace DRI production) [39]. The largest currently operating Midrex process plants have
production capacities of 2.5 Mt DRI/y [88, 89]. A basic process scheme is seen in Figure 2.
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Figure 2: Midrex direct reduction process.



The reducing gas, produced via reforming NG with recycled top gas, enters the shaft reactor at goo—
1 000 °C [53, 86]. O. produced via an air separation process can be also added to the reducing gas
before it enters the shaft furnace to further increase its temperature via partial oxidation [53]. Full
conversion of CO and H. in the reducing gas is not achieved in a single pass through the shaft furnace;
the top gas typically still contains 60—-70% H. and CO by volume [53]. The temperature of the top gas
is commonly around 400 °C [29, 90]. Part of the H.O in the top gas is removed via a scrubber. This
scrubber also removes any dust carried with the top gas from the shaft, which could otherwise damage
the reformer catalyst [29, 59]. Typically around a third of the top gas is combusted to provide heat for
the reforming process, and the rest is recycled to the reformer along with make-up NG [91]. The shaft
furnace pressure is relatively low, typically 1.2 to 2.5 bar [68, 90, 92].

A distinguishing feature of the Midrex process is its reformer. This reformer is different from an
ordinary steam methane reformer (SMR) in that NG, which mostly consists of methane (CH,), reacts
with both H,O (as in SMR) and CO, to form H, and CO [59].

k
CH, + H,0 - 3 H, + CO (AhY = 206.0m—(])l) (R8)

k R
CH, + CO, — 2 H, + 2 CO (AR = 247.0 m—(]ﬂ) (R9)

Due to the partially CO.-based reforming process, the resulting reducing gas is quite CO-rich
compared to other NG-based DR processes. The reactions take place on a nickel-based catalyst in the
reformer. The sulfur content in the recycled top gas must be kept low to prevent the gradual poisoning
of this catalyst [93]. The main source of this sulfur is the iron ore pellets fed to the process which
generally should contain less than 0.01% sulfur by weight to be suitable for use in the Midrex process
[53, 94].

2.1.2.2 HyL Energiron Ill and ZR processes

Hoyalata y Lamina S.A. (HyL) of Mexico started developing DR processes already in the 1950s [86].
The earliest HyL DR processes (HyL I and HyL II), the first commercialized DR processes of any kind,
were fixed bed batch reduction processes, which were made obsolete upon the development of shaft
furnace DR technology during the late 1960s and 1970s, first by Midrex and later by HyL themselves
(the HyL III process, first introduced in 1979) [54, 61, 67, 95]. The technology developed by HyL is
currently owned by the Italian company Tenova [53]. Tenova joined a partnership with Danieli (also
Italian) in 2006 to offer two DR processes: HyL Energiron III and ZR [86, 96, 97]. The largest HyL
Energiron IIT and ZR plants currently in operation have production capacities of 2.5 Mt DRI/y [97,
98]. In total, around 12% of global DRI is produced via these processes [39].

The HyL Energiron III process is based on the generation of reducing gas via an external conventional
SMR process, i.e., via reaction (R8), which results in a much H.-richer reducing gas than in the Midrex
process [87]. Unlike in the Midrex process, no top gas is recirculated to the reformer. Consequently,
CO. must be removed from the gas loop in a different way to prevent its accumulation. In the first
HyL III plants, this was achieved by purging a large part of the top gas. This strategy is not optimal as
the top gas contains large amounts of H. and CO that can potentially be recycled to the shaft furnace.
To solve this issue, a top gas CO. absorption system was introduced to the HyL III process in 1986
[99-101].

Another difference of HyL Energiron III to the Midrex process is the higher shaft furnace pressure
(4—6 bar) [102, 103]. This allows for a smaller shaft furnace for the same DRI production capacity
and reduces the reducing gas flow velocity, which results in lower dust (and, thus, iron) losses with
the top gas [70, 100, 104]. The high pressure also benefits the top gas CO, capture process [104, 105].
As no top gas is recycled to the reformer, more sulfur-rich iron ore pellets can be utilized than in the
Midrex process.
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The HyL Energiron ZR (‘zero reformer’) process, first introduced in 1998, does not feature a separate
reformer reactor [86]. Instead, NG reforming takes place inside the shaft furnace where the hot DRI
acts as a catalyst [68]. A process scheme for the HyL Energiron ZR process is seen in Figure 3.
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Figure 3: Process scheme for HyL Energiron ZR direct reduction process.

As in HyL Energiron III, both H,O and CO. are removed from the top gas before it is recycled. The
reducing gas, rich in CH,, is preheated and sent directly to the shaft furnace without prior reforming.
Typically, additional O. is added to the reducing gas before it enters the shaft furnace. The
temperature and pressure in the shaft furnace are both high: >1 0ooo °C and 6-8 bar, respectively
[105]. One advantage of internal NG reforming is that higher DRI carburization (up to above 5% by
weight) can be achieved compared to when an external reformer is used [68, 105].

2.2 PATHWAYS TOWARDS THE DECARBONIZATION OF PRIMARY STEELMAKING

As briefly mentioned in the introduction of this thesis, four pathways for primary steelmaking
decarbonization have been suggested: 1) CCS-based approaches, 2) biomass-based approaches, 3)
direct electrification, 4) H.-based approaches [11, 32]. In recent years, steelmakers around the world
and particularly in Europe have increasingly focused on the last option in this list and this thesis also
primarily deals with this route. Nevertheless, the basic merits and drawbacks of the other primary
steelmaking decarbonization routes are briefly discussed in the coming sections to provide some
context for H.-based steelmaking and its potential relative advantages and weaknesses.

2.2.1 Carbon capture and storage

CCS is the process of capturing, compressing, transporting, and then storing CO. emitted from power
plants or industrial processes. This prevents the CO. from reaching the atmosphere where it would
affect the earth’s climate. Several CO, capture technologies are available, e.g., absorption, adsorption,
membranes, and cryogenic separation [106]. The optimal choice of capture technology depends on
the partial pressure of CO., the presence and concentration of impurities in the stream from which
CO:. is to be captured, costs of electricity and heat, and the possibilities for heat integration with the
existing process. The idea of CCS is far from new, having first been suggested by Cesare Marchetti at
the Austrian International Institute for Applied Systems Analysis (IIASA) during the 1970s [107-109].
CCS is the only retrofit solution that can significantly reduce direct CO, emissions from BF or DR
facilities [110]. However, although the continued utilization of assets appears attractive, the actual
uptake of CCS in the steel industry is yet negligible.
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No major steelmaking company is currently actively pursuing BF CCS [10, 111, 112]. However, at the
same time, the need for BF CCS is widely recognized in many prominent industry and energy system
roadmaps; CCS-based plants (most BF-based) provide around 50% of primary steel production by
2050 in the IEAs recently published Net Zero Emissions scenario and integrated assessment models
used by the Intergovernmental Panel on Climate Change also typically show significant uptake of BF
CCS steelmaking by mid-century in Paris Agreement-compliant scenarios [5, 34, 113, 114]. However,
the actual role that BF CCS will play in decarbonizing the steel industry is uncertain at present, since
these projections say nothing about the actual development and current commercial interest is low.

One prominent technology in the context of BF CCS is top gas recycling (TGR) [47]. TGR allows for a
larger share of CO produced in the BF to reduce iron ore instead of being combusted for heat and
electricity generation. This increased CO utilization reduces the specific coke and pulverized coal
demand and can improve the overall BF productivity [49, 115]. To allow for TGR, pure O is fed
through the tuyéres (instead of air) and CO. is separated out from the BF gas before recycling. TGR
based on vacuum pressure swing adsorption (VPSA) was investigated by LKAB at their Lule&
experimental BF as part of the Ultra-low CO. Steelmaking (ULCOS) project from 2007 to 2010 [115,
116]. A 76% reduction of the specific CO. emissions of the BF could be achieved along with a reduction
in specific BF coal and coke demand by 20—25% [117, 118]. Although these initial LKAB trials were
successful, no TGR demonstration plant has yet been built.

An inherent problem with CCS in BF-BOF plants is that direct CO., emissions occur at multiple
points—even if all CO. in the BF gas is captured, 30—40% of the plant emissions will remain and also
capturing these may be associated with high costs [35, 116, 118-120]. It has been recognized in recent
years that this reduction may not be sufficient to meet emissions reduction targets [121]. For instance,
the European Steel Association (EUROFER) targets a reduction of specific steelmaking CO. emissions
by 80—-95% by 2050 (compared to 1990 levels) and most major steelmakers have established 2050
carbon or climate-neutrality targets in recent years [9, 36, 113].

As mentioned in section 2.1.2.2, CO, capture is an inherent part of the HyL Energiron III and ZR DR
processes. However, most CO. captured in operating plants is vented, although some is also sold to,
e.g., food or beverage industries [122]. To date, there exists a single HyL Energiron plant, located in
Abu Dhabi, where the captured CO. (around 800 kt/y) is stored underground via so-called enhanced
oil recovery, a method to increase the share of extractable crude oil from an oil field [1, 123-125]. This
gives a financial incentive to capture and store the CO., but since the method is performed to increase
the extraction of fossil hydrocarbons, it is controversial to argue that enhanced oil recovery is a
measure to mitigate climate change [126]. Nevertheless, the integration of CO, transport and storage
in existing HyL Energiron plants appears a low-hanging fruit in terms of reducing CO, emissions from
primary steel production [29]. It should be noted that this would not eliminate CO. emissions from
such HyL Energiron plants as the reducing gas preheating process still generates CO. that is not
captured (around 40% of the total CO, produced in the process) [85, 122].

2.2.2 Increased use of biomass

Biomass has played a critical role in steelmaking historically as bio-carbon (also known as charcoal),
produced via the pyrolysis of biomass, was the original and for a long time the only source of heat and
carbon for iron ore reduction [127]. In the early 18! century, the transition from bio-carbon to coke
for iron ore reduction commenced, first in England, where access to wood resources was limiting
further expansion of domestic ironmaking [128]. However, the transition from bio-carbon to coke
was slow, particularly in areas that were less limited by access to biomass. For instance, in forest-rich
Sweden, bio-carbon remained dominant well into the 20th century. Eventually, concerns regarding
deforestation and process advantages related to coke use, particularly its higher compressive strength
compared to bio-carbon, which allowed for larger and more efficient BFs to be constructed, prevailed
[29, 129, 130].
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Today, only very small BFs (<0.3 Mt/y pig iron) in Brazil operate fully on bio-carbon and replacement
of coke with bio-carbon is very limited in modern BFs (generally <10%) [45, 118, 127, 131-133].
Replacing injected pulverized coal with biomass-based alternatives is easier as the mechanical
properties are then less critical [28, 43, 44, 127, 131]. Nevertheless, the feasible total reduction in
specific net CO, emissions via the use of biomass-based reductants in modern BFs has been estimated
to be limited to 30—40% [44, 131, 134, 135].

There is no similarly strict limitation to biomass use in DR processes. In theory, it is perfectly possible
to operate a DR process with a reducing gas that has been generated via biomass gasification or
pyrolysis [134, 136]. That said, there are technical and economic challenges that would have to be
overcome for such a DR process to be commercially viable [136].

Beyond physical and chemical properties, another barrier towards increased biomass use in any kind
of primary steelmaking is feedstock cost, particularly if the biomass must be upgraded, e.g., to syngas
(a mixture of mostly H, and CO) via gasification or pyrolysis, synthetic NG, or bio-carbon, before use
[43, 131]. An rising competition for available biomass resources is also expected as fossil fuels are
gradually phased out from the energy system, particularly due to an increased use of biomass for the
production of chemicals and fuels for heavy-duty transportation [35, 137]. Nevertheless, if
steelmaking is to become entirely fossil-free, biomass will most likely have to be the source for the
carbon contained in all steel at the very least [13, 74].

As previously mentioned, a problem with BF-BOF CCS is that it is difficult to eliminate plant net CO,
emissions. Therefore, combinations of biomass use and CCS in BFs have been suggested in recent
years to get around this issue [28, 134]. However, even combinations of biomass-based injectants and
CCS struggle to reduce BF net CO, emissions to (below) zero [134]. In contrast, as there are no
fundamental limitations to biomass use in DR, combinations of biomass use and CCS may yield
negative emissions steelmaking in such processes [28, 91, 134].

2.2.3 Direct electrification
Instead of using an intermediate reducing agent, e.g., coke, coal, bio-carbon, or Ha, it is theoretically
possible to directly electrolyze Fe.O; to metallic Fe with O. as the sole byproduct:

Fe,0; - 2Fe+150, (R10)

Although iron ore electrolysis appears attractive as inefficiencies related to the production of an
intermediate reductant can be avoided, the actual implementation of a process of this kind is
challenging for several reasons and has not yet occurred beyond the laboratory scale [1]. Due to this
immaturity, it is difficult to assess the role that these technologies will play in decarbonizing primary
steelmaking [31]. Two kinds of iron ore electrolysis processes have been suggested: 1) electrowinning,
which is based on an alkaline sodium hydroxide electrolyte and an operating temperature of
approximately 110 °C, and 2) molten oxide electrolysis, which is based on a molten mixed silicon or
calcium oxide electrolyte operating at over 1 500 °C [1, 138-141].

Electrowinning requires that part of the iron ore gangue material is first removed via a leaching
process [31, 117]. The subsequent electrolysis process produces nearly entirely pure Fe plates. These
plates can then be processed in an EAF to produce steel, similar to DRI-based steelmaking. The total
electricity demand of steel production via electrowinning and EAF has been estimated at 3.6 MWh/t
liquid steel (76% of this is for the electrolysis process) [31].

Molten oxide electrolysis is similar to the common Hall-Héroult aluminum production process,
although that process operates at lower temperatures (around 960 °C vs. >1 500 °C). In contrast to
electrowinning, molten oxide electrolysis does not require significant iron ore pretreatment. Instead,
this process is more akin to the BF in that iron ore gangue is separated out via a slag [31]. This
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potentially allows for direct liquid steel production from iron ore within a single furnace. The
electricity demand of scaled-up molten oxide electrolysis has been estimated at 4.1—4.8 MWh/t liquid
steel, although what efficiency can be achieved in a full-scale process is still uncertain [31, 142]. If one
considers the same efficiency as in principally similar aluminum production plants, the electricity
demand of molten oxide electrolysis would be 5.5 MWh/t Fe [143]. One challenge of molten oxide
electrolysis is the identification of cost-effective electrode materials that can withstand the highly
corrosive conditions in the furnace [140].

2.2.4 Summary of pathways and comparison with hydrogen direct reduction steelmaking

All pathways towards the decarbonization of primary steelmaking are associated with challenges. As
mentioned previously, there is currently significant momentum behind H-DR steelmaking,
particularly in Europe. Compared to the other primary steelmaking decarbonization pathways, H-DR
steelmaking appears to offer an attractive combination of scalability, a relatively high technological
readiness level (given the significant similarities to conventional DR processes), and CO. emissions
mitigation potential. A critical enabling factor of H-DR steelmaking mentioned by most authors is the
falling costs of renewable electricity generation. Electrowinning and molten oxide electrolysis also
benefit from lower electricity prices but are currently considered much further away from
commercialization [1]. Another potential advantage of the H-DR steelmaking route is the flexibility
of its product: fossil-free DRI produced vid H-DR may potentially be used in already existing EAFs,
BFs, and BOFs, reducing the CO. intensity of already existing assets.

Biomass-based approaches are essentially limited by the access to sufficiently large amounts of
sustainably sourced biomass and are, therefore, only viable in a limited number of regions. The need
for various biomass upgrading processes before use in BFs or DR processes also increases costs. In
the case of biomass use in BFs, entirely replacing coke with a biomass-based alternative has proved
challenging.

The case for CCS in steelmaking appears strong at first glance given both the relatively high
concentrations of CO. in process gases and the, by all accounts, successful trials of the TGR concept
in the ULCOS project. Despite this, interest from major steelmakers has been low in recent years [10].
One possible reason is the difficulty of completely eliminating CO. emissions from a BF-BOF site via
CCS. Another possible barrier towards primary steelmaking CCS is its marketability and public
perception, particularly regarding CO. storage, in certain regions [10, 13, 120, 144]. Nevertheless, it
appears that some degree of CCS deployment in the steel industry may be necessary to meet various
CO. emissions reduction targets. CCS-based steelmaking is also substantially less dependent on
electricity generation expansion than H-DR or direct electrification options, which may well end up a
limiting factor in regions with low potential for low-cost wind or solar power [34, 114]. In regions
where the additional demand for low-CO: electricity for H-DR steelmaking has to be met by fossil fuel
power plants equipped with CCS, integrating CCS at already existing BF-BOF plants is likely a more
sensible approach given the generally higher concentration of CO. in steelmaking off-gases than in
power plant flue gases and, in the case of the BF, the potential operational advantages of TGR. There
has also been recent interest in the combined use of biomass-based reductants and CCS to achieve
negative-emissions steelmaking, which may catalyze developments in steelmaking CCS [134].
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3 METHODOLOGY

The overall aim of this thesis is to identify and evaluate non-geological H, storage technologies for
future large-scale H-DR processes from a techno-economic perspective. To achieve this, it was
necessary to apply a multi-pronged approach. The first step was to conduct a wide review of existing
literature on technologies for H. storage. However, very few large-scale H, storages exist today.
Consequently, most H. storage technologies remain unproven in the kind of industrial applications
considered in this thesis. The evaluation of these H. storage technologies must, thus, necessarily be
conceptual as detailed information on investment and operational costs from operational facilities is
not available. To overcome this, H, storage technologies were compared based on fundamental
thermodynamic (prospective heat and electricity demands of the overall storage processes),
engineering (e.g., technological maturity and challenges related to dynamic storage operation or heat
transfer), and economic aspects (e.g., material costs). All potential H, storage technologies were not
evaluated for H-DR integration in detail as most could be excluded from consideration based on a
single or a few inherent shortcomings that render such integration economically or technically
infeasible. Chapter 5 of this thesis provides an overview of this literature review.

After the most promising H. storage options had been identified, it was necessary to establish an H-
DR process model to enable a techno-economic comparison of the integration of different H, storages.
The developed H-DR process model is based on literature data for prospective H-DR and operational
conventional DR processes and mass and energy balance calculations. As the pressures in H-DR
processes are likely to be relatively low (as in conventional DR processes), the specific enthalpy of the
process gas streams is assumed to only depend on their temperature, i.e., they are assumed to behave
as ideal gases. The enthalpies of gas streams were calculated by the Shomate equation using data from
the National Institute of Standards (NIST) Webbook [145, 146].

Due to various process integration options, it was found sensible to consider the H-DR process and
its H. storage within the same system boundary, particularly for the non-geological H. storage
technologies as they are associated with significant heat flows. Possibilities for process integration
between the most promising non-geological H, storage options and H-DR plants are discussed in
chapter 6. This includes considerations for heat supply to the dehydrogenation process, utilization of
heat generated in hydrogenation processes, and material integration options. Part of the discussion
on heat integration utilizes concepts related to pinch technology [147].

The specific H-DR steel production cost was also estimated to establish the effect that H. storage may
have on the overall process economics. Here the annuity method was utilized to calculate the share of
the steel production cost that is related to investment costs of the plant. The annuity method takes
the time value of money into account by converting the total investment cost (IC) of a plant into an
annualized cost via the calculation of an annuity factor (AF), which is a function of the weighted
average cost of capital (WACC) and the economic lifetime of the plant. If this annualized cost is
divided by the yearly production capacity of the product (1 in, e.g., t liquid steel per year), a specific
annualized investment cost (CAPEX,) results:

ey . (C) WACC

AP = A = ™ T (L + WACC)Tretime @)

The annuity method was also utilized to assess the impact of the investment cost of a H. storage on
its ability to reduce the cost of H. delivery to an H-DR process.

An optimization method based on historical electricity prices was developed to determine the
maximum potential reductions in H, production cost that can be achieved via the integration of
different H. storage technologies in an H-DR process. The optimization method identifies the
electrolyzer and storage operational profiles that minimize the operational cost of H. delivery to an
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H-DR process given the operational characteristics and limitations of the H. storage for a specified
electricity price series. The method is deterministic in that it assumes perfect foresight and that the
presence of the H, storage does not affect electricity prices, partly because estimating such feedback
effects with any degree of certainty is exceedingly challenging considering the complexity of the
electricity system. The electrolyzer and storage operation optimization problem was defined and
implemented in MATLAB® R2019a using the built-in NLP solver ‘fimincon’ set to the default ‘interior-
point’ algorithm. Historical electricity prices from Sweden and Denmark gathered from the public
Nord Pool electricity market database were used in the analysis [148]. The storage operation
optimization method and related assumptions are described in detail and discussed in section 7.1.

A crucial process design issue for any liquid H. carrier-based storage is how to supply heat to the
endothermic dehydrogenation processes. A hybrid heat supply process for CH;0H dehydrogenation,
in which part of the heat is supplied via biomass combustion and part via combustion of released H.,
was developed and its performance was simulated using ASPEN Plus® V10, a well-known chemical
process simulation software package, to determine its mass and energy balances. Ideal conditions are
assumed in these simulations and reactions are assumed to reach their chemical equilibria. The
economic prospect of this heat supply process compared to either combustion of part of released H.
or reactor electrification as part of a CH;OH-based H. storage for an H-DR process was also evaluated,
see section 8.4.

In the case that a liquid H. carrier-based storage is implemented in an H-DR process, the storage
medium can potentially be sold off to provide the plant operator with additional revenue. This may,
e.g., be attractive if prolonged periods of relatively low and stable electricity prices are relatively
commonly encountered, and may, thus, improve the overall chances of storage investment
profitability. A linear calculation method based on historical electricity price duration curves was
developed to estimate the potential economic impact of allowing such sales in the case of CH;OH-
based H. storage. A problem with implementing this kind of hybrid CH;OH production and storage
approach is how to prioritize the use of CH;OH for H, storage vs. for selling it off to an external
customer. Here, a prioritization method based on the contribution margin concept, i.e., the difference
between the potential selling price and the associated variable operational costs per unit of a product,
was developed. This calculation method is described and discussed in detail in section 8.1.
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4 HYDROGEN DIRECT REDUCTION STEELMAKING (PAPERS II-VI)

The purpose of this chapter is to introduce the principles of the H-DR process with an integrated EAF
(henceforth referred to as H-DR-EAF) and to discuss various process design alternatives, including
different electrolysis technologies. A basic H-DR-EAF process model is developed. This process model
is used to calculate the electricity, heat, and H. demand of the H-DR-EAF plant and is also utilized
throughout the thesis for evaluating various H. storage process integration options. An economic
analysis is also included to estimate what impact a H, storage can potentially have on the overall H-
DR-EAF steel production cost. In section 4.5, an alternative H-DR process based on steam electrolysis
or steam and CO, co-electrolysis is described and the potential impact this may have on the economics
of H-DR-EAF steelmaking is considered.

H-DR is a variant of the conventional shaft furnace DR process in which H. is the only reductant.
Although the basic process layout is similar, this change in reductant has significant consequences for
the energy balance and economic performance of a DR plant. First and foremost, as the sole byproduct
of the reduction process is H.O, the CO.-intensity of H-DR processes depends nearly entirely on how
the H. is produced. There are several commercialized H. production technologies [149-151]. However,
the most mature H. production technology with the potential for zero direct CO. emissions is (H.0)
electrolysis [9, 10]. If the electricity fed to the electrolysis process is generated from fossil-free sources,
it is possible to generate H, without any associated direct CO. emissions.

The only H-DR plant based on H. production via electrolysis in operation at the time of writing is the
Hybrit Development AB 1t DRI/h pilot plant in Luled, Sweden [22]. This plant utilizes a Tenova HyL
shaft furnace and a 4.5 MWy electrolyzer supplied by Norwegian Nel ASA [98, 152]. However, a 0.5
Mt/y HBI plant based on H. reduction was operated in Point Lisas, Trinidad already between 1999
and 2016, originally by Cliffs and Associates Ltd. [11, 22, 153]. This plant utilized a set of fluidized bed
reactors for the reduction of iron ore fines with H, produced from NG reforming [154]. Unfortunately,
this plant was plagued by a multitude of technical and economic problems [45, 154]. The use of
fluidized bed reactors and the production of H, from NG renders the Point Lisas plant very different
from the kind of fossil-free shaft furnace-based H-DR process pursued in, e.g., the HYBRIT initiative.
Nevertheless, some lessons can be learned from this first H.-based DR plant, e.g., considerations for
EAF operation with carbon-free DRI [153].

As no full industrial-scale shaft furnace H-DR plant has yet been built and no detailed information
about the Hybrit Development AB pilot plant is publicly available, the optimal H-DR process
conditions and plant layout are currently uncertain. I assess the main process uncertainties to be (in
no particular order): 1) if, and if so how, carbon will be introduced into the steel; 2) the optimal shaft
furnace conditions (temperature and pressure) and the H, conversion per pass through shaft furnace
at those conditions; 3) the reducing gas preheating process; 4) if, and if so how much, H, must be
purged to prevent the accumulation of inerts in the gas loop [155]. There are also, as is discussed later
in this chapter, different electrolysis technologies with different H-DR process integration
possibilities. Consequently, many different kinds of H-DR plants are conceivable. A simplified
flowsheet of one kind of H-DR-EAF plant based on H. production via electrolysis is shown in Figure
4.

17



Iron ore pellets

Top gas

Reducing gas

O—>
Oxygen
Hydrogen
Wate
N Scrap .
Slag formers
== 5
77777 Slag
Electrolyzer Carbon ElectricArc [ >~

Furnace | Off-gas

)-\_/
Liquid Steel

The H-DR and EAF processes are shown as co-located and integrated in Figure 4. This has certain
process advantages, most notably the possibility to directly feed hot DRI and utilize the O. byproduct
from electrolyzers in the EAF. However, as mentioned previously, it is also perfectly possible to
produce DRI in one location and steel in another. In such cases, an external DRI cooling circuit or a
briquetting machine would be used to produce CDRI or HBI, which are more suitable for
transportation [70].

Figure 4: Hydrogen direct reduction-electric arc furnace process.

The main material inputs to an H-DR-EAF plant are iron ore pellets, slag formers, and some carbon
source [74, 84, 156]. In a fossil-free process, the carbon fed to the EAF must be biogenic in origin [13,
22]. It should preferably also be low in sulfur and ash to avoid negative effects on the melting process
and product quality [70, 157]. Bio-carbon appears to be the most likely candidate at present [29, 45,
74, 157, 158]. Additional fuel can also be injected into EAFs but this is not considered here [64, 84,
159, 160]. The overall H-DR process based on H. production via electrolysis is theoretically H.O
neutral—all H,O consumed for H, production is eventually regenerated via the shaft furnace
reduction reactions. In practice, some H,O losses will inevitably occur and, thus, make-up H.O must
be fed to the plant; H.O recycled and fed to electrolyzers must also be purified. These effects on the
plant mass and energy balances as well as the steel production cost are neglected herein as they should
be relatively small.

In the shaft furnace, preheated H.-rich reducing gas meets counterflowing iron ore pellets as in the
conventional DR processes. Complete H. conversion in a single pass through the shaft furnace is not
expected and it is, thus, necessary to recirculate the unconverted H.. The top gas is first used to
exchange heat to the incoming reducing gas and then the H.O formed as a byproduct of the reduction
process is separated out via condensation. Depending on the process pressure and per pass H.
conversion this may require cooling water. The H, purity required for H-DR processes is not as high
asin, e.g., fuel cell applications, considering the relatively large concentration of non-reducing species
in the reducing gases of conventional shaft furnace processes [161, 162].

In conventional NG-based shaft furnace DR processes, part of the top gas is combusted to preheat the
reducing gas. This combustion also prevents the accumulation of inerts, e.g., N, in the process gas
loop. It is possible that a small part of the top gas must also be purged in H-DR processes [64, 155].
However, it is of economic interest that this purge stream is kept as small as possible considering the
high value of the H, that would be combusted rather than used for reduction [155]. As it is presently
unknown how much top gas must be purged in an H-DR process, I have assumed that the associated
H. losses are sufficiently small to not signficantly affect the overall energy balances of the H-DR
process. The only exception is paper I1I, in which a top gas purge of 10% (by volume) was assumed.
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In the EAF, the DRI is melted and refined to liquid steel. This liquid steel may be processed further
via conventional means, e.g., ladle metallurgy or vacuum degassing, and then continuously cast into
semi-finished steel slabs, billets, or blooms [1, 38, 49]. The EAF melting process is mainly powered
by electricity, which is fed to the furnace via graphite electrodes. This causes an electric arc to form
between the electrodes and the charged materials, which generates significant amounts of heat,
eventually leading to melt temperatures of above 1 600 °C [73]. The EAF graphite electrodes degrade
over time due to the harsh conditions in the furnace and must be replaced regularly [163]. The EAF
is essentially a batch reactor, with typical batch times of 40—100 minutes, depending on the charge
material (share of DRI vs. scrap, charge temperature, the chemical composition of charge, etc.) and
the targeted liquid steel properties [20, 164]. For EAF operation with high shares of DRI, the DRI is
typically fed continuously via an opening in the EAF roof (called the EAF fifth hole) during batches
[65, 84, 159]. In such scenarios, the EAF is not fully emptied during the end of a batch, leaving a
certain amount of liquid melt in the bottom of the furnace (a ‘liquid heel’). At the start of the next
batch, DRI is continuously fed into this melt to ensure an even and efficient melting process [165].
The main outputs from an EAF are liquid steel, slag, and an off-gas, which typically mostly consists
of CO,, CO, and O, [64, 73, 166-168].

4.1 MASS BALANCES OF HYDROGEN DIRECT REDUCTION STEELMAKING
The H, demand of a H-DR process is determined by the DRI production rate and metallization. The
remaining iron oxide in the DRI is in FeO form, formed via partial reduction of Fe.O5 [54]:

k
Fe,05 + H, = 2 FeO + H,0 (AhY = 18.6 m—{)l) (R11)

In the absence of DRI carbon content, most of this remaining FeO in the DRI must be reduced to Fe
in the EAF via the injection of carbon. This results in the formation of CO [61, 159]:

k
FeO + C > Fe + CO (AR} = 155.3m—{)l) (R12)

The FeO that is not reduced in the EAF ends up in the slag or, to a generally smaller extent, EAF dust
[41, 51, 53]. It is assumed that no other Fe losses, e.g., with dust in the top gas, occur [104]. The CO
formed via (R12) is combusted inside the EAF via reaction with a stoichiometric amount of injected
0. to provide heat for the melting process. One-quarter of the FeO in the DRI is assumed to leave with
the EAF slag, while the remainder is reduced to Fe and ends up in the liquid steel. The EAF graphite
electrode consumption, which leads to additional CO. formation, is neglected in the mass balance,
partially because it is currently uncertain what level of electrode consumption to expect when
processing carbon-free DRI. In conventional EAF operation, 1—2 kg/t liquid steel electrode
consumption is typical, leading to the generation of an additional 4—7 kg of CO./t liquid steel [74].

Assuming a DRI metallization of 94%, a liquid steel composition of 99.5% Fe and 0.5% C by weight,
and an iron ore pellets gangue content of 5% by weight yields an overall H. demand of 52.5 kg per t
liquid steel. The assumed liquid steel carbon content is relatively high, but this is offset by the absence
of alloying elements (e.g., Cr or Mn) and does not dramatically affect the overall H. demand of the H-
DR-EAF process [49, 64, 169]. The production of 1.0 t liquid steel requires the production of 1.1t DRI
from 1.5 tiron ore pellets. The calculated iron ore pellets consumption (1.38 t pellets/t DRI) is similar
to that of conventional shaft furnace DR plants [53, 104]. The overall mass balance of the H-DR-EAF
process for a basis of 100 t liquid steel is seen in Figure 5.
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Figure 5: Mass balances of hydrogen direct reduction-electric arc furnace process.

The electrolyzers also generate 417 kg of O. per t of liquid steel as a byproduct. Only a very small part
of this O is needed in the EAF (approximately 3%). The amount of carbon injected into the EAF
(around 15 kg/t liquid steel) is on the high-end of what is typical in EAFs (8—17 kg/t liquid steel for
EAF charges rich in conventional DRI (>85% by weight)), which is to be expected given the carbon-
free DRI [74, 84, 153]. For a 2 Mt/y H-DR-EAF plant, the calculated EAF bio-carbon demand is
30 000 t/y.

4.2 HYDROGEN PRODUCTION VIA THE ELECTROLYSIS OF WATER

The electricity needed for the production of H. via electrolysis will constitute the main energy input
to an H-DR-EAF plant. This is also the primary reason why H. storage is of interest for H-DR-EAF
plants. Therefore, a brief introduction to electrolysis technologies is given in this section.

The concept of H.O electrolysis is simple: H.O is electrochemically split (electrolyzed) into O. and H.
via the addition of direct current electricity:

H,0(l) > H,(g) + 0.5 0,(g) (AhY = 285.8 %) (R13)

The stoichiometry of (R13) gives a co-production of 7.9 kg of O, and a H.O demand of 8.9 kg per kg
of H.. While H. is the most valuable product of electrolysis, the value of the O. byproduct is not
insignificant [170]. At the current market price of approximately 35—70 €/t, O. sales may reduce the
electrolysis H. production cost by up to 0.3—0.6 €/kg H. [171, 172]. However, identifying suitable
large-scale buyers of O. may prove challenging. For most large-scale O. consumers it is often more
cost-effective to invest in their own O, production, e.g., via air VPSA, than purchasing external O.,
especially as high-purity O. is rarely required [171, 173-175].

The high chemical stability of H.O renders its electrolysis inherently demanding. Even at a theoretical
100% efficiency based on the higher heating value (HHV) of H. (39.4 kWh/kg; this is the minimum
electricity input for liquid H»O electrolysis [176]), the production of 2 Mt liquid steel/y via the H-DR-
EAF process would require an electrolyzer capacity of approximately 520 MW [177]. Considering
that the total global installed electrolyzer capacity was less than 300 MW in 2020, it is clear that
scaling up electrolyzer production will be critical to realize industrial-scale H-DR plants [151].
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Fortunately, the H.O electrolyzer industry is currently in a rapid growth phase—the projected global
installed electrolyzer capacity in 2026 is approximately 17 GWe based on announced projects and the
European Commission’s Fit-for-55 package calls for 40 GW¢ of installed electrolyzer capacity within
the EU alone by 2030 [178].

Three main H.O electrolysis technologies available on the market today: alkaline electrolysis (AEL),
proton exchange membrane (or polymer electrolyte membrane) electrolysis (PEMEL), and solid
oxide electrolysis (SOEL) [176, 179, 180]. AEL and PEMEL are low-temperature electrolysis
technologies, meaning that they operate on a feed of liquid H.O, while high-temperature SOEL
operates on steam.

Current and projected values for selected performance metrics for AEL, PEMEL, and SOEL are
summarized in Table 1. Electrolyzers are associated with certain economies of scale (i.e., larger units
have lower specific investment costs), but only up to a certain capacity, beyond which costs scale
approximately linearly with production capacity [179, 181-187]. The point at which economy of scale
effects start to diminish is not entirely clear but appears to lie before 100 MW, at least for low-
temperature electrolyzers [185, 188].

Table 1: Current and projected future performance metrics for electrolysis technologies [5, 179, 184, 189-194].

Current (2020—2022) 2050/long-term
AEL PEMEL SOEL AEL PEMEL SOEL
Operating temperature (°C) 70-90 50-80 600-850 >90 80 <600
Cell pressure (bar) <30 <70 <25 >70 >70 >20
System efficiency (kWhe/kg H»)" 50-78 50-83 40-55 <45 <45 <40
Lifetime (thousands of hours) 60—90 30—-90 10-80 100-150 | 100—120 75-100
System investment cost, $/kWa)" 500—1 000 | 700—-1 400 2 800-5 600 <200 (98 <200 <300-500
[190])
Load range (% of nominal load) 10-110 0-160 20-100 5—-300 0-300 0—200
“At the nominal electrolyzer H. production rate. Higher efficiencies are possible at lower rates.

“For systems larger than 10 MWe. The costs of power electronics (rectifiers and transformers), H.O and gas purification
systems, pumps, cooling and H.O supply are also included, but not costs of installation (e.g., labor costs and grid connection
fees), various owner costs (e.g., owner project management, insurances, grid fees, and operator training), and contingency
costs.

All three considered electrolyzer types can be pressurized, which may prove suitable in storage
applications as all H. storage technologies involve an initial compression step. If part or all of this
compression work can be done in the electrolysis cells, the overall compression work can be reduced
as electrochemical compression is inherently more efficient than by mechanical means [176, 181, 195,
196]. A potential issue of pressurized SOEL operation is that it increases the H.O evaporation
temperature, which may hamper heat integration with other processes [197].

The specific electricity demand of electrolyzers depends on the applied current density [187, 198].
Consequently, electrolyzers are more efficient when operated at lower loads, in contrast to most
thermal and thermochemical processes [183, 193]. This benefits the dynamic operation of H.O
electrolyzers in response to electricity price variations. However, estimating the effect of partial load
operation on electrolyzer performance is not trivial and most authors assume a load-independent
electrolyzer efficiency in modeling [183, 199]. Although the inclusion of such an effect would favor the
general economics of H. storage, it would most likely not favor any particular kind of storage over any
other. Therefore, this effect has not been considered in this work.

4.2.1 Alkaline electrolysis

AEL is by far the most mature H,O electrolysis technology and was applied at >100 MW scale already
in the middle of the 20t century, primarily for the manufacture of ammonia (NH3) before the advent
of modern cost-effective NG reforming technologies [151, 200, 201]. In a few outlier cases, e.g., the
Egyptian Aswan dam NH; production plant, the use of AEL for NH; production remained a viable
alternative well into the 215t century [202, 203].
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The two electrodes of an AEL cell, both often nickel-based, are submerged in a liquid potassium
hydroxide (KOH) solution (20—40% by weight) [204]. A porous inorganic separator between the
electrodes prevents the mixing of produced gases and short-circuiting. During AEL operation, H, and
hydroxide ions (OH-) are produced at the cathode via the reduction of H.O, while O, and H.O are
produced at the anode via the oxidation of OH-. The relevant electrode and total reaction of AEL are:

Cathode (AEL): 2 Hy,0(l) + 2 e~ - H,(g) + 2 OH (aq) (R14)
Anode (AEL): 20H (aq) » 0.50,(g) + H,0() + 2 e~ (R15)
Total: H,0(l) - H,(g) + 0.5 0,(g) (R16)

The purity of the produced gases is high after drying: 99.5-99.9% for H. and around 99.3-99.8% for
0. by volume [176]. As H.O is consumed on the cathode side and produced on the anode side, it is
necessary to at least occasionally mix the anode and cathode electrolyte solutions to stabilize KOH
concentrations and maintain the required electrolyte conductivity [204]. This mixing causes some
contamination of the product gases as the electrolyte carries with it small amounts of dissolved gases
[176]. This is a particularly impactful effect for lower AEL operating loads and can potentially lead to
the formation of explosive gas mixtures unless properly controlled [176].

4.2.2 Proton exchange membrane electrolysis

PEMEL was first developed by General Electric (GE) during the 1960s, enabled by the discovery of
the Nafion (a solid polyfluorosulfonic acid-based polymer) membrane material by Walther Grot at
DuPont, which is still typically the electrolyte of choice [205-208]. The solid Nafion electrolyte,
through which protons (H*) are transported, also acts as a membrane onto which the cathode and
anode are directly mounted [206, 207]. This yields a different set of half-cell reactions:

Cathode (PEMEL): 2HY+2e” - Hy(9) (R17)
Anode (PEMEL): H,0() > 0.50,(9) +2H* + 2 e~ (R18)
Total: H,0(l) -» H,(g) + 0.5 0,(g) (R19)

The solid electrolyte allows for higher purity H. (99.99% by volume) to be produced compared to in
AEL [176]. Other advantages of PEMEL over AEL include higher power densities, easier
pressurization of cells, improved part-load performance, and faster load ramping capabilities [176].
A downside to PEMEL is that the harsh conditions (acidity, voltages) inside the electrolyzer cells
necessitate the use of costly materials to maintain acceptable degradation rates [176]. In particular,
electrocatalysts based on platinum group metals (PGMs) are typically used at both the cathode and
anode [209, 210]. The prices of these PGMs affect the cost of PEMEL electrolyzers substantially [211].

4.2.3 Solid oxide electrolysis

The SOEL technology was first developed by Westinghouse during the early 1960s, initially for O.
production in space exploration applications [176, 212, 213]. SOEL must be considered less mature
than both AEL and PEMEL [151]. However, both Danish Haldor Topsge A/S and German Sunfire
GmbH are looking to scale up SOEL production capacities in the coming years, indicating that this
maturity gap may soon narrow [151, 191, 214, 215].

SOEL, like PEMEL, employs a solid electrolyte [151, 191]. However, the ceramic electrolyte of SOEL,
which is essentially always based on yttrium-stabilized zirconia (YSZ), transports oxide ions (02)
[181] This results in yet another set of half-cell reactions:

Cathode (SOEL): H,0(g) +2e™ > Hy(g) + 0%~ (R20)
Anode (SOEL): 0%~ -5 050,(g)+2e” (R21)
Total: H,0(g) » H,(g9) + 0.5 0,(9) (R22)
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The operating temperature of SOEL must be high to allow for sufficient O conductivity through the
electrolyte. These high operating temperatures, along with the feed of steam, enable favorable kinetics
and thermodynamics compared to AEL or PEMEL, which also allows low-cost electrocatalysts to be
used [181, 191, 216]. On the other hand, the higher operating temperatures in SOEL are a challenge
in terms of material degradation [217].

The thermodynamic motivation for high-temperature steam electrolysis is straightforward: a larger
part of the total energy input to split the H.O can be supplied as heat instead of as electricity [216].
The reaction enthalpy of any reaction (AH) consists of two terms, the Gibbs free energy change (AG),
which describes the electricity demand in the electrolysis case, and the entropic contribution (TAS),
which in the ideal case describes the heat demand [201]:

AH = AG + TAS (3)

The reaction enthalpy of electrolysis is lower when starting from steam (this is the difference between
the H. HHV and its LHV). However, steam superheating has a relatively small effect on AH [217]. As
AS is positive for electrolysis, its electricity demand (AG), must, thus, decrease with increasing
temperature for the sum AG+TAS to remain relatively constant. At SOEL operating temperatures,
electricity demands as low as 35—37 kWh/kg H, can be reached if the heat for H.O evaporation can
be supplied from an external source (note that values for SOEL efficiency in Table 1 assume electrical
evaporation of H,O as part of SOEL operation) [218-220].

SOEL has historically been associated with a poor tolerance for dynamic operation [191]. However,
recent results have shown that dynamic SOEL operation, on par with low-temperature electrolyzer
technologies, is now feasible with little additional degradation [176, 214, 221]. The main challenge of
dynamic SOEL operation may now lie with the heat management and steam supply systems [176, 214,
221-224]. However, the cold start-up of SOEL systems is still slow due to the high operating
temperatures [176].

A further differentiating aspect of SOEL is its ability to electrolyze other substances than H.O, most
notably CO, [225]. The product of the CO, electrolysis is CO:

CO,(g) +2e~ > CO(g) + 0% (R23)

Co-electrolysis of H.O and CO, within the same SOEL unit is possible and yields H. and CO mixtures
on the cathode side [191, 226, 227]. The electricity demand of CO. and H,O electrolysis are similar at
typical SOEL operating temperatures [228]. In the context of H-DR, co-electrolysis using SOEL
allows for the provision of a reducing gas that is similar in composition to those in NG-based processes
[64]. This allows for DRI carburization as in conventional DR processes with the associated
advantages for DRI handling and EAF processing. The integration of steam or steam and CO. co-
electrolysis in an H-DR-EAF plant is discussed further in section 4.5.

4.3 ENERGY BALANCES OF HYDROGEN DIRECT REDUCTION STEELMAKING

The majority of the electricity demand of an H-DR-EAF plant will go towards H. production via
electrolysis. With current AEL performance figures, a total of 2.6 MWhe/t liquid steel is needed. With
the expected long-term improvements in electrolyzer efficiencies shown in Table 1, this may decrease
to below 2.1 MWhg/t liquid steel for SOEL [89]. If electrolyzers are of the AEL or PEMEL kind, they
will also generate significant amounts of heat, approximately 85—105 MW for a 2 Mt/y H-DR-EAF
plant, that can potentially be utilized for, e.g., district heating if this is an available option [186, 229-
232].
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The second-largest consumer of electricity in an H-DR-EAF plant will be the EAF. However,
estimating its electricity demand is complex as it depends on a host of parameters, e.g., DRI
metallization, DRI carburization, DRI temperature, gangue content of iron ore pellets, degree of
carbon injection, and the share and quality of scrap [73, 84, 233]. When fed with 100% steel scrap,
modern EAFs typically demand 300—400 kWhe/t liquid steel [70, 164, 165]. This increases to 500-
700 kWhei/t when the EAF is fed with only CDRI [57, 64, 84]. The use of carbon-free DRI is expected
to increase the electricity demand of the EAF, perhaps to 650—760 kWha/t, as the DRI melting
temperature increases with decreasing carbon content and no heat from exothermic oxidation of DRI
carbon can be utilized [20, 60, 64, 234]. As mentioned previously, the EAF electricity demand can be
reduced by directly feeding hot DRI from the upstream DR process [29, 70, 77].

The electricity demand of the remaining H-DR-EAF plant equipment, such as compressors and
pumps, is moderate. Common values for NG-based DR processes are 60—110 kWhe/t liquid steel [85,
104, 155, 235, 236]. Therefore, pressure losses and compression work in the H-DR processes have
been neglected here.

The final major energy input to an H-DR-EAF plant is the reducing gas preheating. This heat can be
supplied by fuel combustion or by electrical heating. The amount of preheating needed depends
primarily on the flow of reducing gas and the energy balance of the shaft furnace. The primary heat
flows in an H-DR process are shown in Figure 6.

Iron ore pellets
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Figure 6: Heat balance of shaft furnace in a hydrogen direct reduction process. The sensible heat of iron ore pellets is
assumed to be negligible.

To determine the amount of preheating needed (Qpreheating), the heat losses from the shaft furnace
(Quoss), the endothermicity of the reduction reactions in the shaft furnace (Qreduction), and the sensible
heat of the DRI (Qsensible) must be determined.

The amount of external preheating needed depends on how much heat can be recovered internally in
the H-DR process, specifically the heat exchange between the reducing gas and the top gas. The mass
flow of the top gas is always larger than that of the reducing gas due to the production of H.O in the
reduction reactions and the incomplete conversion of H. per pass through the shaft furnace.
Therefore, the heat exchange between the top gas and the reducing gas mainly depends on the
achievable temperature difference in the heat exchanger. It is assumed that a minimum temperature
difference of 50 °C can be reached, a somewhat conservative value for gas-gas heat exchangers [147].
Due to this temperature difference, there is excess heat left in the top gas after heat exchange with the
reducing gas. This excess heat, along with the heat of condensing the H.O produced in the shaft
furnace, is rejected, e.g., using cooling water, before the top gas is recycled. It is assumed that
complete condensation and separation of all H,O in the top gas is not achieved so that the reducing
gas contains 10% H.O by mole.
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The flow of reducing gas depends on how much H. reacts per pass through the shaft furnace. If the
H. conversion per pass is low, a larger excess of H. in the reducing gas is needed to reach the same
DRI production rate. In the absence of any operational data for H.-based shaft furnace DR processes,
I have assumed a H. conversion of 30% per pass through the shaft furnace. This is both close to values
expected from a chemical equilibrium viewpoint and values reached in NG-based DR plants [45, 92,
146, 155].

The optimal reducing gas temperature in an H-DR process is currently unknown. A higher
temperature would be favorable for both thermodynamic and kinetic reasons [161]. However, the
potential advantages of a higher reducing gas temperature must be weighed against increasing
demands on process equipment and reducing gas preheating. Therefore, an intermediate reducing
gas temperature of 900 °C has been assumed here.

Due to the minimum temperature difference achieved in the heat exchange between the top gas and
reducing gas, the reducing gas temperature before the preheater (T,) is determined by the top gas
temperature. The top gas temperature is, in turn, determined by the heat balance of the shaft furnace
(the sensible heat of the iron ore pellets is assumed to be negligible [90]):

mred.yas ' hZ = mtap.gas . h3 + Qsensivte + Quoss + Qreduction (4)

Heat losses from the shaft furnace are sufficiently large to significantly affect its energy balance.
However, a wide range of heat loss values have been suggested for shaft furnaces in literature (from
zero to over 120 kWh/t DRI) [53, 91, 237-241]. I have used the shaft furnace heat loss suggested by
LKAB in the ULCORED project here: 37 kWh/t liquid steel, based on communication with Hybrit
Development AB [235]. A slightly larger shaft furnace heat loss values than this have been assumed
in papers II, III, V, and VI, yielding lower top gas temperatures.

An H-DR top gas temperature of 381 °C is calculated using the shaft furnace energy balance. This is
lower than typical top gas temperatures in NG-based processes, which tend to be 400—500 °C [85,
90, 240]. This is to be expected given the absence of the exothermic CO reduction and carburization
reactions. More detailed simulations of H-DR shaft furnaces have also reached similar top gas
temperatures [155, 161]. The top gas temperature calculation is sensitive to assumptions for the per
pass H. conversion, reducing gas composition, and heat loss. The H-DR reducing gas preheating
demand was determined to be 118 MW or 472 kWh/t liquid steel. If the incoming H. from
electrolyzers is at 70 °C, typical for AEL or PEMEL electrolyzers, the excess heat in the top gas (Qcooling)
is approximately 16 MW or 64 kWh/t liquid steel. The temperature of this heat is between 135 °C and
70 °C, indicating that it could be useful for district heating.

The overall electricity demand of the H-DR-EAF plant is approximately 3.7 MWh/t liquid steel
assuming electrical reducing gas preheating, an electrolyzer efficiency of 50 MWhe/t H,, and an EAF
electricity demand of 600 kWhei/t liquid steel. This is similar to other recent estimates in the scientific
literature [64, 155, 228, 234, 242]. The electrolyzers make up 71% of the overall electricity demand.
This increases to 81% if reducing gas preheating is instead achieved via the fuel combustion. The H-
DR-EAF plant can also potentially provide 400—-480 kWh/t liquid steel of district heating.
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4.4 ECONOMICS OF HYDROGEN DIRECT REDUCTION STEELMAKING

As its mass and energy balances have been established in the previous sections, it is now possible to
evaluate the cost of producing liquid steel via the H-DR-EAF process. For reference, the crude steel
production cost via the BF-BOF route has been estimated to be 240—390 €/t [1, 35, 162, 234, 243,
244]. Presumably, costs towards the lower end of this range are for established BF-BOF plants where
assets have already been largely written off [8, 38, 245].

The basis for the calculations is a production capacity of 2 Mt of liquid steel/y at a plant utilization of
8 000 h/y3[246]. Low-temperature electrolyzers are assumed. The WACC is 6% and the economic
lifetime of all components is assumed to be 20 years. Further assumptions used to estimate the steel
production cost are summarized in Table 2. The electrolyzer investment cost is subject to significant
uncertainty and lower values may be expected in the future. In contrast, no major cost reductions are
expected for the shaft furnace or the EAF as these are relatively mature technologies [111].

Table 2: Assumptions to estimate of steel production cost via the hydrogen direct reduction-electric arc furnace process.

Parameter Value Reference

H-DR investment cost (ICx-pr) 606 M€ [111]
EAF investment cost (ICrar 480 M€ [111]
Electrolyzer investment cost (ICkz) 328 M€ (500 €/kW; 656 MW) .
Electrolyzer electricity demand 50 MWh/t H, See section 4.2
Slag former demand 50 kg/t liquid steel [84
Slag former cost 100 €/t [234
EAF electricity demand (/MWhei/tis]zar) 600 kWh/t liquid steel [84
Reducing gas preheating electricity 472 kWh/t liquid steel .
demand ([MWhe/tu Jyreheatng) See section 4.3
EAF bio-carbon price 300 €/t [46
Labor cost (Ciabor) 52.3 €/t liquid steel [117
Iron ore pellets cost 84 €/t [111
Scrap charge to EAF 0%

EAF graphite electrode consumption 2 kg/t liquid steel [41]
EAF graphite electrode price 4503 €/t [111]
Operation and maintenance cost 3% of investment cost per year [117]

The production cost of liquid steel (LPC) is calculated via the following equation based on the annuity
method:

_ (ICy_pr + ICpar + IC,) - AF

mliquid steel
N (e
MWhel tis

where Core, CraF electrodess Chio-carbons Cslag formers are the specific costs (in €/t liquid steel) of consumables,
[€/MWhg] is the electricity price, and [MWhei/tis]electrolysis is the specific electricity demand of
electrolyzers. The resulting liquid steel production cost as a function of the electricity price is seen in
Figure 7. Similar H-DR-EAF steel production costs have been reached by others [35, 162, 234]. The
total H-DR-EAF plant investment cost is approximately 1 414 M€ (the annualized specific investment
cost is 62 €/t liquid steel), out of which electrolyzers make up 23%. The total specific cost of
consumables is 146 €/t liquid steel, out of which the iron ore pellets makes up the vast majority (128
€/t liquid steel).

LpPC + Core + Cgar etectrodes + Chio—carbon + Ciavor + Cslag formers

(5)

MWh,
+ [ el]

[MWhel]
tls

EAF electrolysis tls preheating)

3 This H-DR-EAF plant liquid steel production capacity and utilization will be used throughout the rest of this thesis.
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Figure 7: Hydrogen direct reduction-electric arc furnace process liquid steel production cost as a function of the electricity
price.

The electricity costs increasingly affect the production cost of liquid steel as the electricity price
increases—the production cost is approximately 1.5 times as high at 70 €/MWh compared to at 20
€/MWh, largely driven by an increase in H. production cost. At an electricity price of 20 €/ MWHh, the
electricity cost of H. production is around 19% of the total plant operational cost. This increases to
40% at 70 €/ MWh.

H-DR-EAF is only competitive with the BF-BOF route at relatively low electricity prices (below
around 30 €/MWh at least) in the absence of carbon pricing [234]. Assuming a carbon price of 50 €/t
CO, and a CO.-intensity of 1.8 t CO,/t steel for the BF-BOF route would increase the electricity price
at which H-DR-EAF may be competitive to around 50 €/ MWh. Potential income from sales of district
heating and O, are not included in the production cost estimates shown in Figure 7. Including such
sales could reduce the liquid steel production cost by up to 35-50 €/t liquid steel (considering a
district heating price of 50 €/MWh and an O price of 50—70 €/t) [171, 232, 247].

4.5 HIGH-TEMPERATURE ELECTROLYSIS IN HYDROGEN DIRECT REDUCTION STEELMAKING
The use of SOEL instead of low-temperature electrolysis may reduce the electricity demand of an H-
DR-EAF plant. Furthermore, the direct utilization of the steam in the H-DR top gas for SOEL would
avoid the need for a separate steam generation process, potentially reducing both operating and
investment costs. One possible barrier towards such direct top gas utilization is its sulfur content,
which may poison the SOEL nickel-based cathode catalyst [217, 248]. This is not an entirely different
situation to the Midrex process, which also utilizes a sulfur-sensitive nickel catalyst in the reformer,
although it appears that the SOEL cathode catalyst could be even less sulfur-tolerant [53, 93, 94, 249].
If the sulfur content of the top gas is too high for direct feed to an SOEL, various top gas
desulphurization technologies could be utilized, some of which may not require condensation of the
top gas, e.g., sulfur guard beds based on zinc oxide [250].

Nevertheless, although SOEL integration may allow for more efficient DRI and steel production via
H-DR-EAF, these electrolyzers are currently associated with much higher investment costs than AEL
or PEMEL. SOEL scale-up and associated cost reductions is, thus, necessary for these kinds of
electrolyzers to be attractive for H-DR [184, 191].

45.1 Co-electrolysis for the production of carburized direct reduced iron

As mentioned previously, SOEL could also be used to co-electrolyze H.O and CO. to yield a reducing
gas similar in composition to those in NG-based DR processes [146, 228]. This allows for a carburized
DRI to be produced, with the associated advantages in DRI handling and EAF processing. Different
schemes for the integration of SOEL co-electrolysis in H-DR processes have recently been patented
[251, 252].
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Assuming that no CO, generated in the EAF can be recycled (the liquid steel carbon content is in all
likelihood significantly smaller than that of the DRI and some CO- losses are also inevitable), an H-
DR-EAF plant producing carburized DRI requires a CO. input. The amount of CO. required purely
for DRI carburization is in theory rather moderate. The production of 2 Mt/y liquid steel from DRI
with a carburization of 1% (by weight) is associated with a carbon flow of approximately 22 ooo t C/y
with the carburized DRI. For co-electrolysis, all of this carbon must be replenished via the supply of
82 kt CO,/y to the H-DR-EAF plant. Possible CO, sources for an H-DR-EAF plant are discussed in
section 6.1.1. The CO. generated as a byproduct of the CO-based reduction and carburization shaft
furnace reactions can either be directly recycled to the SOEL (again, top gas sulfur content is a
potential barrier) or first separated out via, e.g., an absorption process as in conventional HyL
Energiron III or ZR processes, and then recycled in purified form [146, 228]. The need for a separate
CO. separation process is associated with additional operational and investment costs.

The most reasonable alternative way of introducing fossil-free CO into the H-DR shaft furnace would
likely be through the reverse water water-gas shift (rWGS) reaction [253, 254]:

k
Ha(9) +C0,(9) > CO(g) + H,0(g) (A} = 412 ) (R24)

The rWGS reaction is studied extensively in the context of liquid hydrocarbon fuel production via the
Fisher-Tropsch process from a feed of H. and CO., where the conversion of CO. to CO via the rWGS
reaction is the first process step [255]. CH, is a possible side product, especially for lower
temperatures or higher pressures [254]. However, the rWGS reaction equilibrium can be pushed
towards CO production via nickel-based catalysts and by increasing the reactor temperature to 700—
900 °C [253, 255, 256].

In the H-DR context, the H, consumed in the rWGS reaction for CO production would be produced
via low-temperature electrolysis, while the necessary heat can be provided by the combustion of part
of the top gas, fuel combustion, or potentially via riWGS reactor electrification [228, 257, 258]. This
means that the minimum energy needed to produce CO via this route is the electricity demand of low-
temperature electrolysis (around 50 kWhe/kg H,) plus the heat demand of the rWGS reaction
(minimum of 5.7 kWh/kg H.). This is much less efficient than CO production via SOEL co-electrolysis,
particularly if the top gas steam can be directly utilized. In addition, the rWGS reaction results in the
formation of H,O, which is detrimental to the reducing gas reducing power, while co-electrolysis
consumes H,O. The H.O formed in the rWGS may potentially be removed in an intermediate
condensation step before the shaft furnace, but this would be associated with additional investment
and operational costs.

The introduction of CO into the H-DR shaft furnace affects its mass and energy balances significantly.
Most notably, the CO-based reduction and carburization reactions are exothermic, as opposed to
endothermic H,-based reduction. As more species are present in the shaft furnace, more chemical
reactions are possible and the process complexity increases compared to pure H. operation.

The simple H-DR-EAF model described in previous sections was expanded to estimate the primary
effects of the introduction of CO into the H-DR shaft furnace on the overall heat and mass balances
of the process [146]. It is assumed that 30% of CO and H. is converted per pass through the shaft
furnace via reduction [259]. Consequently, the share of reduction caused by reaction with H. or CO
depends on the assumed reducing gas composition. In addition, CO is assumed to carburize the DRI
via (R4) to form varying amounts of Fe;C; no other carburization reactions were considered and, thus,
all carbon present in the carburized DRI is assumed to be in the form of Fe;C [67, 68]. The resulting
DRI composition as a function of its carburization for a constant DRI metallization is shown in Table
3.
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Table 3: Direct reduced iron composition as a function of carburization for metallization of 94%.

DRI carburization 0.0% 1.0% 2.0%
Fe 86.0% | 71.0% | 56.4%
DRI composition FeO 71% | 7.0% 6.9%
(by weight) Fe,C 0.0% | 14.9% | 29.9%
Gangue 6.9% | 6.8% 6.8%

The CO that is consumed due to carburization is assumed to be in addition to that consumed due to
reduction reactions. Consequently, higher degrees of DRI carburization lead to slightly smaller top
gas flows (the difference in top gas molar flow is approximately 1.3% between 0% and 1.5% DRI
carburization) and slightly higher DRI production rates (due to the added DRI carbon content) in the
model. However, as the carbon content of the liquid steel leaving the EAF is assumed to remain
constant, the DRI carburization does not affect the H-DR-EAF plant production capacity.

The developed shaft furnace model cannot be used to calculate the achievable DRI carburization for
a given reducing gas composition. Instead, the DRI carburization is an input parameter that can be
varied to assess its impact on the H-DR-EAF plant mass and energy balances. In practice, a higher
reducing gas CO content should be associated with a higher DRI carburization under otherwise
similar conditions [260]. For instance, Midrex Technologies recently presented their estimates of the
achievable DRI carburization in their process as a function of the share of H. co-fed with NG, as seen
in Table 4. These values can be used to roughly estimate the realizable DRI carburization for a given
reducing gas CO content for a Midrex-type shaft furnace DR process.

Table 4: Effect of reducing gas composition on carburization in the Midrex process [261].

Conventional Midrex 20% H»* | 50% H»* | 70% H.* | 100% H.

H. 55% 62% 72% 77% 90%

Reducing gas (mol%) CcO 35% 28% 18% 13% 0%
Others* 10% 10% 10% 10% 10%

DRI carburization (by weight) 2.5% =1.5% ~1.0% =0.5% 0.0%

*Mainly CO., H-0O, N>, and CH,.

#In terms of energy content H2 vs. energy content of conventional NG-based reducing gas.

Although the developed shaft furnace model is simplistic it can capture the most significant effects of
CO addition. As the amount of CO in the reducing gas and DRI carburization increases, the overall
shaft furnace process becomes less endothermic (under otherwise identical conditions), which results
in higher top gas temperatures. If the reducing gas consists of 60% H. and 30% CO by volume and a
DRI carburization of 1.5% is reached (reasonable given the data in Table 4), the endothermicity of the
shaft furnace is reduced from 238 kWh/t liquid steel in the pure H. reduction case to approximately
80 kWh/t liquid steel. A major reason for this large drop in endothermicity is the heat generated due
to the carburization reaction. This lead to a lowered reducing gas preheating demand [146].

Liquid steel production based on the production of carburized DRI using SOEL co-electrolysis results
in significantly lower electricity demand than when a combination of low-temperature electrolysis
and a rWGS reactor is utilized, approximately 3.0 vs. 4.0 MWhe/t liquid steel, considering electrical
reducing gas preheating [228]. Furthermore, although using SOEL to produce carburized DRI via co-
electrolysis rather than un-carburized DRI via steam electrolysis is more electricity-intensive, this
may be outweighed by electricity demand savings in the EAF (excluding the additional cost of
providing an external carbon source to the EAF to make up for the carbon not contained in the un-
carburized DRI) [228]. Consequently, if low-cost CO. is available, H-DR reducing gas production via
SOEL co-electrolysis may be an attractive route for the production of carburized DRI. However, as
with pure steam SOEL, reaching competitive overall steel production costs via the SOEL co-
electrolysis route is also largely dependent on reductions in SOEL investment costs and
improvements in degradation rates.
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5 HYDROGEN STORAGE FOR HYDROGEN DIRECT REDUCTION STEELMAKING
(PAPERS |, IV)

This chapter aims to provide an overview of available H. storage methods. Based on thermodynamic,
engineering, and techno-economic aspects, the suitability of these storage methods for integration
with an H-DR-EAF plant is evaluated. As NG is by far the most commonly stored gas today, its storage
is considered as a starting point. Today, most NG is stored underground in various geological
formations as this offers the lowest storage costs. Therefore, options for the geological storage of
gaseous H. are then introduced. Thereafter, other potential non-geological options for the large-scale
storage of H,, which are the main focus of this thesis, are discussed. However, first, some general
aspects of H-DR-EAF production flexibility, where H, storage is just one option, are briefly discussed.

5.1 FLEXIBILITY IN HYDROGEN DIRECT REDUCTION STEELMAKING

The electricity cost will constitute a large share of the overall cost of producing steel via the H-DR-
EAF route. A consequence is that the economic viability of the H-DR-EAF process is sensitive towards
the price of electricity—when electricity is expensive, H-DR-EAF steelmaking will also be expensive.

Electricity pricing in a liberalized electricity market operates on the same fundamental principles as
the pricing of any other commodity: when supply is low and demand high, the price increases and
vice versa. Consequently, the electricity price varies over time due to variations in both supply and
demand [262]. Variations in electricity supply are expected to increase in many markets due to
increasing shares of variable wind and solar power [12]. This may result in increased price volatility
and extended periods with relatively high electricity prices when, e.g., there is little wind. Therefore,
it is worthwhile to consider and compare some strategies that H-DR-EAF plant operators may apply
to manage electricity price variations, out of which H, storage is one. The options for H-DR-EAF
process flexibility are summarized schematically in Figure 8.
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Figure 8: Possibilities for flexibility in hydrogen direct reduction-electric arc furnace steelmaking. Grey arrows: electricity;
green arrows: hydrogen; red arrows: electric arc furnace ferrous feedstocks (direct reduced iron and scrap).

The most obvious way for a H-DR-EAF plant operator to manage electricity price peaks is to reduce
steel production when the electricity price is high. However, while such an approach could result in
lower specific electricity costs of steel production, the accompanying decrease in plant utilization
would affect capital costs negatively [1]. Plant start-up may also be associated with significant costs
[263]. Nevertheless, the EAF is essentially a batch-wise process, and some degree of optimization of
its operation according to electricity price fluctuations is both technically feasible and most likely
economically beneficial, particularly in an electricity system featuring relatively large shares of
variable renewable power generation. Operating the EAF dynamically but not the upstream H-DR
process would, in principle, only require DRI storage, e.g., as CDRI or HBI [53, 65]. A potential
downside that the advantage of directly feeding hot DRI to the EAF is lost.
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A way to maintain a relatively constant rate of steel production while still allowing for the plant
electricity demand to be varied is to dynamically change the feedstock to the EAF depending on the
electricity price. When the electricity price is high, less H. and DRI would be produced and the EAF
would instead be operated on a larger share of either stored DRI or scrap or some combination thereof
[234, 264]. While this approach would allow for a constant steel production rate, other challenges
may arise. If stored DRI is to be used, there must exist both H-DR and electrolyzer overcapacity (EOC)
that allows for DRI in excess of the EAF demand to be produced during low electricity prices, which
increases investment costs. If the share of scrap charged to the EAF is to be varied, maintaining a
constant steel product quality could be challenging. Nevertheless, any combination of these
approaches also necessitates variations in DRI production rate, the feasibility of which is currently
unknown [1, 155]. Midrex Technologies claim that their NG-based process can operate down to a
minimum load of 30% of its nominal capacity without major efficiency losses [80]. Considering the
similarities between H-DR and NG-based DR processes, a comparable load flexibility should be
achievable in H-DR. Nevertheless, a reduction of the H-DR plant utilization would be a necessary
compromise.

This leaves the storage of H. as the final available H-DR-EAF production flexibility strategy. The
integration of a H., storage allows for a constant production of both DRI and liquid steel while still
allowing for a significant reduction in plant electricity demand (70—80%) during electricity price
peaks. The utilization of both the H-DR plant and EAF can, thus, both be maximized, while only the
electrolyzers are operated dynamically. This is sensible as the electrolyzers will make up a relatively
small part of the overall investment costs of an H-DR-EAF plant, as shown in section 4.4, especially
considering the expected electrolyzer cost reductions, but a large part of its electricity demand. The
rapid achievable ramping rates and higher efficiencies of electrolyzers at lower loads also benefit this
scheme.

5.2 EcoNOMICS OF HYDROGEN STORAGE IN HYDROGEN DIRECT REDUCTION

STEELMAKING
The economic principle of H. storage in the context of an H-DR-EAF process is simple: when the
electricity price is high, the H-DR process is operated on stored H., which means that H. production
via electrolysis can then be reduced. This requires EOC so that H, in excess of the H-DR demand can
be produced and stored when the electricity price is low. It also necessitates a H. storage, which has
both investment and operational costs. For H, storage to be worthwhile, the associated reduction in
electricity cost of H. production must outweigh these additional investment and operational costs, as
illustrated in Figure 9.
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Figure 9: How a hydrogen storage can reduce the overall hydrogen production cost.
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The profitability of investment into a H, storage depends largely on electricity price variations and
the ability of the storage to adjust to them—if electricity prices are relatively stable, the H. storage
serves no purpose other than increasing the investment cost, and potentially also operational costs,
of the H-DR-EAF plant. From the perspective of investment into a H, storage, electricity price
variations should preferably be both frequent and large in magnitude. If variations are large, the
economic benefit of overproduction of H. at the lower electricity price to avoid production at the
higher price increases. If electricity price variations are frequent, the storage volume can be smaller,
resulting in lower investment costs [265].

All H. storages have operational limitations. These limitations prevent the optimal distribution of H,
production to periods of low electricity prices. Some of these limitations can be chosen as storage
design parameters and some are inherent to the storage technology. For instance, a storage has a
certain maximum capacity that cannot be exceeded. The optimal choice of storage H. capacity is a
compromise between operational flexibility and investment cost—a larger storage is also costlier.
Identifying the optimal storage capacity is, thus, an optimization problem. The situation is similar for
the EOC. Too little EOC means that too little excess H. can be produced to cover all electricity price
peaks. Too much EOC increases investment costs and risks underutilization. An issue here is that the
optimal combination of storage H. capacity and EOC depends on the electricity prices that the storage
operator will encounter, which are not known in advance, at least not over the full intended economic
lifetime of the storage.

As mentioned, some storage operational limitations are also inherent to the storage technology and
are, thus, fixed. For instance, as shall be seen later in this chapter, H. storage based on reversible
chemical reactions is often associated with a minimum hydrogenation process load, i.e., some
minimum H. rate must always be supplied to the storage system. For geological H. storages, there
are certain maximum allowable H. withdrawal and injection rates that cannot be exceeded without
concern for the structural integrity of the storage.

The operational costs of H, storage depend on the storage technology and can come in different forms.
For gaseous H. storage, the main operational cost is the cost of compressing the H. produced by the
process electrolyzers to the storage pressure. Other kinds of storages may have an external heat
demand. A consequence of the operational costs of all H, storages is that a certain minimum
electricity price difference between filling and emptying the storage is needed, i.e., when storage
operational costs are higher, the storage cannot be operated with a positive contribution margin as
often and its utilization, thus, is lower, ceteris paribus [266].

As the H, demand of an industrial-scale H-DR-EAF plant is high, large storage capacities will be
necessary for the storage to have a significant effect on the steel production costs. The appropriate H.,
storage volume will primarily be determined by the dynamics of the electricity market in which the
H-DR-EAF plant operates. In HYBRIT RP1, analysis by Vattenfall AB has indicated that storage
volumes equivalent to 7—14 days of H-DR plant H., consumption are optimal for projected north
European conditions in 2035—2055 [267]. For the production of 2 Mt liquid steel/y, 7—14 days of H.
consumption is then equivalent to storage capacities of 2 200—4 400 t Ha.
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5.3 COMPARISON WITH LARGE-SCALE STORAGE OF NATURAL GAS

Although helium, propane, ethylene, propylene, and compressed air are all stored in relatively major
amounts, NG is by far the most widely stored gas today [15, 268]. Therefore, it is sensible to consider
how this gas is stored and handled when discussing the prospects of large-scale H, storage.

However, although there certainly exist similarities between the large-scale storage of NG and Ho, the
comparison does falter somewhat in that the purposes of storing large amounts of NG or H. produced
via electrolysis will be different. For NG, storage is needed to match a varying demand, most often
across seasons4, with a relatively steady supply [269, 270]. NG storages also operate in conjunction
with other parts of the NG infrastructure in which significant amounts of gas can also be stored via
pipeline pressure regulation (so-called ‘linepack’) and in liquid NG (LNG) terminals to ensure
sufficient supply security and flexibility [271]. For the storage of H. produced via electrolysis in the
context of a fossil-free H-DR-EAF plant, an essentially standalone storage is needed to match a
varying supply of fossil-free electricity with a relatively constant downstream H. demand, at least
before a wider H. infrastructure is established. These different dynamics and purposes of storing NG
and H, will lead to different operational demands and optimal storage solutions. Therefore,
operational experience with NG storage cannot be translated directly to H. storage [272]. The
consequences of the physical and chemical differences between NG and H. on optimal storage
solutions should also not be underestimated [273, 274]. The generally higher economic value of H,
compared to NG also means that partial gas losses or contamination are of more concern for its
storage.

The need for large-scale storage of NG to ensure reliable supply was realized at an early stage. Due to
the vast volumes required, the aboveground storage of larger amounts of NG is not economical.
Therefore, underground storage utilizing various geological formations is utilized to minimize
material costs and land use. The first commercial geological storage of NG was initiated already in
1915 in Ontario, Canada in a depleted NG field [268]. However, widespread use of geological NG
storage emerged only after the second world war, up until 1950 nearly exclusively in depleted NG
fields, then, although to a smaller extent, in aquifers and finally in solution-mined salt caverns [268,
270]. By and large, these remain the three options for large-scale storage of NG today and the choice
of storage type is nearly always determined by the local geology [16, 275, 276].

The total NG storage working gas capacity in the EU and the UK is currently approximately 1 200
TWh [271]. During the winter, this storage capacity contributes on average to roughly 20% of the NG
demand [271]. In the EU and UK, depleted NG field storage is by far the most common at 67.8% of
the total working gas capacity, followed by salt caverns at 17.6% and aquifers at 14.6% [271]. In the
US, depleted NG fields also make up most of the overall working NG storage capacity (total working
capacity is 1 400 TWh) at 82%, followed by salt caverns at 10% and aquifers at 8% [277].

Salt cavern gas storage is fundamentally different from storage in depleted NG fields or aquifers in
that the gas is not stored in the void space of a permeable matrix material. Instead, the gas is stored
in a large cavity in a salt formation [278, 279]. The construction of such cavities is achieved via so-
called solution mining: H.O is pumped into an underground salt formation via a borehole, dissolving
part of the salt to form brine. This process is continued until the desired salt cavity volume is reached.
At this point, most of the brine in the storage is removed via gas pressurization. It is not viable to
completely remove all brine and, thus, a small amount of brine sump remains in the bottom of the
cavern throughout its operation. Therefore, gas withdrawn from salt caverns is saturated with H.O
and salt and must be generally be cleaned and dried before use [16, 21, 280-282]. Although solution

4 Natural gas demand is typically higher in winter due to varying outside temperatures and, thus, heating demands.
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mining is a simple procedure that can be performed entirely from aboveground, it is still considerably
more complex than the construction of a depleted NG field or aquifer storage, which results in smaller
gas storage capacities and higher investment costs [276]. It is also time-consuming: cavern
construction can take up to five years [16]. The transportation and disposal of brine may also add
significant costs [21, 271, 283].

The main advantages of salt cavern storage over depleted NG fields and aquifers are the higher
achievable injection and withdrawal rates and the lower need for cushion gas [270]. Salt cavern
storages can also reach higher annual turnover frequenciess of up to 10—12, while depleted NG field
and aquifer storages are perhaps only cycled once or twice per year [21, 270, 278, 283]. A typical
maximum storage pressure change rate of 10 bar per day is applied in salt cavern NG storages to
maintain the structural stability of the cavern and prevent excessive wellhead erosion [280, 281, 284-
286]. One factor limiting the maximum allowable salt cavern withdrawal rate exclusive to NG storage
is the formation of CH, hydrates at low temperatures, which may cause clogging of wellhead
equipment [281, 287]. Higher injection and withdrawal rates may be allowable when other gases than
NG are stored. For instance, in the compressed air salt cavern storage in Huntorf, Germany, the
maximum pressure reduction rate is reported to be 15 bar per hour [288].

The geological requirements for constructing depleted NG field, aquifer, or salt cavern storages
cannot be met in all locations where large-scale NG storage is of interest. This has prompted the
development of alternative storage technologies. The most prominent example of this is the lined rock
cavern (LRC) concept, first developed in Sweden starting in the early 1980s to be a viable NG storage
alternative for the prevailing regional geological conditions, i.e., predominantly crystalline bedrock
[18, 289]. Unlined rock caverns, constructed via conventional drill-and-blast rock mining techniques,
have been used for underground storage of fluids with low vapor pressures, most prominently crude
oil, but also gasoline and liquefied petroleum gas for several decades [16, 18]. For more volatile fluids,
e.g., NG, containment of the fluid inside the unlined rock cavern becomes problematic [17]. The
innovation of the LRC concept is the introduction of a cavern liner, made from steel or plastic, that
prevents gas permeation [275]. The liner is attached to the surrounding rock mass via an intermediate
concrete layer, whose purpose is to transfer forces from the liner to the surrounding rock mass and to
simplify the installation of the liner [18]. There currently exists only a single operational LRC, located
in Skallen, Sweden [289]. This storage, which went into commercial operation in 2004, has a
relatively small working gas capacity of 9.5 kt NG [16, 18]. The achievable operational profile of LRCs
is claimed to be similar to that of salt caverns, i.e., annual turnover frequencies of 10—12. However,
the Skallen storage has so far been operated far less intensively (1—2 annual turnovers) for various
reasons [289]. The maximum withdrawal and injection rates as well as the number of storage cycles
per year are mainly limited by the mechanical properties or the surrounding rock mass [16].

5 This is defined as the total integrated injection and withdrawal flows during a full year; storages are generally not completely
filled after each injection or emptied after each withdrawal (in terms of working gas).
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5.4 GEOLOGICAL STORAGE OF HYDROGEN

For similar reasons as for NG, large amounts of H. are preferably stored in geological formations,
although such storages are very uncommon today. Out of the main geological NG storage options
discussed in the previous section, only salt caverns have been utilized for the storage of H. at a total
of four sites, seen in Table 5 [19, 2771]. The Teesside caverns are unusual in their shallow depth and
their constant pressure operation—the pressure inside the salt caverns is kept constant via displacing
withdrawn gas with brine, which is stored in surface pools [270].

Table 5: Currently operating salt cavern hydrogen storages [19, 270, 284].

Location Teesside, UK Clemens Dome, Moss Bluff, | Spindletop,

(3 caverns) Texas, USA Texas, USA | Texas, USA
Operator Sabic Conoco Phillips Praxair Air Liquide
Start of operation 1972 1983 2007 2014
Storage volume [ms3] 70 000-3 = 580 000 566 000 906 000

210 000

Mean depth [m] 365 1000 1200 1340
Pressure [bar] 45 70-135 55—152 68—202
Stored H- [t] 810 2 400 3 690 8 230

Salt caverns turn out to be a better fit for large-scale H, storage than other geological options for
several reasons: they are essentially gas-tight, the salt is inert towards H, the cushion gas demand is
relatively low, and high storage pressures are achievable [16, 273, 290-292]. The ability to operate
salt cavern storages more dynamically than depleted NG fields or aquifer storages is also an important
advantage. For these reasons, there exists a growing consensus that salt cavern storage will be the
most economical way to store large amounts of H, [271, 279, 290, 293-295]. The technical potential
for the construction of salt caverns in Europe is also vast although it is far from evenly distributed
across the continent [16, 290].

However, there is still uncertainty as to what maximum injection and withdrawal rates and the
maximum cycling frequency can be achieved in H. salt caverns [272]. Another uncertain aspect is how
and to what extent H. stored in salt caverns will interact with microorganisms present in the brine
sump at the bottom of the cavern [291, 295]. Such interactions could potentially lead to H. loss,
contamination, and various operational problems, e.g., equipment corrosion or clogging [15, 296,
2971

Given the similar operational characteristics as salt cavern storages, LRCs could be attractive for H.
storage. Nevertheless, the use of LRCs for H. storage is yet entirely unproven, although the general
principles of storing H, instead of NG in such facilities should not differ considerably [16]. The most
notable difference between an LRC storing NG and one storing H. should be the choice of liner and
aboveground equipment material [271]. Long-term exposure to H., especially at elevated pressures,
tends to degrade common steel types in a process known as H, embrittlement [298, 299]. Therefore,
costlier liner materials, e.g., austenitic steels, may be needed in a H, LRC [299-301]. A Skallen-sized
LRC could theoretically store 640 t of H. [16]. A much smaller 100 m3 pilot H. LRC is currently under
construction in Luled, Sweden, as part of the HYBRIT initiative [271, 302]. Insights gained from this
pilot LRC, e.g., regarding material choices and achievable operational dynamics, will be very
important for the further development of H. LRCs.

Geological H, storage options other than salt caverns and LRCs appear far less appealing. H. storage
in aquifers or depleted NG fields faces several challenges: the low allowable injection and withdrawal
rates, the large demand for cushion gas, and the risks of H. losses and contamination during storage
[16, 283]. That said, these kinds of H, storages may still find use considering the large achievable
storage capacities and the potential for low specific cost storage, particularly if a widespread H.
infrastructure emerges [273, 283]. In such a scenario, it is feasible that depleted NG field and aquifer
H. storages could fulfill similar roles as they do in the current NG infrastructure: primarily seasonal
storage with only a few injection and withdrawal cycles per year [271].
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Some performance characteristics of geological H. storage options are seen in Table 6. It should be
noted that the investment costs estimates are rather uncertain at present due to the limited experience
with geological H, storage [16, 284, 297]. A prospective reason for the large spread in salt cavern
investment costs is the wide range of storage volumes considered; the upper end of the range of
investment costs is for a storage capacity of only 500 t H. [21]. In addition, it must be emphasized
that investment costs of any geological storage also depend on local conditions, e.g., pre-existing
knowledge of geology, labor costs, and brine disposal costs (for salt caverns) [16].

Table 6: Selected performance data for geological hydrogen storages [16, 18, 21, 271, 280, 297, 303, 304]. Costs of cushion
gas, compressors, and other auxiliary equipment, e.g., for gas purification and drying post-storage, are excluded.

Salt caverns | Lined rock cavern | Depleted natural gas fields | Aquifers

Storage maximum pressure (bar) 270-180 230 280 315
Working gas capacity (t Hz) 8 000—500" 1920-640 >300 000 >6 000
Cushion gas requirement (% of total H.) 54-30 18—4 40 80-50
Maximum injection rate (% of working 6— 8- ) _
gas capacity per day) 5 5 473
Maximum withdrawal rate (% of workin

gas capacity per day) s 6-5 15710 371 371
Specific investment cost (€/kg H-) 23'-7 56—42 1 1

“Investment costs are generally lower for larger storages.

The salt cavern and LRC volumes in Table 6 are for single caverns; if larger storage volumes are
needed and the geology allows it, it is possible to construct multiple caverns in the same geological
formation [16, 18, 21]. However, the need for multiple caverns means that the economy of scale
diminishes beyond a certain storage volume [16, 21]. For instance, in the HyUnder project (project
partners included Shell, ludwig bolkow systemtechnik and E.ON), the specific investment cost per
unit of working gas of LRCs was found to vary little between storage capacities of 640 t H. and 4 300
t H. due to the need for four separate caverns in the latter case [16].

5.4.1 Geological hydrogen storage for hydrogen direct reduction steelmaking

The first large-scale H-DR-EAF plants will likely have to operate without access to a widespread H.
infrastructure of interconnected pipelines and storages. A consequence is that the onsite H, storage
facility must be able to meet all electricity price fluctuations on a daily or potentially even hourly basis.
Geological NG storages, and the few existing geological H, storages, have historically generally not
been operated in this way. Depending on the electricity market in which the H-DR-EAF plant
operates, managing these fluctuations via geological H, storage may prove challenging considering
the typical allowable withdrawal and injection rates and annual turnover frequencies.

Nevertheless, the application of any kind of geological storage is naturally restricted by the
surrounding geology [21, 305]. This may complicate the conversion of existing BF-BOF steelmaking
facilities to the H-DR-EAF process as these were most certainly not located with such geological
conditions in mind. At the same time, continued use of existing industrial steelmaking sites for H-
DR-EAF steelmaking may be beneficial for several reasons. Some existing equipment and
infrastructure, such as downstream steel processing equipment, e.g., for steel refining, casting, and
rolling, certain auxiliary equipment, and at least parts of utility systems can continue to be used post-
conversion, reducing conversion investment costs [245]. In addition, environmental permitting is
likely more straightforward, and the existing skilled steelmaking workforce can be utilized [36, 89,
120, 245]. Furthermore, in certain places, e.g., continental Europe, the high population and building
density may make finding a suitable new site, especially with suitable geological conditions for the
construction of salt cavern or, potentially LRC, H. storages difficult [120]. This may lead to a demand
for alternative H. storage technologies that are geologically independent, i.e., that can be placed
anywhere, including close to existing steelmaking sites [306].
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5.5 ALTERNATIVE HYDROGEN STORAGE TECHNOLOGIES

As with NG, larger amounts of H, will most likely be stored in geological formations for cost reasons
[16, 271]. However, as discussed in the previous section, geological access to geological formations
suitable for the construction of these kinds of storages is not ubiquitous, and this may come to be
especially important for the conversion of existing BF-BOF sites to H-DR-EAF. Therefore, it is useful
to identify geologically independent, economically viable large-scale H. storage options.

There are many ways in which large amounts of H. can potentially be stored without requiring special
geological conditions. Due to the diversity of H, storage technologies, it is sensible to attempt to
organize these into categories. The categorization that I have apply here, seen in Figure 10, is based
on the strength of the interaction between the stored H. and the storage [307].

Hydrogen Storage Technologies

Physical Storage Adsorption Chemical Storage
I_—I——I [ 1 1
Hx(9) Ha(1) Metal Hydrides Chemical Hydrides
—t—

Elemental |Intermetallic| Complex
Hydrides Hydrides Hydrides

Figure 10: Categorization scheme for hydrogen storage technologies.

In physical H. storage, there is no significant physical or chemical interaction between the storage
and the stored H,, and the H. storage density is, thus, solely determined by the storage temperature
and pressure. In adsorption-based storage, Van der Waals forces between an adsorbent and the stored
H. are exploited to increase the H. density. In chemical storage, the H. undergoes a reversible
chemical reaction and is then stored in atomic form as part of another molecule, known as a hydride.

5.5.1 Aboveground or near-surface storage of gaseous hydrogen

The use of aboveground tanks is in all likelihood not financially viable for the storage of the kinds of
volumes of H. needed to significantly shift the electricity demand of an industrial-scale H-DR-EAF
plant. Low storage pressures lead to tremendous storage volumes, while higher storage pressures lead
to excessive single tank costs. Either way, the investment costs of aboveground H. storage tanks are
high and are not expected to decrease to below 400-500 €/kg H. [170, 308, 309]. Even with
optimistic cost developments, this is approximately ten times costlier than any geological H. storage
option.

An alternative is to store H. in a series of shallowly buried pipelines. These kinds of pipe storage
facilities are relatively common for NG storage in Germany, Austria, and Switzerland, where they are
primarily used for demand peak shaving [16]. The construction of pipe storage facilities involves the
excavation of soil to make room for the pipeline strings, and then the construction of the actual storage
via welding of pipe segments [21]. The pipes are then buried, generally not more than a few meters
below ground level [16]. To prevent corrosion, the exterior of the pipes is coated with, e.g.,
polyethylene [21]. Existing NG pipe storage facilities are rather small, equivalent H, storage capacities
for identical maximum and minimum operating pressures are <45 t, although there are no technical
limitations to the construction of larger storages [16].
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Pipe storage has some advantages compared to the use of aboveground storage tanks. Firstly, the use
of only a few pipes instead of many tanks reduces the material cost of the storage. Secondly, as they
are buried underground, the land area above the storage can be used for other purposes, e.g.,
agriculture [310]. Nevertheless, investment costs, dominated by the pipe material costs, will still be
much higher than for geological H. storage (300—450 €/kg H.) [16, 21].

5.5.2 Liquid hydrogen

A major limitation of the geologically independent large-scale storage of gaseous H. is its low density,
which leads to high storage container material costs. Therefore, it appears sensible to consider the
liquefaction of H.. Unfortunately, H. is a particularly difficult gas to both liquefy and store as a liquid.

The boiling point of H, is extremely low at around -253 °C (20 K) and, furthermore, H. does not cool
upon isenthalpic expansion (also known as throttling) for temperatures above around -70 °C, which
further complicates the liquefaction process [311]. Consequently, achieving large-scale H.
liquefaction at lower electricity demands than 6 MWhe/t H. (or 18% of H, LHV) is unlikely, even with
process development (current plants require around 10—12 MWhei/t H,) [312, 313]. H. liquefaction
plants are also associated with significant investment costs [314, 315]. The recent IDEALHY project
(partners included Shell, Linde, SINTEF, and Kawasaki Heavy Industries) investigated opportunities
for H, liquefaction cost reductions and reached investment costs of approximately 105 M€ for a next-
generation 50 t H./d liquefaction plant [313]. Recently commissioned liquefaction plants in the USA
have had significantly higher investment costs [316]. The viability of the dynamic operation of H.
liquefaction plants, necessary in a H, storage application for an H-DR-EAF plant, is also currently
unknown.

Storing liquid H. is challenging due to the combination of its low boiling temperature and low
evaporation enthalpy [317, 318]. Consequently, liquid H, storage tanks are preferably vacuum-
insulated, spherical, and large. The investment costs of these are around 25 €/kg H,, which is
significantly lower than for aboveground containers for compressed H. storage, but close to or higher
than capacity costs of geological H. storage [308, 315, 319, 320]. Consequently, both overall liquid H.
storage system investment and operational costs will be significantly higher than those of geological
storages.

5.5.3 Adsorption-based hydrogen storage

Adsorption-based H. storages exploit physical Van der Waals bonding between H, and adsorbents
with a large specific surface area to increase the H, storage density in a tank. The basic principle is
that the additional volume and mass of the adsorbent is outweighed by the increase in H. density near
the surface of the adsorbent [321]. Consequently, the H, storage density is primarily determined by
the choice of adsorbent and the operating temperature and pressure [322]. Ideally, the increase in H.
storage density caused by the adsorbent leads to a reduced storage pressure, which in turn leads to
lower operational (compression) and investment (tank material) costs compared to gaseous H.
storage [323].

A challenge is that H., tends to adsorb weakly and low temperatures and elevated pressures (typically
limited to below 100 bar so that low-cost all-metal tanks can be utilized [324]) are, thus, necessary to
reach high storage densities [324-327]. Adsorption-based H. storages are generally suggested to be
operated at the boiling point of N. (-196 °C) as this is a relatively low-cost refrigerant capable of
reaching low temperatures [325]. The operational costs of providing the necessary liquid N.
refrigerant could well be in the vicinity of 6 kWhe/kg stored Ho, i.e., close to the projected electricity
demand of next-generation H, liquefaction plants [307, 312, 328-333]. The highest achieved H.
storage density using adsorbents at -196 °C and 100 bar is around 40—45 kg/ms3; the density of
gaseous H. at identical conditions is 31 kg/ms3[321].
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Beyond these potentially significant operational costs, investment costs of adsorption-based H.
storage will also not be lower than for geological options. Storage vessels must be insulated to prevent
desorption of H, during storage and also incorporate a liquid N. heat exchanger system [334].
Investment into a large-scale ASU for liquid N» production would also be needed. Finally, the cost of
the adsorbent itself should not be underestimated. Activated carbons, considered one of the lowest-
cost adsorbents, are priced at 2—4 €/kg and can achieve gravimetric H, storage densities of 5-6% by
weight [335, 336]. The resulting adsorbent cost per kg of H, stored is, thus, 30—80 €/kg H,. Total
storage investment costs including all necessary auxiliary equipment, e.g., tanks, refrigeration system,
and compressors, will be substantially higher. More advanced adsorbents, e.g., metal-organic
frameworks, could reach somewhat higher storage densities but are also costlier than activated
carbons [337-339]. In summary, the economic prospects of large-scale H, storage using adsorbents
appear dubious as both operational and investment costs will most likely be high [324].

5.5.4 Solid hydrides

The idea of storing H. in solid hydrides has been around since at least the 1950s, with the principal
advantage that high volumetric density H. storage can occur at atmospheric pressure and ambient
temperature [340-342]. This is made possible by the strong chemical bonds formed between stored
H. and the hydride. The downside to this strong chemical bonding is that H. release generally requires
a significant amount of heat [343]. The solid hydrides can be divided into three broad categories:
elemental hydrides, intermetallic hydrides, and complex hydrides.

Most of the elemental hydrides bind H. either too forcefully or loosely for reversible H, storage in
them to be sensible. Magnesium hydride (MgH.) is arguably considered the leading candidate due to
its both relatively low cost (2—5 €/kg) and high gravimetric H. storage density (around 6% H. by
weight is achievable in practice) [344-348]. The most significant downsides to MgH. are its high
enthalpy of dehydrogenation and the slow kinetics of both its formation from Mg and its
dehydrogenation [349, 350]. Although the kinetics issues can be at least partially managed via the use
of catalysts and additives, the thermodynamic hurdle remains. The use of additives and catalysts also
increases the investment cost of H. storage in MgH,—finished material costs above 20 €/kg are
possible, resulting in specific H, storage costs of over 300 €/kg H. [351]. Total storage costs,
including, e.g., storage tanks and heat exchangers, will be substantially higher.

The discovery of multiple families of so-called intermetallic hydrides during the 1970s at Phillips in
the Netherlands and Brookhaven National Laboratory in the USA widened the scope of metal
hydrides potentially viable for H, storage significantly [352-354]. However, the gravimetric H,
storage density of the intermetallic hydrides is always rather low (<3% by weight) and many metals
in intermetallic hydrides also have relatively high market prices. Taken together, just the specific raw
material cost of H, storage in intermetallic hydrides will most likely exceed 300 €/kg H. [354-356].

The complex hydrides are characterized by the covalent bonding of H, to a complex anion [357]. The
anions most commonly applied for H, storage materials are alanates ([AlH,]), amides ([NH.]-), and
borohydrides ([BH4]) [358, 359]. A commonly touted advantage of these hydrides is their high H,
storage density, up to 18.5% by weight for LiBH,. [360, 361]. Nevertheless, actual complex hydride
pilot H, storages have been very rare [355, 360, 362]. The manufacturing costs of these materials are
also currently high; the minimum cost of Ti-doped NaAlH,, considered one of the more promising
complex hydrides, has been estimated at around 10 €/kg, which yields a specific H. storage cost of
250 €/kg at a reversible H. capacity of 4% by weight [339, 355].

In summary, large-scale H, storage in the form of solid hydrides is most likely not economically
competitive due to the high material costs. This fact has been pointed out previously by several
authors [340, 363-365]. Additional barriers include material degradation, the heat demand of
dehydrogenation, and the design of large-scale storage vessels that allow for efficient heat transfer to
and from the solid material.
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5.5.5 Liquid hydrogen carriers

A major barrier towards the large-scale storage of H. via adsorption or in the form of solid hydrides
is the cost of the necessary materials. It is clear that for large-scale chemical H. storage to be
economically viable, the material with which the H. interacts must be very inexpensive. This can be
achieved by certain liquid hydrides (henceforth referred to as liquid H. carriers). The hydrogenated
form of these carriers is always stored as a liquid, which reduces the investment cost of storage tanks,
although it may require refrigeration or pressurization for certain carriers. Both the synthesis of the
carriers and their dehydrogenation are similar to various conventional thermochemical processes.
This allows for a lot of already existing know-how and equipment to be utilized in the design of liquid
carrier H. storage systems. The idea of storing hydrogen (H.) in a more manageable liquid form via
reversible chemical reactions is far from a novel idea, having first been suggested in the 1970s [366-
368].

The dehydrogenated form of liquid H. carriers can be either a gas or a liquid. Carriers that are stored
in liquid form in their dehydrogenated state are usually referred to as liquid organic hydrogen carriers
(LOHCs) [369, 370]. Although many liquid H. carriers have been suggested for H. storage in the
scientific literature, most are not suitable for integration with H-DR-EAF plants for various reasons,
most prominently due to a low technological readiness or a low thermodynamic efficiency of H.
storage [266, 369, 371-373]. Therefore, two carriers that are gaseous in their dehydrogenated state,
ammonia (NH;) and methanol (CH;0H), and two LOHCs (toluene and dibenzyltoluene) are
considered in this thesis as these are the most technologically mature options [307]. The
dehydrogenated forms of NH; and CH;0H are N, and CO,, respectively.

Both the hydrogenation and dehydrogenation processes would have to be operated dynamically
without sacrificing too much in terms of process efficiency, catalyst or equipment degradation,
maintenance costs, and process safety for liquid carrier-based H. storage to be sensible [374, 375].
The incentive for exploring such dynamic operation of thermochemical processes has historically
been limited as these have generally operated on steady feeds of, e.g., NG or coal [376-378]. However,
this is currently changing as the chemical and petrochemical sectors are increasingly decarbonized,
most prominently via various so-called ‘power-to-x’ technologies, to meet CO. emissions reduction
targets and must adapt to the associated process flexibility challenges [379-381]. These developments
in dynamic thermochemical process design can be leveraged in the design of liquid carrier-based H.
storage systems.

5.5.5.1 Ammonia
Ammonia (NH,) is one of the world’s most widely produced chemicals, with around 70% used for
fertilizer production [189, 382]. Although NHj is gaseous at normal conditions, its liquefaction is
easily achieved (the normal boiling point of NHj is -33.3 °C), and it is commonly stored in liquid form
[383-385]. The volumetric H. storage density of liquid NHj is significantly higher than that of liquid
H. (121 kg Ho/m3 NH;(1) vs. 71 kg Ho/m3 H,(1)) [386]. Today, nearly all NH; is produced from N, and
H. via the well-known Haber-Bosch process:
kJ

3 Hy(g) + N,(g9) = 2 NH;(g) (A% = —91.8 ﬁ) (R25)
The source of H. is most often NG reforming (approximately 70%) or coal gasification (30%) in
modern NH; plants [382]. The source of N, is always air. In natural gas-based NH; production
processes, N is introduced via the partial oxidation of NG with air in a secondary reformer, which
simultaneously consumes the O, in the air [387-389]. A simplified Haber-Bosch process flow scheme
is shown in Figure 11.
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Figure 11: Haber-Bosch process for ammonia production.

The input stream of H. and N to a conventional Haber-Bosch process must contain an exceptionally
small concentration of impurities to prevent catalyst poisoning [387, 390]. Fe-based NH; synthesis
catalysts, originally developed by Alvin Mittasch and coworkers at BASF at the start of the 20t
century, are used in most modern plants [390, 391].

A high Haber-Bosch reactor temperature (350—-600 °C) is necessary for kinetic reasons [387, 389,
390]. The amount of heat generated by the reactor is 0.8—0.9 kWh/kg NHj; approximately 0.2—0.4
kWh/kg NH; may also be recovered from the intercooling of process compressors [392-395]. In
modern Haber-Bosch plants, this heat is utilized to produce steam to power process compressors; a
part can generally also be exported, e.g., for electricity generation or heat integration with other
processes [284, 387, 394].

Typical reactor pressures in the Haber-Bosch process are 150—450 bar [387, 389]. However, complete
conversion is still not achieved in a single reactor pass. The produced NH; is separated out via
condensation and unconverted gases are recompressed and recycled. As the partial pressure of NH;
at the reactor outlet is generally relatively low, refrigeration is typically needed to reach sufficiently
low temperatures to allow for NH; condensation (cooling water may be sufficient for high-pressure
plants) [394]. A part of the recycled gas is purged to prevent the accumulation of inerts, e.g., CH, and
argon, in the process.

As the conventional Haber-Bosch process operates on essentially pure N. and H., converting it to
operate on H, from electrolysis is not a significant challenge from a technical standpoint and there
are several operational electrolysis-based Haber-Bosch pilot plants, e.g., in Minnesota, USA, and
Oxfordshire, UK [396, 397]. In such plants, N, must be introduced in another way than in the
conventional Haber-Bosch process. At large scales, cryogenic air separation via ASU is the most
economical process option [333, 386, 398-406]. If H., is produced via electrolysis and N. is supplied
via an ASU, only a very small, if any, purge stream is expected to be necessary, especially as small
amounts of inerts are soluble in the NH; product [394, 395, 406]. The overall electricity demand of a
Haber-Bosch process with H, production via electrolysis and N, production via an ASU has been
estimated to be 0.6—1.8 kWh/kg NH;, equivalent to 3—10 kWh/kg H. stored [320, 332, 386, 395, 401,
406-408].

For NH; to be useful as a liquid H. carrier it must be possible to operate the synthesis process
dynamically. Conventional NH; plants typically operate at a minimum load of 50-60% with only rare
shutdowns for maintenance and start-up takes multiple days [409, 410]. However, significant
developments have occurred in recent years and several equipment suppliers also now claim to
provide Haber-Bosch plants capable minimum loads as low as 10% of the nominal capacity [199, 397,
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410-416]. The foremost challenge associated with varying the NH; production rate in the Haber-
Bosch process is maintaining a reactor temperature profile that prevents irreversible catalyst damage
[412, 417]. If the Haber-Bosch is to be operated dynamically, the ASU should preferably be able to
follow any load changes. Like the Haber-Bosch process, there has existed little demand for the
dynamic operation of ASUs historically; conventional ASUs typically have a minimum load of 60%
[386, 388, 389]. However, it does appear that more flexible ASU operation is feasible with the
development of new process control strategies [418-421].

NH; dehydrogenation (also called “cracking”) is a far less explored process than NH; production [422-
424]. Currently operating plants are small (<100 kg H./h) and are mainly used for galvanizing and
annealing metals [417, 425]. The only exception found in the literature is the Arroyito heavy water
production plant in Argentina, where a 3 000 t NH;/d cracker is used; the plant equipment, similar
to that used in a SMR plant, was supplied by Haldor Topsge A/S [284]. A theoretic minimum of 4.2
kWh/kg of heat is required for the dehydrogenation of NH; (13% of the LHV of H,). This assumes that
the heat for NH; evaporation is freely available, which is a reasonable assumption if the NH; cracker
operates at close to atmospheric pressure. However, higher cracker pressures are often suggested as
this benefits the downstream gas separation process [284, 306, 424].

Several authors have simulated the prospective performance of NH; cracking plants in recent years
[284, 306, 424, 426, 427]. These simulated plants utilize an SMR-type fired furnace tube bundle
reactor and either a pressure swing adsorption (PSA) or a cryogenic process for gas separation. A 200
t H./d NH; dehydrogenation plant was simulated in the recent ‘Ammonia to Green Hydrogen’ study
(led by Engie and Siemens among others) [423]. The estimated total plant heat demand was 14.3
kWh/kg H. (43% of LHV of H,). In contrast, the recent ‘H21 North of England’ study led by Equinor
found that only around 20% of released H. must be combusted to provide heat for the
dehydrogenation process [284]. The viability of the dynamic operation of these SMR-like NH,4
dehydrogenation plants is presently uncertain (conventional SMR plants are not operated
dynamically) [428].

A potentially promising pathway towards an NH; dehydrogenation process suitable for large-scale H.
storage is reactor electrification, as was recently suggested for H, production via SMR [429, 430].
Haldor Topsege A/S has patented an NH; dehydrogenation process based on an electrified reactor; it
is claimed that the electricity demand of such an NH; dehydrogenation process can be 6—8 kWh/kg
H. released, but no detailed description of an electrified NH; cracker exists in the open literature
[415]. The advantages of reactor electrification could include a higher heat transfer efficiency,
improved catalyst utilization, and a more rapid start-up of the process [429, 431].

5.5.5.2 Liquid organic hydrogen carriers

The LOHCs are distinct among the liquid H. carriers due to their liquid dehydrogenated form. This
provides some noteworthy advantages: 1) the post-dehydrogenation separation of carrier and H. is
easily achieved; 2) the dehydrogenated carrier can be directly recycled to store additional H.; 3) H. is
the only gas that must be compressed to the hydrogenation reactor pressure [432, 433]. Downsides
to LOHCs include their relatively high cost, the need for at least two storage tanks, and the generally
large heat demand of their dehydrogenation.

The storage of H, in LOHCs is based on the reversible saturation of carbon-carbon double bonds.
Although the storage mechanism is simple, finding an LOHC that exhibits optimal properties for H.
storage is not trivial. An ideal LOHC is cheap, has a high H. storage density, a low enthalpy of
dehydrogenation, a high boiling point, a low freezing point to enable liquid-phase storage at all
encountered storage temperatures, and low toxicity [373, 434].
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The two most commonly suggested LOHCs, toluene (C;Hs) and dibenzyltoluene (C»Hso), are both
aromatic in their dehydrogenated state, as seen in Figure 12 [435]. N-ethylcarbazole has previously
also been considered a promising LOHC candidate but its high price, along with its melting point at
68 °C, renders it unviable for large-scale H. storage [432, 436]. Both toluene and dibenzyltoluene-
based LOHC systems are currently being commercialized, toluene most notably by Chiyoda
Corporation in Japan and dibenzyltoluene most notably by Hydrogenious GmbH in Germany [432,
4371

O OPT

Figure 12: Molecular structures the toluene (left) and dibenzyltoluene (right).

These LOHCs can both theoretically store around 6% H. by weight via their hydrogenation;
dibenzyltoluene has a higher H. storage capacity by volume (57 kg H./m3 vs. 48 kg H./m3 for toluene)
[438]. However, full LOHC dehydrogenation is not practical due to reactor kinetics and material
degradation, which reduces the usable H. storage capacity of LOHCs and increases investment and
operational costs [439].

Toluene is already produced in very large capacities today at bulk prices of 0.5—0.7 €/kg [306, 432,
440, 441]. Dibenzyltoluene is inherently more expensive (currently 4—5 €/kg, 2 €/kg is considered
achievable upon production scale-up) as it is produced starting from toluene [315, 320, 441, 442]. It
is typically assumed that 0.1% of the LOHC must be replaced per storage cycle but as no large-scale
LOHC H. storage system yet exist, what values to expect in practice must be considered uncertain
[320, 435].

LOHC dehydrogenation typically takes place at pressures of 1—5 bar and temperatures of 270-320
°C, often over a platinum (Pt) on alumina (Al.O5) catalyst, but catalysts based on ruthenium (Ru) and
rhenium (Rh) have also been suggested [373, 437, 443-445]. One of the main challenges of large-scale
H. storage in LOHCs is the large heat demands of the dehydrogenation processes. This heat demand
is mainly determined by the enthalpy of the dehydrogenation reactions, which are 9.7 and 9.0 kWh/kg
H. for methylcyclohexane and perhydro-dibenzyltoluene, respectively [446]. If this heat is provided
by the combustion of part of the released H., at least 25—30% of stored H. would be lost.

One significant difference between perhydro-dibenzyltoluene and methylcyclohexane relevant for Hs
storage is the much lower vapor pressure of the former. This affects the dehydrogenation process
design. The dehydrogenation of methylcyclohexane is, in contrast to that of perhydro-
dibenzyltoluene, typically assumed to occur entirely in the gas phase and would, thus, also require
heat for evaporation methylcyclohexane. Refrigeration may also be required to achieve satisfactory
separation of toluene and H. after the dehydrogenation reactor [306, 446].

The hydrogenation of toluene or dibenzyltoluene is typically carried out at pressures of 10—80 bar
and temperatures of 150—300 °C [306, 432, 436]. Hydrogenation catalysts are often also based on
PGMs on an Al.O; support. For dibenzyltoluene, catalysts based on Ru and Pt are more active below
and above 200 °C, respectively [432]. Large amounts of high-temperature heat are generated during
the hydrogenation process, which necessitates cooled, e.g., steam raising, reactors [447].

5.5.5.3 Methanol

Methanol (CH;0H), the simplest alcohol, contains 12.5% H. by weight and has long been considered
a promising H, carrier [448, 449]. Its normal boiling point is 64.7 °C and it is typically stored in
conventional floating roof tanks at atmospheric pressure. The global production of CH;0H is
currently nearly 100 Mt per year [450, 451]. It is most often used for the production of formaldehyde
or acetic acid, but gasoline blending and other fuel uses are increasingly important applications [451,
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452]. CH30H is currently near-exclusively produced from NG or, mainly in China, coal [453]. Both
routes are associated with significant direct CO. emissions, 0.5—-1.0 t CO./t CH;0H for the process
based on NG and 2.8-3.5 t CO,/t CH3OH starting from coal [454, 455]. The first step of both these
production processes is the generation of a synthesis gas, which consists mainly of H, and CO with
small amounts of CO., via either NG reforming or coal gasification. This synthesis gas is then
compressed and sent to the CH;OH synthesis reactor loop [452, 455-457]. If CH30H is to be utilized
as a liquid H,, it must be possible to reversibly store H, produced via electrolysis in it. This can be
achieved via reaction (R26) [458]:

k
3 Hy(g) + C0,(g) = CH;0H(g) + H,0(g) (ARY = —49.2 m—il) (R26)

The reverse reaction of (R26) is called CH;0H steam reforming (MSR) [106]. Three moles of H, can
be released per mole of CH;0H via MSR and one-third of this H. originates from H.O. Cost-effective
H. storage in CH3;0H depends on access to a suitable CO. source; potential CO. sources in the context
of an H-DR-EAF plant are discussed in section 6.1.1. The main challenges of CH;0OH production
starting from H, and CO, rather than the conventional synthesis gas are the lower equilibrium
conversion and the increased formation of H.O, which increases the energy demand of the
downstream distillation process [459, 460]. The higher concentration of H.O in the reactor may also
reduce the catalyst activity due to the blocking of catalytic sites [459]. An advantage of the CO.-based
route is the less exothermic CH;OH-forming reaction, which simplifies reactor temperature control
and reduces byproduct formation significantly [197, 460-463].

The production of CH30H from CO. and H. is already applied commercially in a 4 000 t/y plant
operated by Carbon Recycling International (CRI) in Iceland [453]. Some early CH;OH plants in the
USA also operated on a feed of H. and CO, already during the 1920s and 1930s [453, 464, 465]. CRI
is also planning a 100 000 t/y plant in Finnfjord, Norway and Swedish Liquid Wind has announced
plans to build a 50 000 t/y plant in Ornskéldsvik, Sweden [451]. Multiple equipment suppliers
currently provide solutions for CO»-based CH;0H [451, 462, 466].

The basic layout of a CO,-based CH;OH production plant, seen in Figure 13, is identical to that of
conventional plants and reactor conditions are also similar (50—100 bar and around 250 °C). As in
the Haber-Bosch process, a purge stream is required to prevent to accumulation of inerts in the
reactor loop. The necessary purge gas rate is expected to be 0.1-1.0% of the top gas in a CO,-based
CH;OH production process, mainly depending on the purity of CO. fed to the process as this should
be the only major source of inerts if H. is produced via electrolysis[455, 467, 468].

Hydrogen
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Figure 13: Process for methanol production from hydrogen and carbon dioxide.
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The catalyst plays a critical role in CH;OH synthesis as a wide range of products may potentially be
produced from the same gas mixture at similar pressures and temperatures, most notably straight-
chain saturated hydrocarbons (the Fischer-Tropsch process) and CH, (the Sabatier process). The
catalyst applied in modern conventional CH;0H plants is always based on copper-zinc oxide-alumina
(Cu/Zn0O/Al;03) and these kinds of catalysts are both very active and selective for CH;OH synthesis
[452]. An identical catalyst can be utilized for CO.-based CH;0H production, although new catalyst
specially engineered for CO,-based production are also being developed [453, 455, 464].

The majority of the electricity demand of CH;0H production is due to gas compression [469, 470].
Typical values in the literature are 0.1—0.3 kWh/kg CH;OH for H. supply via pressurized electrolysis
at 20—30 bar, equivalent to 0.5-1.6 kWh/kg H. stored [320, 462, 467, 468, 470-473]. This does not
include the energy needed to provide CO, to the CH30H production process, which may be significant,
e.g., if CO. is separated out from a relatively dilute gas stream [106]. The basic overall mass and energy
balances of a CO.-based CH;0H production process are shown in Figure 14 [470].

0.46 kWh steam (175 °C)
+
0.03 kWh steam (125 °C)

0.22 kWh steam (125 °C)

¥

0.189 kg H, Methanol T
1373 kg €O, — e Distillation —=1.000 kg CH3;0H
A
0.1-0.3 KWh electricity 0.562 kg H,O

Figure 14: Mass and energy balances of carbon dioxide-based methanol production [462, 463].

The heat required for the distillation process can be completely covered by the heat generated by the
CH3;OH synthesis reaction and the overall process, thus, requires no external heating [456, 462].
However, if CH;0H is to be used as a liquid H, carrier, it is not strictly necessary to separate the
produced CH3;0H and H.O as these must be mixed before MSR anyway. Avoiding distillation would
reduce plant investment costs and free up low-pressure steam for other uses. However, the technical
viability of such a setup is yet uncertain and not separating CH;OH and H.O would decrease the
effective H. storage density [449, 462, 463]. Nevertheless, if distillation is used, H.O supply for MSR
is not a major issue in the context of an H-DR-EAF process as MSR then replaces H. production via
electrolysis, which requires three times as much H.O per unit H..

The dynamic operation of CH;OH production processes, necessary for its use as a H, storage medium,
appears feasible [455, 469, 474-478]. Minimum loads of around 10-20% of the nominal production
rate have been reported with maximum load change rates of from 20% per hour to 90% within a few
minutes [474, 475, 479]. That said, such dynamic operation is not common and the long-term effects
of such operation, e.g., on the CH;0H synthesis catalyst, requires further investigation.

H. production from CH;OH via MSR is a fully commercialized technology, but only for relatively
small-scale applications (up to around 300 kg H./h) [480-484]. However, there are no fundamental
upscaling limitations to MSR plants as only standard chemical equipment is used in the process [482].
A simplified process scheme of an MSR plant is seen in Figure 15.

45



Feed methanol
and water

Reactor
with heating

J1
e\ g Furnace

‘Oﬂ'—gas

Cooling

H:
PSA ydrogen

Figure 15: Methanol steam reforming process.

Liquid CH;0H and H.O are first pumped to the reactor pressure, which is typically 3—30 bar [306,
483, 485, 486]. The mixture is then heated up via heat exchange with the reactor outlet stream,
vaporized via heat exchange with a heat transfer oil, and sent to the catalyst-filled MSR reactor. The
reactor temperature is typically 200—300 °C, also maintained via the circulating heat transfer oil
[487]. Most commonly, a Cu-based catalyst very similar in composition to that utilized in the CH;O0H
production process is utilized [458]. The product mixture is then cooled (typically with cooling water)
and sent to a PSA unit for separation [481, 487]. The PSA separation process results in one stream of
near-pure H, (usually 99.9-99.999% by volume) and a tail gas that is combusted to provide heat for
the process. Typical PSA H, recovery is 70—95%, mainly depending on the target H, purity [488-490].
For instance, an recovery of 80% has been considered reasonable for the production of PEM fuel cell
grade H, via MSR [306]. Lower H. purities are necessary for an H-DR process, rendering higher H,
PSA recoveries attainable [161, 335].

The majority of the MSR heat demand is for the evaporation of CH;0H and H.O, not the MSR reaction
itself [483]. As the boiling temperature of the CH;0H and H,O mixture depends on the pressure, it
may be advantageous to conduct the evaporation at a lower pressure in certain cases to allow for heat
integration with other processes [306]. A lower reactor pressure is also favorable in terms of the
chemical equilibrium of the MSR reaction. The downside to the low-pressure evaporation strategy is
that the MSR reactor product mixture must then be compressed prior to the PSA separation process,
which requires more work compared to the pumping of liquid CH;OH and H.O [306]. As with NH;
dehydrogenation, an electrified MSR reactor is also feasible and Haldor Topsege A/S has recently
patented an MSR process based on such a reactor [428, 431, 491]. However, no electrified MSR plants
exist today and the achievable performance of such plants is, thus, yet uncertain.
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6 LIQUID HYDROGEN CARRIERS IN HYDROGEN DIRECT REDUCTION
STEELMAKING (PAPERS Il, IV=VI)

Among all options considered in the previous chapter, storage of H, in liquid carriers appears the
most sensible alternative to its geological storage. The primary reason for this is that it is in all
likelihood only these kinds of H, storages that have the potential to be competitive with geological
storages on both an investment and operational cost basis. Moreover, as similar large-scale chemical
processes already exist, the technological readiness of certain liquid carrier-based H, storage systems
may be considered high.

The storage of H, in liquid carriers involves thermochemical processes to both store and release the
H.. It is of interest in the current context to consider how the heat flows of these thermochemical
processes may be integrated with the H-DR-EAF steelmaking process as this could enable savings in
storage operational costs. In the case of H, storage in CH;OH, the integration of a suitable CO. supply
is also necessary. The major opportunities for process integration between the H-DR-EAF process
and liquid carrier H, storages are shown schematically in Figure 16 and is explored in this chapter. At
the end of the chapter, the investment costs of liquid carrier-based H. storages are also estimated and
compared with those of geological storages.
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Figure 16: Liquid hydrogen carrier hydrogen direct reduction process integration possibilities.

6.1 POSSIBILITIES FOR LIQUID HYDROGEN CARRIER INTEGRATION

6.1.1 Carbon dioxide sources

As mentioned previously, H. storage in CH;OH requires a suitable source of CO.. CO. sourcing is also
of interest for the integration of steam and CO. SOEL co-electrolysis in H-DR-EAF plants. As seen in
Figure 16, there are in principle three possible CO. supply options: internal recycling of CO, from the
MSR process, an input of external CO,, and the utilization of CO. generated in the H-DR-EAF plant.

47



6.1.1.1 Internal recycling of carbon dioxide

As the overall CH;0H-based H. storage cycle is theoretically CO.-neutral (per (R26)) it appears
sensible to simply recycle CO, released during MSR for the production of new CH;OH. In such a
scenario, CO. would essentially be treated as the dehydrogenated form of a LOHC-based H. storage
system. A theoretical advantage of CH;OH compared to the LOHCs is the relatively low cost of CO;
assuming even relatively high CO. prices gives to moderate H. storage costs (100 €/t CO. leads to 0.7
€/kg H.,, at least an order of magnitude below LOHC H. storage costs). However, this kind of closed-
loop CO. recycling for CH;OH-based H. storage is challenging in practice for several reasons.

First and foremost, as the CH3;OH production and MSR processes will not be operated
simultaneously, any kind of CO. recycling strategy would have to involve CO. storage. As CO. only
exists as a solid or gas at atmospheric pressure, any kind of larger storage must be pressurized and
liquefied, which increases both investment and operational costs [492]. Some CO, will also inevitably
be lost during the storage cycle, predominantly with the combustion of the MSR process PSA off-gas.
Consequently, some additional source of CO, will in all likelihood both needed and preferable for
CH3;OH-based H. storage in an H-DR-EAF plant.

Nevertheless, partial internal CO. recycling may be sensible in certain cases. For instance, when the
MSR process is operated, i.e., predominantly during times of high electricity prices, it may be practical
to separate out a relatively small stream of CO. from the PSA process that can be directly recycled to
the CH30H production process operating at minimum load. As the generated CO, is immediately
recycled in such a scheme, intermediate CO. liquefaction and storage is then unnecessary.

6.1.1.2 External carbon dioxide

Biogenic CO-, which would be necessary for a fossil-free H-DR process, for CH;OH-based H. storage
can potentially be sourced at 20 €/t or less from certain processes, e.g., bioethanol or biogas
upgrading plants. This would yield a minimum added cost of 0.2 €/kg H. stored in CH;0H [22, 119,
493, 494]. Nevertheless, the viability this approach depends on the presence of such plants within a
reasonable distance of the H-DR-EAF plant. In the case that such external sources of CO; are utilized
for CH;0H production, it may be advantageous to co-locate the CH;OH production process with the
external CO, source considering the relatively low cost of transporting CH;OH vs. CO.. However, such
schemes are not explored further herein.

6.1.1.3 Internal carbon dioxide generation

There are multiple points at which relatively concentrated streams of CO, could arise in an H-DR-
EAF plant [266]. Utilizing these sources for H, storage in CH;OH may be more cost-effective than the
import of CO, to the H-DR site as this CO. would essentially be a byproduct and, thus, available at a
very low cost. As seen in Figure 16, the potential sources of CO, in an H-DR-EAF plant are:

e the EAF off-gas,
e separation of CO. from the shaft furnace top gas in case that a carburized DRI is produced,
o the reducing gas preheating process in case an external fuel is combusted.

However, the first two of these sources are unlikely to be suitable for integration with a CH;0H
production process and are associated with few, if any, co-benefits. Only relatively small amounts of
relatively diluted CO. is generated batch-wise in the EAF and DRI carburization will not generate
much excess CO. regardless of whether it is based on SOEL co-electrolysis or an externally supplied
carburization agent, e.g., biogas (a mixture of mostly CH, and CO. produced via anaerobic
fermentation of biomass), bio-CH, (biogas that has been upgraded via selective removal of CO.),
syngas generated via the gasification or pyrolysis of biomass, or CH, produced from such gasification
or pyrolysis syngas, i.e., synthetic NG (SNG) [495, 496].
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The remaining point in the H-DR-EAF process at which significant CO. production is conceivable is
the reducing gas preheating process. This preheating can be provided in different ways. As mentioned
previously, the production and combustion of H. purely for the purposes of heat generation is likely
not a suitable approach due to the relatively low efficiency of electrolysis [45, 59, 155]. Direct electrical
heating of the reducing gas is a more efficient option, but is not used in conventional DR processes
and must be developed and tested before application in an H-DR process [497]. Nevertheless,
electrical reducing gas preheating would, as seen in section 4.3, increase the overall electricity
demand of an H-DR plant by around 10% and may be an expensive solution, particularly during
periods of high electricity prices.

The remaining reducing gas preheating option is the combustion of an externally supplied fuel. This
is a lower-cost option than electrical heating in most regions and is already utilized in conventional
DR plants, in which top gas and NG are combusted for reducing gas preheating [70, 97]. Other,
biomass-based, fuels will have to be used in fossil-free H-DR-EAF plants. The biomass-based fuels
most similar to those used in conventional DR processes (i.e., mixtures of mostly CH,, CO, and H,)
are syngas from biomass pyrolysis or gasification, biogas, bio-CH,, and SNG. However, although the
use of these fuels in the preheating process is most likely not associated with any major technical
challenges, their production cost may be a barrier [131, 498]. A more cost-effective option may be to
directly combust woody biomass in the form of forest residues, waste wood, recovered wood, or,
possibly, pellets as this avoids intermediate conversion steps; in forest-rich regions, e.g. Sweden and
Finland, solid biomass fuels are generally available at below 25 €/MWh [91, 131, 451, 498-501]. A
potential challenge for the application of these kinds of fuels for H-DR reducing gas preheating is
achieving sufficiently high reducing gas temperatures [502, 503].

Biomass oxy-fuel combustion utilizing the electrolysis byproduct O. is attractive as it may provide
both heat and CO:. to a fossil-free H-DR-EAF plant. By combusting biomass with O. instead of air, the
resulting flue gas will consist of mainly H.O and CO. [504]. A stream of CO. suitable for CH;0H
production can easily be separated out from this flue gas via H,O condensation and sulfur removal
via, e.g., a sulfur guard bed [505]. The remaining heat in the combustion flue gas after heat exchange
with the H-DR reducing gas can also be used elsewhere in the plant or for district heating. An
additional advantage of oxy-fuel is that the biomass demand can be reduced somewhat compared to
if preheating was provided by combustion in air [134, 503].

A basic prerequisite for cost-effective oxy-fuel combustion is that the electrolysis O, byproduct is not
completely utilized for other purposes. As shown in section 4.1, EAF operation requires only a small
fraction of the total O. produced in an H-DR-EAF plant. Another conceivable use of the O, byproduct
is in an upstream iron ore pelletizing plant if this is located reasonably close by [13, 171, 234, 506]. If
there is an excess of O, after internal utilization that cannot be sold off due to limitations in demand,
the opportunity cost of utilizing it for oxy-fuel combustion is close to zero. Consequently, if the oxy-
fuel combustion process is sized to supply the reducing gas preheating demand, the resulting CO.
should also be available at a very low cost.

As the electrolyzers are operated dynamically in response to electricity price variations in an H-DR-
EAF plant with integrated H. storage, O. generation will not be constant. However, the variations in
0. production will be synchronized with the demand for CO. for CH;OH production. When the
electricity price is low, more H, and, thus, O, is produced via electrolysis and more H, can be stored
as CH;0H. When the electricity price is high, less H. is stored in CH;OH and it is, thus, not strictly
necessary to apply oxy-fuel combustion and the biomass can be combusted in air instead to provide
the necessary reducing gas preheating. As mentioned in section 6.1.1.1, any CO. necessary to maintain
a minimum CH3;O0H production rate can then be sourced from the PSA section of the MSR process
instead [488, 489].
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The amount of biomass required for supplying the required reducing gas preheating for a 2 Mt H-DR-
EAF plant via oxy-fuel combustion is 143 MW (LHV) and this requires 46% of the O. produced in the
process electrolyzers. Around half of all O. produced by electrolyzers is, thus, still left after utilization
in the EAF and oxy-fuel biomass combustion for reducing gas preheating. The associated production
of CO, is 1 361 t/d (454 kt/y) or 227 kg CO./t liquid steel. This CO. can be used to store a maximum
of 187t H,/d or 31 kg H./t liquid steel as CH;0H, which is equivalent to 59% of the H. demand of the
H-DR-EAF plant. In addition, up to 28 MW of additional district heating (112 kWh/t liquid steel) can
be generated via flue gas cooling and condensation to 50 °C, increasing the total potential district
heating output of the H-DR-EAF plant by 23—-28% compared to the case with electrical reducing gas
preheating.

6.1.2 Dehydrogenation processes

The majority of the energy demand of H, storage in liquid carries is associated with the supply of heat
to dehydrogenation processes. Consequently, the economic viability of H. storage in these carriers
depends to a large extent on the cost of this heat supply. In this section, the main options for sourcing
this heat in the context of an H-DR-EAF process and the potential advantages and disadvantages of
these are discussed.

The amount and temperature of heat necessary for dehydrogenation depend on the liquid H. carrier.
For NH; and the LOHCs, the majority of the necessary heat is at the reactor temperature (>300 °C).
For CH;0H, a large part of the heat demand of MSR is for the evaporation of CH;0H and H.O, which
can potentially be supplied at a lower temperature, depending on the evaporation pressure.
Nevertheless, the dehydrogenation heat demand is substantial for all considered liquid H. carriers.
The theoretical minimum heat demand is determined by the enthalpy of the dehydrogenation
reactions. For a 2 Mt/y H-DR-EAF plant, the minimum dehydrogenation heat demand to supply the
total shaft furnace H. demand varies significantly depending on the chosen liquid carrier: 127 MW
for methylcyclohexane, 110 MW for perhydro-dibenzyltoluene, 55 MW for NH; and 30 MW for
CH;0H (79 MW including heat to evaporate CH;OH and H.O) [307].

6.1.2.1 Possibilities for heat integration with hydrogen direct reduction steelmaking

Although the overall H-DR-EAF process is endothermic, there are certain points in the process where
surplus heat could potentially be generated. This surplus heat may potentially be utilized to improve
the overall efficiency of H, storage in liquid carriers via decreasing the demand for external fuel or
electricity. Firstly, electrolyzers will always generate a certain amount of surplus heat at their
operating temperature. PEMELs and AELs will generate more such surplus heat than SOELs due to
their lower electrical efficiencies, but the heat is at a relatively low temperature (50—90 °C), typically
too low for it to be directly utilizable in liquid carrier dehydrogenation processes [229, 230, 454].
Moreover, in the context of H, storage in an H-DR-EAF plant, the electrolyzers will generally only
operate at lower loads when the dehydrogenation process is operated anyway, limiting possibilities
for direct integration without heat storage [186, 230, 507].

After the electrolyzers, the EAF is the most electricity-intensive part of an H-DR-EAF plant.
Therefore, it may be sensible to halt EAF operation when electricity prices are high. In such a scenario,
CDRI could be produced for storage and later EAF processing when electricity prices return to more
moderate levels [105, 508]. The heat generated via DRI cooling may potentially be utilized in a liquid
H. carrier dehydrogenation process, although processes for the recovery of this heat are not described
in the open literature [266]. DRI cooling could generate up to 32 MW of heat from 850 °C down to
100 °C in a 2 Mt/y liquid steel H-DR-EAF plant, equivalent to 129 kWh/t liquid steel plant. The heat
generated via DRI cooling would also be available in a standalone CDRI H-DR plant. However, other
heat integration options may potentially be more beneficial in such plants considering that this heat
would then be generated continuously.
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If the EAF and the dehydrogenation plant are instead operated concurrently, there may also exist
possibilities for heat integration between these units. In particular, the EAF off-gas typically has a
significant sensible heat content, up to 140—340 kWh/t liquid steel, equivalent to 35—85 MW in a 2
Mt/y H-DR-EAF plant [29, 509, 510]. Although it is challenging to efficiently utilize this heat due to
the harsh conditions in the off-gas fume system, e.g., the high temperatures and large amounts of
dust, and the batch-wise nature of EAF operation, EAF off-gas heat recovery systems are
commercialized technology and are, e.g., integrated with around 10% of installed EAFs in the USA;
the recovered heat is used for scrap preheating or steam generation [29, 511]. The varying heat
generation from the EAF can be managed via a heat storage system [510, 512, 513]. This generated
heat could also, e.g., be utilized to generate steam for SOEL [64, 514]. It may also be feasible to recover
some heat from EAF slag cooling, but such approaches must be explored in more detail [29, 160].

Per the H-DR-EAF plant energy balance in section 4.3, reducing gas preheating is supplied at
temperatures between 331 °C and 900 °C in the case that carbon-free DRI is produced®. In the case
that an external fuel is combusted to supply this heat, there will, thus, still be a significant amount of
heat left in the flue gas after heat exchange with the reducing gas. This remaining flue gas heat is
available at below 381 °C for an assumed minimum temperature difference of 50 °C in the reducing
gas preheater. Only a fraction of this heat is usable in NH; or LOHC dehydrogenation processes but
could be used to provide 40—50% of the heat necessary to evaporate CH;O0H and H,O for an MSR
process if CH;0H and H.O evaporation takes place at close to atmospheric pressure. The heat in the
reducing gas preheater flue gas below 381 °C could potentially be utilized for other purposes, e.g.,
district heating. Consequently, using this heat for evaporation of CH;OH and H.O may be associated
with an opportunity cost in certain scenarios.

6.1.2.2 External supply of dehydrogenation heat

As seen in the preceding sections, although it is conceivable that part of the necessary heat for liquid
H. carrier dehydrogenation can be supplied via integration with the H-DR-EAF plant, additional
heating will also be needed. This heat can be provided in three ways: 1) combustion of part of the
released H.; 2) dehydrogenation reactor electrification; 3) combustion of an external fuel [266].
Combinations of these approaches are also conceivable.

Combustion of part of released H. means that more H. must be both stored and released per unit of
H. delivered to the H-DR process, increasing storage investment and operational costs. Nevertheless,
H. combustion is often a practical approach, particularly when full recovery of H., from the
dehydrogenation process is difficult anyway. In MSR or NH; dehydrogenation processes, H. must
always be separated out from a gaseous mixture, e.g., via PSA or a cryogenic process, before being
sent to the shaft furnace. This typically results in one stream of near-pure H, and an off-gas consisting
of small amounts of H. diluted in mostly CO. or N,. Combusting this off-gas may be sensible
considering its low concentration of H,, which renders further H. recovery challenging. The
combusted off-gas H. will also, due to the dynamic operation of the hydrogenation process,
predominantly have been produced at relatively low electricity prices, which partially makes up for
the low efficiency of electrolysis. The share of H, that must be combusted to provide the required
dehydrogenation reaction enthalpy (Xy,) can be calculated using” [307, 515]:

_ Ahg g,
LHVHZ ' (nburner . UHEX)

(6)

Xu,

DRI carburization will lead to higher top gas temperatures and, thus, higher reducing gas temperatures after internal heat
exchange.
7 This equation was originally misprinted in paper I. A corrigendum was published to correct this.
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where Ahg y, is the reaction enthalpy of the dehydrogenation reaction, and 7yrner and nygx are the
burner and heat exchanger efficiencies of the combustion process, respectively (including combustion
air preheating) [515]. Considering a burner efficiency of 90% and a heat exchanger efficiency of 97.5%
yields the values in Table 7 for the considered liquid H. carriers [307].

Table 7: Share of released hydrogen that must be combusted to provide the necessary heat for liquid hydrogen carrier

dehydrogenation.

Liquid hydrogen carrier Enthalpy of dehydrogenation | Share of released hydrogen
(kJ/mol H) that must be combusted
Ammonia 30.6 14%
Methanol 16.4/43.7% 8%/20%*
Perhydro-dibenzyltoluene 65 31%
Methylcyclohexane 68 32%

*For the case of liquid rather than gaseous CH;0H and H-O reactants.

Reactor electrification is more efficient than partial H. combustion 8, but suffers from the fact that the
dehydrogenation process will mainly operate when electricity prices are high. Ultimately, the choice
between partial H, combustion and reactor electrification will depend on the efficiencies of
electrolyzers, the H. combustion process, and the electrified reactor as well as the average electricity
price difference between hydrogenation and dehydrogenation processes operation. Another factor
that may play a role is the possibility to operate electrically heated reactors more dynamically, but
more research is needed to quantify such potential effects [428, 430].

The attractiveness of supplying the dehydrogenation heat via the combustion of a fuel depends mostly
on the price of this fuel. The same options exist for providing this heat as for providing H-DR reducing
gas preheating. In the case that reducing gas preheating is already provided by the combustion of a
fuel, e.g., woody biomass or biogas, it may be feasible to increase the load of this combustion process
during periods of high electricity prices to also provide heat for the dehydrogenation process. This
would require that the combustion process is oversized compared to the reducing gas preheating
demand. However, this is most likely more cost-effective than investment into a separate furnace for
the generation of dehydrogenation process heat. A process for preheating and evaporation of CH;OH
and H.O for an MSR process based on this principle was developed and is described in more detail in
the next section.

6.1.2.3 Integration of methanol steam reforming and reducing gas preheating

All current MSR plant designs utilize the combustion of the PSA off-gas to provide the necessary
process heat [483]. As seen in Table 7, the combustion of less than 10% of released H, should be
sufficient to supply the heat needed for MSR if evaporated CH;0H and H.O are fed to the process.
This kind of PSA H, recovery ought to be achievable for H-DR H. purity requirements [335, 481, 489].
Consequently, providing the heat for the evaporation and preheating of CH;OH and H.O via external
means may be sensible as this could improve the overall H, recovery of the MSR process.

It may be possible to further increase the PSA H. recovery in MSR via separating out part of the H. in
the PSA off-gas stream using, e.g., membrane technology [488, 489, 516]. A challenging aspect is that
the H. partial pressure in the PSA off-gas is relatively low, which likely necessitates recompression
before additional separation steps, adding both investment and operational costs [489]. An
alternative is to integrate a membrane separation process directly into the MSR reactor, which would

8 The production of one kg of H, (33.3 kWh in LHV) via low-temperature electrolysis requires around 50 kWh,. Combustion of
this kg H, may yield around 30 kWh of heat useful for a dehydrogenation process. The overall electricity-to-heat efficiency is,
thus, 60%. When heat is supplied via Joule heating in an electrified dehydrogenation reactor, electricity-to-heat efficiencies
close to 100% can be expected
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allow for the direct production of high-purity H. [485]. However, such membrane reactors are
currently far away from commercialization [517]. Nevertheless, complete H. recovery is difficult to
achieve in any separation process, and utilizing the heat content of the resulting off-gas via
combustion is then sensible.

In paper VI, a hybrid MSR heat supply process based on the principles above was developed and its
heat flows were determined based on simulation in ASPEN Plus® V10. A scheme for this process is
seen in Figure 17. The basic idea of this process is to utilize the already existing reducing gas
preheating furnace in an H-DR process to also supply heat for the preheating and evaporation of
CH;O0H and H,O when the MSR process is operated. This temporarily increases the overall furnace
and H-DR plant biomass demand, but this may be economically advantageous to other
dehydrogenation heat supply options if the biomass price is relatively low.
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Figure 17: Methanol steam reforming hybrid heat supply process for integration with a hydrogen direct reduction process.
Hydrogen from the pressure swing adsorption (PSA) unit is first mixed with recycled dried top gas and is then heated via
heat exchange with the top gas before being sent to the preheating furnace where biomass is combusted.

A 40% increase in H-DR-EAF biomass consumption during MSR operation is sufficient to provide
the necessary preheating and evaporation. The remaining heat demand of the MSR reactor at 250 °C
is covered by the combustion of the PSA off-gas. The maximum achievable H, recovery is around 91%
using this hybrid heat supply system, considering an overall H, burner and heat exchanger efficiency
of 90% and 97.5%, respectively [515]. A heat exchange diagram of the process is shown in Figure 18,
excluding heat demand of the MSR reactor.
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Figure 18: Heat exchange process for integration of methanol steam reforming feed preheating and evaporation with

reducing gas preheating process. The minimum temperature difference occurs between the methanol-water mixture and the
combustion flue gases at 145 °C/125 °C. Evaporation of the methanol-water mixture at 1 atm is also shown.
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The evaporation process takes place at the reactor pressure in the scheme in Figure 17. However, it is,
as mentioned previously, also possible to preheat and evaporate the feed at a lower pressure followed
by gas compression. As the chemical equilibrium of the MSR reaction itself benefits from lower
pressures, it is sensible to perform this vapor compression after the reactor but before the PSA [306].
The advantage is that the evaporation process can then occur at a lower temperature, which means
that a larger share of the heat in the biomass combustion flue gases can be utilized, lowering the
additional biomass demand during MSR operation. As discussed in section 6.1.2, evaporation at lower
pressures may also facilitate heat integration with other parts of the H-DR-EAF process. However, as
compression of gases requires significantly more work than the pumping of liquids, low-pressure
evaporation would increase the overall electricity demand of the MSR process, which would at least
partially offset the heat utilization advantage (depending on the relative costs of electricity and
biomass). The economic performance of different MSR heat supply options (the hybrid process
described in this section, partial H. combustion, and MSR electrification) for H. supply to an H-DR-
EAF plant are compared using historical electricity prices in section 8.4

6.1.3 Hydrogenation processes

Storing H. in liquid carriers generates heat via the exothermic hydrogenation reactions. Cost-effective
utilization of this heat may improve the economic viability of H. storage in such liquid carriers in an
H-DR-EAF process. The viability of heat integration between liquid H. carrier hydrogenation
processes and other parts of the H-DR-EAF plant depends mainly on the temperature and amount of
heat generated, which depends on the liquid H- carrier. The timing of the heat generation also plays
a role; hydrogenation will predominately occur when the electricity price is low, which may or may
not synchronize well with the heat demand of potential heat sinks.

Most of the heat generated in hydrogenation processes is due to the exothermic hydrogenation
reactions but some may also be recoverable from the intercooling of compressors. In some
hydrogenation processes, part of the generated heat is utilized internally for separation purposes, e.g.,
in a CH30H production plant with integrated distillation. In the NH; production and, particularly,
LOHC hydrogenation processes, a relatively small part of the generated heat can be utilized internally.
The maximum amount of excess heat that can be exported is 2.4—3.6 kWh/kg H, for CH;OH
production (higher value excludes distillation), 5.6—7.3 kWh/kg H. for NH; production, 9.0 kWh/kg
H. for dibenzyltoluene hydrogenation, and 9.7 kWh/kg H. for toluene hydrogenation.

One attractive idea is to utilize this excess heat to generate steam for H. production via SOEL. If SOEL
EOC is utilized to generate the H, for the hydrogenation process, H, production and the generation
of hydrogenation heat for steam production will be synchronized. The preferred feed to SOEL is
typically saturated steam at 3 bar [193]. The majority of the heat needed to generate this steam is the
H.O evaporation heat, which is around 0.6 kWh/kg H.O at 3 bar (134 °C), equivalent to 5.4 kWh/kg
H. produced per the electrolysis reaction stoichiometry. Consequently, it is technically possible to
generate all steam necessary for SOEL operation via heat integration with NH; production or LOHC
hydrogenation but not for CH;OH production, even if distillation is avoided. Similar conclusions have
been reached for the integration of SOEL with NH; or CH;OH production by other authors [197, 395,
518, 519]. Heat integration possibilities between CH;0H production and SOEL may be greater in the
case of steam and CO. co-electrolysis, partly due to the lower evaporation heat demand and partly
due to the more exothermic CH;OH-forming reaction with CO [519, 520]. However, such routes are
not explored here.
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6.2 SIZING AND INVESTMENT COSTS OF LIQUID HYDROGEN CARRIER STORAGE SYSTEMS
A liquid H. carrier storage system consists of three main components: a hydrogenation plant, one or
several storage tanks, and a dehydrogenation plant. Although no full industrial-scale liquid H. carrier
storage systems exist today, it is possible to provide estimates of the investment costs of such systems
by considering costs of their components.

For NH; and CH;0H, the hydrogenation processes are essentially completely mature already today
and there exists plenty of literature investment cost data. Investment costs of large-scale NH; and
CH;0H dehydrogenation plants are more uncertain as no such plants exist today (except the unique
Arroyito plant NH; cracker). Nevertheless, small NH; and CH;OH dehydrogenation plants are
available, and upscaling would only involve the use of standard process equipment [423, 482].
Estimating the investment costs of a large-scale LOHC-based H. storage system is associated with the
most uncertainty among the considered liquid H. carriers, which is understandable given the relative
immaturity of the LOHC concept [435, 521]. Few estimates of the investment cost of both LOHC
hydrogenation and dehydrogenation processes exist and those that are available are very scattered
[435].

Liquid Hs carrier hydrogenation and dehydrogenation are thermochemical processes. Such processes
are typically associated with economies of scale, i.e., larger plants have lower specific investment costs
[184, 522, 523]. This relationship between the investment cost and production capacity can typically
be described via a scaling factor:
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where IC is the sought investment cost and IC;.ris the known investment cost of a reference process
with a known capacity (Capacityr.f). For thermochemical processes, a scaling factor of 0.6 is most
commonly used (the ‘six-tenths rule’) and is applied here for the analysis of hydrogenation and
dehydrogenation plant investment costs [523-526]. The use of a scaling factor to identify investment
costs is most accurate when the capacity of the reference facility is relatively close to that of the
investigated facility [317]. Therefore, only cost estimates for large-scale hydrogenation and
dehydrogenation facilities (>100 t H./d) have been used as cost references in the analysis.
Nevertheless, the resulting investment costs based on this extrapolation procedure should just be
considered order-of-magnitude estimates [526]. Older literature investment cost estimates were also
adjusted for inflation to the reference year 2020 values based on an average 2%/y rate.

Process investment costs can be divided into direct and indirect costs. Direct costs are related to the
purchase and installation of plant equipment including, e.g., piping, electrical equipment, utility
systems, process control equipment, buildings (including offices and laboratories), site preparation,
and land. Indirect costs include, e.g., engineering and supervision costs, contractor costs, insurance,
legal costs, freight costs, and working capital. Direct and indirect costs can be calculated from the
estimated plant purchased equipment cost by multiplying by one factor representing installation costs
and one representing indirect costs. In practice, both of these factors depend on, e.g., plant location
and the availability of infrastructure and process utilities [424, 493, 526]. For instance, these factors
are generally lower if a process is assumed to be installed at an already active industrial site (so-called
brownfield investment) rather than in an entirely new location (so-called greenfield investment) [89,
120]. In the context of an H-DR-EAF plant site, it is reasonable to assume that certain cost synergies
may be possible for liquid H- carriers, e.g. in terms of land development as well as utility and electrical
systems, although it is difficult to quantify these synergies at present and this is not attempted here.
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6.2.1 Investment costs of hydrogenation plants

The investment cost of CO.-based CH;OH production processes, excluding CO. capture, has been
estimated to be approximately 300 €/kW on average for a200 MW production rate (based on CH;0H
LHYV) [320, 462, 463, 470, 493]. A 150 MW H.O-electrolysis NH; production plant (based on NH,4
LHV) has an investment cost of around 690 €/kW, including ASU [320, 408, 527]. A recent
investment cost estimate for a dibenzyltoluene hydrogenation plant is 60 M€ for a 120 t H./d
capacity, but significantly lower cost estimates also exist (e.g., 40 M€ for a 300 t H,/d plant) [315,
320]. For toluene hydrogenation, an estimate of 43 M€ for a capacity of 350 t H./ is one of the few
existing values in the open literature for a large-scale plant [306]. The considered hydrogenation plant
investment cost estimates are plotted in Figure 19 as a function of H, rate capacity. Three levels of
specific electrolyzer investment costs are also shown for comparison.
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Figure 19: Investment cost of liquid carrier hydrogenation plants as a function of their rate capacity. Electrolyzer investment
costs at three levels are also shown. The lower dibenzyltoluene estimate and the estimate for toluene overlap.

NH; production is has the highest investment costs out of all considered hydrogenation processes.
This is to be expected considering the high temperatures and pressures in the Haber-Bosch process,
the need for an ASU to produce the required N,, and the need for refrigeration to condense NHj;. In
comparison, the CH30H production process is significantly less complex and costly (approximately
50% less at 100 t H./d). Estimated investment costs of dibenzyltoluene hydrogenation plants range
from slightly higher to significantly lower than CH;OH production plants. The low dibenzyltoluene
hydrogenation plant investment estimate is similar to that of the toluene hydrogenation plants. This
is sensible as these plants ought to be rather similar in terms of equipment and overall layout.

Integration of any kind of H. storage in an H-DR process would necessitate investment into EOC. At
a specific electrolyzer investment cost of 500 €/kW, the investment cost of this EOC is higher than
the investment cost of all hydrogenation plants already at 70 t H./d, equivalent to a 22% EOC for a 2
Mt/y H-DR-EAF plant.

6.2.2 Investment costs of dehydrogenation plants

The dehydrogenation plant is meant to deliver H. to the H-DR shaft furnace during periods of high
electricity prices so that expensive H. production via electrolysis can then be ramped down or,
preferably, halted entirely. The dehydrogenation plant should, thus, be able to completely fulfill the
H. demand of the downstream H-DR process.

The recent ‘Ammonia to Green Hydrogen’ study estimated the purchased equipment cost of a 200 t
H./d plant to be 89.5 M€ [423, 424]. However, the plant considered in this study delivers fuel cell
grade H,, which is, not required for an H-DR process. As part of the ‘H21 North of England’ study,
Equinor estimated the purchased equipment cost of a 910 H,/d NH; dehydrogenation plant to be 188
M€ [284]. This is similar to the ‘Ammonia to Green Hydrogen’ estimate if one adjusts for the different
scales of production using equation (7) and a scaling factor of 0.6. However, despite the similar
purchased equipment costs, the two studies reach considerably different total investment costs for
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NH; dehydrogenation plants due to different economic assumptions regarding installation and
indirect costs. The reasons for these different cost assumptions are not clear. As the plant in the ‘H21
North of England’ study delivers H, at a purity and pressure more similar to expected conditions in
an H-DR process, cost data from this study is utilized herein [161].

The investment costs of large-scale perhydro-dibenzyltoluene dehydrogenation plants have been
estimated to be between 30 M€ for a 300 t H,/d capacity to 60 M€ for a capacity of 120 t H,/d [315,
320]. The latter estimate is utilized here given its recency and because it originates from direct
conversations with Hydrogenious GmbH [320]. For methylcyclohexane, the only identified estimate
comes from a recent study by the US Argonne National Laboratory, in which investment costs of a
350 t Ho/d plant are estimated to be 88 M€, although this plant produces fuel cell grade H.; lower
purities are allowable in an H-DR process, which may lead to lower investment costs [306].

Investment cost estimates for large-scale MSR plants are scarce in the open literature. A Lurgi GmbH
(now part of Air Liquide S.A.) study from 2001 estimated the investment cost of a 216 t Ho./d MSR
plant to be approximately 42 M€ (adjusted for inflation). The only other identified large-scale MSR
investment cost estimate comes from the aforementioned Argonne National Laboratory study [306].
The investment cost estimate in that study is approximately 122 M€ for a 350 t H./d plant, which is
nearly twice as high (when adjusted for capacity) as the one from Lurgi. It is not entirely certain why
there is such a discrepancy between the Lurgi and Argonne MSR investment cost estimates but one
reason could be different targeted H. purities, which was fuel cell grade in the Argonne study.
Considering that the Lurgi study is from 2001, a lower H, product purity than fuel cell grade can be
assumed as there existed no demand for fuel cell grade H. then. Therefore, the Lurgi estimate is used
here.

The considered dehydrogenation plant investment cost estimates are plotted in Figure 20. Also shown
are the H. demands of 2 Mt/y, 3 Mt/y, and 4 Mt/y H-DR-EAF plants to indicate the sizing of these
dehydrogenation plants.
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Figure 20: Investment costs of liquid hydrogen carrier dehydrogenation plants as a function of their rate capacity. The
hydrogen demand of 2 Mt, 3 Mt, and 4 Mt liquid steel per year hydrogen direct reduction-electric arc furnace plants are also
shown.

MSR has the lowest investment costs among the considered dehydrogenation processes and NH,
dehydrogenation has by far the highest. At the same H. rate capacity, an MSR plant is found to be
around one-quarter as capital-intensive as a NH; dehydrogenation plant. However, as noted, these
investment costs are subject to uncertainty. For instance, utilizing other previously mentioned
alternative literature estimates would render MSR roughly twice as expensive and perhydro-
dibenzyltoluene dehydrogenation 70% lower in investment cost than shown in Figure 20.
Nevertheless, it does appear that NH4 dehydrogenation is the most capital-intensive option, which
appears sensible given its much higher operating temperature than other carrier dehydrogenation
processes and the demanding fired furnace design [365, 424, 428].
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6.2.3 Investment costs of storage capacity

Storage tanks for all considered liquid carriers are commercially available and will make up a
relatively small part of the overall liquid H. carrier-based storage investment cost. The LOHCs and
CH;0H can be stored in floating roof tanks, identical to those used to store various petroleum
products [320]. Cost data for floating roof tanks is widely available and such tanks can have capacities
of over 100 000 m3 [447, 528-531]. Large amounts of NHj; are preferably stored in liquid form, which
necessitates more expensive refrigerated tanks [384, 386]. The necessary storage tank size to store a
given amount of H, in a liquid carrier is determined by the density of the carrier and its gravimetric
H. storage capacity, which are seen in Table 8.

Table 8: Density and hydrogen storage capacity of liquid hydrogen carriers [284, 446, 532, 533].

Liquid H. carrier Density (kg/m3) | kg H/t carrier | kg H./ms liquid carrier storage
Ammonia 6828 178 121
Methanol 792+/882+* 126/189" 150'/107*
Perhydro-dibenzyltoluene 913 62* 57
Dibenzyltoluene 1044 - -
Methylcyclohexane 770 62% 48
Toluene 867 - -

§Liquid NHj at boiling point (-33.3 °C).

+Equimolar H.O-CH;0H solution for case without distillation.

“Per the stoichiometry of (R26) and considering pure CH;0H storage.
*Maximum reversible H. storage capacity.

Around two to three times as much H, can be stored per volume of NH; or CH;0H compared to the
considered LOHCs. The volumetric density of H. storage in CH;OH depends in part on how the H.O
formed during the CO, hydrogenation process is managed. If distillation of H,O and CH3;OH is
avoided, the achievable storage density is lower, but, as mentioned previously in section 5.5.5.3, the
investment and operational cost of the distillation column(s) can be avoided. Here it is assumed that
a distillation column is integrated into the CH;0H production process and, thus, that pure CH;0H is
stored.

Both the hydrogenated and dehydrogenated forms of LOHCs must be stored. In addition, it is
necessary to purchase sufficient amounts of the dehydrogenated LOHC for the intended H. storage
capacity [266]. The costs of LOHC storage tanks are based on a base cost of 68 €/t perhydro-
dibenzyltoluene and the densities of the hydrogenated and dehydrogenated LOHCs [320]. The
investment costs of liquid carrier H. storage capacity are seen in Table 9. Due to the modular nature
of these large storage tanks and that the dehydrogenated LOHCs are purchased in bulk, these liquid
H. carrier storage capacity costs are assumed to scale linearly with capacity.

Table 9: Hydrogen storage capacity costs for liquid hydrogen carriers [320, 528].

Liquid H. carrier Storage tank cost Storage tank cost Carrier cost Total storage capacity cost
(€/tliquid carrier) | (€/kg H-) (€/kg) (€/kg H»)

Ammonia 350 2.0 - 2.0
Methanol 75 0.6/0.4* - 0.6/0.4*
Perhydro-dibenzyltoluene 68 1.1% - B
Dibenzyltoluene 59 0.9* 2.0 34.0
Methylcyclohexane 81 1.3* -

10.5*
Toluene 72 1.1* 0.5

*Per the stoichiometry of (R26).

# Maximum reversible H. storage capacity.

The H. storage capacity investment cost is significantly higher for the LOHCs compared to those of
NH; and, especially, CH;OH. Although the specific cost of NH; storage is relatively high due to the
need for refrigerated storage tanks, its high H. storage density partially compensates for this. The cost
of H. storage capacity in the LOHCs is sensitive to how much of their maximum H. storage capacity
can be utilized; the values seen in Table 9 assume that the LOHCs can be fully dehydrogenated during
every storage cycle, which may not be achievable in practice [439]. Assuming that 95% of the
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maximum reversible H, storage capacity can be utilized increases H. storage capacity costs to 35.7
and 10.9 €/kg H. for dibenzyltoluene and toluene-based storage, respectively.

6.2.4 Total liquid hydrogen carrier system investment costs

The total investment costs of the considered liquid H. carrier storage systems as a function of their
H. storage capacity are shown in Figure 21. The dehydrogenation rate capacity is assumed to be equal
to the H, demand of a 2 Mt/y H-DR-EAF plant. Results are plotted for two hydrogenation rate
capacities, equivalent to 25% and 50% of the H-DR-EAF H, demand, for all carriers. EOC investment
costs are not included.
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Figure 21: Investment cost of liquid hydrogen carrier storage systems as a function of storage capacity. The dehydrogenation
rate capacity is 315 t hydrogen per day in all scenarios.

CH3OH is the liquid H. carrier associated with the lowest investment cost, particularly for larger H.
storage capacities. In the context of the overall H, storage system, the CH;OH storage tanks make up
a small part of the total investment costs even for large storage volumes. H. storage in perhydro-
dibenzyltoluene is by far the most expensive option for larger H, storage capacities, mostly due to the
high cost of dibenzyltoluene. A similar trend is seen for toluene but the effect is far less pronounced
due to its lower costs.

The investment cost of the EOC is not included in Figure 21. At 500 €/kW, the investment cost of 50%
EOC is approximately 164 M€. As this cost is the same irrespective of the choice of storage technology,
it evens out the differences in overall storage investment cost between the carriers. At a H. storage
capacity of 1000 t H., the relative difference in investment cost between all considered liquid H.
carriers is less than 46% if the EOC costs are included. The impact of liquid H, carrier choice has a
more significant impact for larger storage capacities due to differences in specific storage costs.
Nevertheless, the investment costs of these liquid H. carrier systems will make up a relatively small
part of the overall investment cost of a large-scale H-DR-EAF steelmaking plant (investment costs are
>1 400 M€ for a 2 Mt/y H-DR-EAF plant, per section 4.4).

6.2.5 Comparison with investment costs of geological hydrogen storage options

The aim of this thesis is to identify techno-economically viable alternatives to large-scale geological
H. storage. Therefore, results in Figure 21 are compared to the estimated investment costs for
geological H, storage options in this section. Only salt cavern and LRC storage are considered here as
the viability of H, storage in depleted NG fields or aquifers is presently highly uncertain. Also, as
discussed in section 5.4.1, the limited operational flexibility of depleted NG field and aquifer NG
storages renders the viability and general attractiveness of their use for H, storage for H-DR-EAF
plant questionable.
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As the salt cavern or LRC storage pressure is typically higher than the output pressure of electrolyzers,
H. must be compressed before injection into such geological storages. Consequently, the investment
cost of the injection compressor should be included when comparing costs of geological H. storages
with liquid H, carrier-based storage. A specific compressor investment cost of 300 €/kW (based on
H. LHV) is assumed for both salt cavern and LRC storages considering the similar storage pressures
[297, 303]. In the case of salt cavern storage, a post-withdrawal H. drying process is also necessary.
The investment cost of this drying process is assumed to be 6 €/kW (based on H, LHV) [297]. Using
the storage capacity investment costs ranges in Table 6 yields the results in Figure 22 for an injection
compressor rate capacity equivalent to 25% of the H. demand of a 2 Mt/y H-DR-EAF plant. The salt
cavern and LRC storage capacity costs in Table 6 utilized to generate Figure 22 should be seen as
upper and lower boundaries. As discussed in section 5.4, the lower investment cost bounds are more
likely for larger storage volumes and vice versa due to economies of scale. This is particularly true for
salt cavern storages considering their larger maximum single-cavern storage capacity. The investment
cost of EOC is excluded for ease of comparison with results seen in Figure 21. Costs of cushion gas are
also not included 9.
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Figure 22: Investment cost of salt cavern and lined rock cavern hydrogen storages as a function of their capacity. Inlet
compressor rate capacity is 25% of hydrogen demand of 2 Mt liquid steel/y hydrogen direct reduction-electric arc furnace
plant. The post-withdrawal drying equipment is sized for 100% of the hydrogen demand of the hydrogen direct reduction
process for salt cavern storages.

The first conclusion one can draw upon a comparison of Figure 21 and Figure 22 is that none of the
liquid H. carriers are competitive with H. storage in salt caverns from an investment cost perspective
as long as salt cavern capacity costs are close to the lower bound (7 €/kg H.); a CH;OH-based storage
has a 30% higher investment cost for two weeks of H-DR H. demand storage capacity. However, the
liquid H. carriers do better when compared with LRC storages, at least the CH;0H and toluene-based
systems, which are both likely less investment cost-intensive for two weeks of H-DR H. demand
storage capacity. The liquid H. carriers, excluding dibenzyltoluene, are increasingly at an advantage
over LRCs for larger H, storage capacities in terms of investment cost. This is due to the relatively low
cost of storing the liquid carriers. Consequently, in the advent that demand for very large H. storage
capacities arises, e.g., storage of the H. demand of an H-DR process on a seasonal basis, a liquid H.
carrier-based storage may be a promising option.

9 Costs of cushion gas are not included in Figure 22 but do not affect general results considerably; a cushion gas price of 3
€/kg H; leads to a maximum increase in specific investment cost of 1.7 €/kg H, for salt cavern storage (considering 0.55 t
cushion gas/t working gas).
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7 HYDROGEN STORAGE IN METHANOL IN HYDROGEN DIRECT REDUCTION
STEELMAKING (PAPER V)

In the previous chapter, H-DR-EAF integration possibilities and the investment costs of liquid
carrier-based H. storage systems were considered. Investment costs were compared with those of
geological H, storages. A sensible next step of the techno-economic comparison of geological and
liquid carrier-based H. storage is to consider differences in operational costs and characteristics,
which is the overarching purpose of this chapter. Out of the liquid H. carriers, methanol (CH;0H)
appears most promising for integration into an H-DR-EAF plant for several reasons:

e it can be stored in conventional, low-cost floating roof tanks at atmospheric pressure,
e its production from H, and CO, is a mature process that can be operated dynamically,
o high H. recoveries can be achieved in MSR,

e investment costs of both CH;0H production and MSR plants are relatively low,

The use of biomass oxy-fuel combustion for the provision of both CO. and H-DR reducing gas
preheating is also potentially attractive if low-cost biomass is available. As this is typically the case in
the regions under investigation in HYBRIT RP1, i.e., Sweden and Finland, it was decided to go forward
with CH;OH-based H. storage for further analysis of operational costs. However, as seen in the
previous chapter, all liquid carrier-based H. storages share certain characteristics and, thus, some of
the conclusions drawn for the CH;OH example in this and later chapters may also apply for other
liquid H. carriers.

In this chapter, the achievable reductions in overall H, production cost via the integration of CH;OH-
based storage in an H-DR-EAF plant under fluctuating electricity prices is presented. Results are
compared with geological LRC storage as this is the main geological storage pursued in HYBRIT RP1
[17]. As seen previously, salt cavern storages may have certain similar operational characteristics as
LRCs but will have lower investment costs [16]. A storage operation NLP optimization method that
utilizes historical electricity prices taken from the public Nord Pool database was developed [148].
This optimization method is described in detail in section 7.1.2.

Nord Pool is an electricity market operator, providing day-ahead and intraday electricity prices in,
e.g., Sweden, Norway, Finland, and Denmark [534]. Full-year historical electricity market data dating
back to the year 2013 are available from the Nord Pool website [148]. Historical day-ahead electricity
spot prices are utilized in the storage model as a proxy for the variable industrial electricity costs of a
future industrial H-DR-EAF plant in Sweden. This is a reasonable approach as energy-intensive
industries are essentially entirely exempted from energy-related taxes in Sweden and typically have
fixed electricity transmission and distribution costs established via contracts [535-537].

The H-DR-EAF plant is assumed to be located in the north of Sweden inside of electricity pricing
region SE1. However, historical electricity prices from other pricing regions are also be used.
Electricity prices from western Denmark (Jylland, DK1) are included in the analysis a as a relatively
large part of electricity generation in the region is based on wind power—over 50% in recent years
[538, 539]. A consequence of this is that electricity prices in DK1 have been more volatile than in SE1,
which should benefit H. storage. As an increased share of wind power is expected in northern Sweden,
it is, thus, thinkable that more volatile electricity prices could arise [14]. Therefore, historical
electricity prices from DK1 can be used as at least an indication of the direction in which prices in SE1
may develop. Electricity prices from SE4 (southern Sweden) are also included as an intermediate
between SE1 and DKai.
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The developed storage operation optimization method is entirely deterministic, i.e., electricity prices
for the full duration of the simulated period are assumed to be known in advance, and assumes that
the H-DR plant operator is an electricity ‘price taker’, i.e. that the electricity demand of the H-DR
does not affect the electricity price.

The price taker assumption is generally only valid if the electricity demand of a process is insignificant
relative to the market size, which will generally not apply for H-DR plants—the total annual electricity
demand of a 2 Mt/y H-DR-EAF plant is 7—8 TWh, which is equivalent to 4—5% of total Swedish
electricity generation during 2021 [267, 540-542]. In theory, the additional electricity demand of an
H-DR-EAF plant will cause electricity prices to increase, ceteris paribus. However, this is only true
for an otherwise static H-DR H. demand and surrounding electricity market, which is not the case in
practice if a H, storage is part of the process.

The integration of a H. storage allows for flexible H. production so that a larger share may be
produced during low electricity prices. In a liberalized electricity market where a large part of the
generation capacity is based on wind or solar power, a low electricity price is generally correlated with
a high share of wind or solar power as the incremental electricity generation cost of these technologies
is close to zero (as they have no fuel cost) [12, 14]. Consequently, flexible H. production may increase
the utilization and, thus, the value of these intermittent electricity generators, which would spur
investment into additional wind and solar generation capacity [12, 267, 543, 544]. This, in turn, may
increase the number of hours and days per year with low electricity prices in a given electricity market,
which may result in a lower overall electricity cost for the H-DR-EAF plant operator [267, 543, 545]-
As an example, simulations by Vattenfall AB as part of HYBRIT RP1 for the north European electricity
market in 2035—2055 have indicated that flexible H, production and storage in the context of H-DR-
EAF steelmaking may simultaneously increase the local value of wind power and decrease the average
H. production cost for the steelmaker [267].

As a consequence of the aforementioned assumptions, the method described in this chapter cannot
predict whether investment into large-scale H. storage as part of a future H-DR-EAF plant will be
profitable or not. Such an analysis would have to have a much broader scope to include, e.g.,
projections for future developments in climate, and electricity generation, demand, and
infrastructure. Nevertheless, some general conclusions regarding the conditions needed for H-DR H,
storage to reach profitability can be drawn and the overall potential of different kinds of H. storages
to be profitable can be compared under ideal, controllable conditions. This is useful in this conceptual
study of potential H, storage technologies for H-DR-EAF plants.

7.1 METHOD OVERVIEW

The calculations presented here are based on a 2 Mt liquid steel/y H-DR-EAF plant with a H. demand
of 315 t/d. Only results with a daily time resolution are discussed herein due to uncertainties regarding
the flexible operation of H. storages on an hourly basis. Nevertheless, some tentative hourly
resolution results are provided in paper V.

The H, demand of the H-DR-EAF plant can be fulfilled via H. production or via emptying the H.
storage. The H. storage is assumed to be half-filled at the start and end of all simulated periods to
enable easier comparison of storages and scenarios. The economic value of the (identical amount of)
stored H. at the start and end of simulations is assumed to be equal so that it can be ignored in the
economic calculations. Reducing gas preheating is assumed to be provided by biomass oxy-fuel
combustion in all cases and the opportunity cost of utilizing the generated CO. is assumed to be zero,
i.e., it is assumed that no more than around 50% of all byproduct O. can be sold off. This allows for a
maximum EOC of 59% for CH;0H-based H. storage. In the case that an LRC storage is used, it is
assumed that any generated CO. is vented or, potentially, captured.
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It is assumed that the integration of a H, storage into an H-DR plant does not affect its H. demand or
DRI production rate. Therefore, it is sensible to only consider the additional marginal investment cost
of the H, storage and the accompanying EOC when evaluating its economic impact on the H-DR
process, per Figure 23. If this additional marginal investment cost is lower than the associated
reduction in the operational cost of H, delivery to the H-DR process, the investment into a H, storage
may be considered worthwhile.
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Figure 23: Visualization of the basis for economic comparison of hydrogen delivery to direct reduction process without (A) or
with (B) a hydrogen storage. The hydrogen rate is based on the production of 2 Mt/y liquid steel. The marginal investment
cost of B compared to A are those of electrolyzer overcapacity and hydrogen storage.

To take the time value of money into account, H. storage and EOC investment costs are annualized
and converted to a per unit H, basis using an AF:

CAPEX, = (ICstorage + ICgoc) - AF

My_pr ©))

where ICstorage and ICkoc are the total investment costs of the H. storage and EOC, respectively, my_pg
the annual H. demand of the H-DR process, and CAPEX, the annualized specific marginal investment
cost of H. storage. WACC is taken to be 6% and the economic lifetimes of the both the storage and the
EOC are assumed to be 20 years. The change in the specific cost of delivering H. to the H-DR process
achieved by investment into a H. storage with accompanying EOC (in €/kg H.) can be calculated as:

ACHZ = (OPEXno storage — OPEXstorage) - CAPEXa (9)

OPEXno storage 1S the average electricity cost of H. production without a storage and OPEXiorqge is the
electricity cost of H, production when the storage is integrated plus any additional operational cost
of the H. storage itself. When Acy, is positive, investment into H. storage is profitable. Only changes
in operational and investment costs when integrating a H, storage in an H-DR process are considered
in the analysis. Changes in, e.g., maintenance costs are presently difficult to estimate (especially
differences for different H, storage technologies) but should be relatively minor in comparison to the
changes in operational costs.

The operational cost of H, delivery in the absence of a H, storage is dominated by the electricity
demand of the electrolyzers (Eec). As the H. production rate must remain constant in the absence of
a storage, the average electricity price during the considered simulation period ([€/MWhei]average) can
be utilized:

€
OPEXu0 storage = [Whel] “Eelec (10)

average
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It is assumed that low-temperature electrolyzers are utilized, primarily due to their presently lower
investment costs, with a constant electricity demand of 50 MWhe/kg H. and an output pressure of 20
bar.

Determining the minimum operational costs of H. delivery with a H. storage requires optimization.
Firstly, as H. production will no longer be constant, the electricity price in each time step of the
simulation must be considered. Secondly, operational characteristics and limitations of the H, storage
must be considered.

7.1.1 Operational characteristics and limitations of hydrogen storages

The maximum H, withdrawal and injection rates are limited for all geological gas storages. The
maximum LRC withdrawal and injection rates used here are based on values calculated for the Skallen
LRC as part of the HyUnder project, which is the only known detailed reference in the open literature;
the underlaying assumption is that identical pressure change rates are achievable when storing NG
and H. [16]. Consequently, a 640 t H. working gas capacity LRC has maximum withdrawal and
injection rates of 86.4 and 31.2 t H./d, respectively. This maximum withdrawal rate is equivalent to
27% of the H-DR H, demand. The maximum allowable withdrawal and injection rates are then
assumed to scale linearly with the LRC working gas capacity. The maximum LRC H. injection rate
determines the maximum allowable EOC. For the 2 Mt/y H-DR-EAF plant considered here, the
maximum EOC is, thus, 10% for a Skallen-sized LRC. For comparison, a case with an LRC-based
storage with a five times larger storage working gas capacity (3 200 t H.), which has an allowable
withdrawal rate in excess of the H, demand of the H-DR process, is also considered.

Some notable operational characteristics that differentiate CH;OH-based storage from geological
storage include the minimum load of the CH;0H production process, the H. losses in MSR, and the
independent sizing of the three main components (production process, storage, MSR process). It is
assumed that the minimum load of the CH;0H production process, taken to be 20% of its nominal
rate capacity, is maintained via H, production by electrolysis. In theory, the minimum H, demand of
the CH30H production process could be fulfilled via oversizing the MSR process, but such options are
not explored here.

The maximum allowable H. storage and release rates can be chosen independently of the storage
volume for a CH;0H-based storage. This opens up further optimization opportunities. However, only
the case that the MSR process is sized to deliver the entire H, demand of the H-DR process (315 t/d)
is considered as this minimizes the H-DR electricity demand during electricity price peaks. The heat
necessary for the MSR process is assumed to be sourced via the partial combustion of released H.,.
One optimistic case where the heat demand for the evaporation CH;OH and H.O can be fulfilled via
heat integration with the H-DR-EAF process (as discussed in section 6.1.2) and one pessimistic case
where the only source of heat for MSR is combustion of part of the released H, are considered. In the
optimistic case, 10% of released H. is lost in the MSR process. In the pessimistic case, the share of
released H, that must be combusted increases to 20% [307, 515]. The assumed combined burner and
heat exchange efficiency is higher in the pessimistic case (90% vs 70%) as a large part of the supplied
heat is at a lower temperature for the evaporation process (see Figure 18) [515]. No other H. losses
are assumed to occur during the CH;OH-based H. storage cycle.

The H. storage filling processes are associated with certain electricity demands in addition to that of
producing the stored H, via electrolysis. In the case of LRC storage, H, produced via electrolysis must
be compressed to a varying pressure. Maximum and minimum allowable LRC pressures are
approximately 230 bar and 10—30 bar, respectively [16]. The necessary minimum compression work
for H. injection depends on the electrolyzer outlet pressure and the pressure in the LRC when
injection occurs. The actual compression work also depends on the compressor efficiency. In practice,
large-scale H, compression takes place in multiple stages with intercooling to increase the overall
efficiency of the process and avoid unsafe gas temperatures inside the compressors [546, 547]. For
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multistage compression of H. considering a typical isothermal single-stage efficiency of 0.7 and
intercooling using cooling water between each stage, the total electricity demand can be approximated
via the following logarithmic equation [343, 548]:

p
Pcomp =12 IOg(p_z) (11)
1

where p; and p. are the inlet and outlet pressures of the H. compression process, respectively.
Assuming that the LRC is half-filled on average (equivalent to a pressure of 125 bar) and an
electrolyzer output pressure of 20 bar, the average compressor work is approximately 1.0 kWh/kg H.,
which is the value used in the model. If the storage usually operates at higher pressures than 125 bar,
this assumption may be considered optimistic and vice versa.

Literature estimates of the electricity demand of CH;0H production from H, and CO. considering an
electrolyzer output pressure of 20—30 bar are 0.5-1.6 kWh/kg H.,, as seen in section 5.5.5.3. An
intermediate total CH;OH production electricity demand of 1.0 kWh/kg H. is assumed in the model.

7.1.2  Storage operation optimization

The goal of the developed storage operation optimization method is to minimize the specific
operational cost of delivering H. to the H-DR process for a given series of electricity prices. The
specific operational cost of H, delivery is the sum of the electricity costs of the electrolyzers and the
storage in each time step (i) of the simulated period divided by the total amount of H. delivered to the
H-DR process during the simulated period:

Celec,i + Csto‘re,i

OPEX, = Z —etecd _ storel
storage i My —pri (12)

Equation (12) is the objective function of the optimization problem. For a given vector of simulated
electricity prices, EOC, and, in the case of CH;OH-based storage, CH;OH production process
minimum load, OPEXorage depends only on the amount of H. produced in each time step of the
simulated period, i.e., the electrolyzer operating profile (7i,;e.):

melec = [melec,l Mejec2 melec,n] (13)

where e, is the mass of H, produced via electrolyzers in time step i and n is the number of time

steps in the simulated period. The electricity costs of the process electrolyzers (Cec,i), including EOC,

is calculated in each time step i by multiplying the electricity price by the electrolyzer electricity

demand (E.c) and the amount of H, produced in the time step:
€ (14)

Celec,i = Meiec,i * Eelec [th]i
The electricity cost of the storage process is calculated similarly, but considering the electricity
demand of the storage process (Estre) and the mass of H, stored per time step (mstore,;) instead:

€ (15)
Cstare,i = Mgtore,i Estore [Whl]
eld;

The amount of H, that is stored (m,y. ;) in each time step depends on how much H. is produced. In
the LRC case, any H. production in excess of the H-DR H. demand is stored. In the CH;OH-based
storage case, any H, produced in excess of the combined H, demand of the H-DR process and that
needed to maintain the minimum load of CH;0H production is stored.
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The value that the elements of 7, can assume is subject to different upper and lower bounds
depending on whether H, is stored in an LRC or as CH;0H. In the LRC case, the lower and upper
bounds are determined by the maximum allowable H, withdrawal rate from the storage and the EOC.
In the CH;0H case, the upper boundary is also determined by the EOC, while the lower bound is
determined by the minimum load of the CH;OH production process.

The electrolyzer operating profile (i7,,.) is also subject to both linear and nonlinear constraints.
These constraints are related to the operational limitations of the storages. For LRC storage, no H.
losses are assumed to occur during the storage procedure. Consequently, the total amount of H,
produced during a simulated period is identical to the H. demand of the H-DR process (as the storage
is assumed to be equally filled at the start and end of all simulated periods). This can be formulated

as a linear equality constraint:
— 16
Z Meiec,LRC = Z My—prii (16)
i

For the LRC case, the nonlinear constraints relate to the (working gas) filling level of the storage,
which cannot exceed the maximum LRC storage capacity (Fill}%) or be below zero at any time step.
This can be formulated as a set of two inequality constraints:

0 < Fillypc; + (Mejoc; — My_pry) < FillME (17)

The same storage fill constraints also exist for CH;OH-based storage. In addition, as some of the
stored H. is combusted to provide heat for the MSR process, the assumption of equal storage fill level
at the start and end of each simulation arises as a nonlinear equality constraint. The storage fill level
change of the CH;0OH-based storage as a function of the H. produced via electrolyzers in time step i
depends on whether the MSR process is operated or not:

Min .
(Meteci — Mu—pri — mCH30H) > 0:

. . (18)
Filley,on,iv1 = Filleygoni + (Meteci — My—pri)
(Meteci — Mu-pri — m?ﬁ?oa) <0: (19)

1

. _ Min
7) (Mu_pri — Meteci + mCH30H)
1 — lossysr

Filleyomiv1 = Fillcy,om + mlgbZLOH - (
The MSR process must provide H. to the H-DR plant if the electrolysis H. production is lower than
the sum of the H. demand of the H-DR process and the H. demand of maintaining the minimum load
of the CH,OH production process (m{%,,). When the MSR process is operated, the H. lost to provide
heat for the MSR process must be accounted for, which is the purpose of equation (19). The sum of
all changes in CH;OH storage fill per time step is zero if the storage is equally filled at the start and
end of the simulated period:

Z(Fillcy3oy,i+1 — Fillcy,on,:) = 0 (20)

i

Consequently, additional H. must be produced when a CH;OH-based storage is implemented in the
H-DR process to compensate for H, lost in the MSR process under the assumed conditions.

The objective function, the upper and lower bounds of the mass of H. produced via electrolyzers in
each time step (Meiec,i), and all linear and nonlinear constraints are utilized to define the non-linear
H. storage optimization problem in MATLAB® R2019. Finally, the built-in NLP solver ‘fmincon’ is
utilized to solve the optimization problem (using the standard settings for the solver and the ‘interior-
point’ algorithm).

66



The output of the optimization procedure, values of OPEX;,rqqe PET equation (12), can be used to
evaluate the overall profitability of investment into the simulated storage configuration using
equation (9). Note that some of the input parameters of the optimization method, e.g., assumptions
regarding EOC and the maximum storage capacity, also affect CAPEX,,.

7.2 ILLUSTRATIVE OPTIMIZATION RESULTS

Here some selected results from the optimization method described in the previous section are
presented. Further results utilizing this same method can be found in paper V. Results shown here
are mainly used to provide material for discussing differences in integrating an LRC or a CH;OH-
based H. storage in an H-DR process. Electricity prices from SE1 during 2020 is utilized as an
example throughout this section. Results for a 50% EOC CH;0H-based H. storage, assuming a 20%
H. loss in MSR and a 10 000 t H. storage capacity, are seen in Figure 24.
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Figure 24: Day-wise optimization for operation of methanol-based hydrogen storage for SE1 2020 scenario with an
electrolyzer overcapacity of 50%, a storage capacity of 10 000 t hydrogen, and a 20% methanol steam reforming hydrogen
loss.

Clearly, a CH;OH-based storage has the potential to allow for significant flexibility in H. production
when integrated into an H-DR process. In the case shown in Figure 24, the operational cost of H»
delivery could be reduced by approximately 22% compared to the case without a H, storage, even
though the total H, production during the period is around 5% higher than it would have been without
a storage due to MSR losses. This is achievable because H., is predominantly produced when electricity
prices are low. When electricity prices are high, the MSR is operated and the electrolyzers are operated
at minimum capacity (decided by the minimum load of the CH;0H production plant)



The CAPEX, of the CH;0H-based storage configuration in Figure 24 is 0.23 €/kg H. for a specific
EOC investment cost of 500 €/kW. This is higher than the expected savings in operational costs (0.16
€/kg), rendering the investment into storage unprofitable in this case. This is also true if a lower MSR
H. loss of 10% is assumed, although the savings in H. delivery operational costs do decrease (27% vs.
case without storage, OPEX reduction of 0.20 €/kg). Assuming a lower specific electrolyzer
investment cost of 300 €/kW leads to a storage CAPEX, of 0.18 €/kg H. and, thus, profitability in the
case of 10% H, MSR loss. Despite the large assumed storage capacity (10 000 H.,), the storage fill level
reaches both close to 0% and 100% on multiple occasions during the simulated year of operation.
Considering the relatively low cost of H. storage capacity for CH;OH-based storage, investment into
a larger storage may, thus, be justified in this case.

Increasing the H. storage capacity in CH;OH allows for an increasingly seasonal pattern of H. storage.
This can be seen in Figure 25, where a larger storage capacity of 30 000 t H. has been assumed for
the same electricity price scenario.
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Figure 25: Day-wise optimization for operation of methanol-based hydrogen storage for SE1 2020 scenario with an
electrolyzer overcapacity of 50%, a storage capacity of 30 000 t hydrogen, and a 10% methanol steam reforming hydrogen
loss

Here, when the storage capacity is larger, the storage can be near-continuously filled from early march
until mid-august. This allows for all electricity price peaks during the latter part of the year to be
covered by the storage; the average H. production via electrolysis is just 223 t/d during the final 135
days of the year (71% of the nominal H-DR H, demand). As a result, the year-average reduction in H,
delivery cost achieved by storage increases to 0.24 €/kg H,. The increased CAPEX, of the total storage
system due to the larger CH3;0H storage capacity is simultaneously moderate (less than 3%),
rendering the storage investment profitable in this case.
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Storage operation optimization results for a 640 t H, working gas capacity LRC storage are shown in
Figure 26.
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Figure 26: Day-wise optimization for operation of lined rock cavern hydrogen storage for SE1 2020 electricity prices with an
electrolyzer overcapacity of 10% and a storage capacity of 640 t hydrogen.

The effects of introducing a 640 t H. capacity LRC on the overall economics of H. delivery to the H-
DR process are relatively minor. The maximum reduction in the operational cost of H. delivery caused
by LRC integration is around 6% (0.04 €/kg H.), which is outweighed by the CAPEX, of the storage
(0.06 €/kg H. for a specific LRC capacity cost of 42 €/kg H. and a specific electrolyzer investment
cost of 500 €/kW). This 640 t H, LRC is simply too small and limited in terms of withdrawal and
injection rates to significantly alter the cost of H. delivery to the H-DR process. Even during electricity
price peaks, process electrolyzers still must produce a minimum of 229 t H./d, approximately 73% of
the H-DR demand. For the CH;OH-based storage considered in Figure 24, the equivalent minimum
H. production rate is just 10% of the H-DR demand.

Results seen for five times larger (3 200 t H.) LRC storage are seen in Figure 27. The maximum H,
injection rate of this LRC allows for an EOC of 50%, identical to the one of the CH;OH-based storage
considered previously, and the maximum withdrawal rate is in excess of the H. demand of the H-DR
process. If this LRC is completely filled, it can completely supply the H-DR plant with H, for around
ten straight days before being completely emptied (considering only the working gas).
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Figure 27: Day-wise optimization of lined rock cavern hydrogen storage operation for SE1 2020 with an electrolyzer
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This larger LRC has a far greater ability to affect the cost of H-DR H., delivery. However, despite the
much larger storage capacity, the LRC still reaches often both close to 0% and 100% fill throughout
the simulated year, indicating that an even larger storage capacity would be beneficial for storage
operation. As a result, the reduction in the operational cost of H. delivery compared to the case
without a storage is actually less than for the CH;OH-based storage case in Figure 25 (0.18 €/kg H.
for LRC vs. 0.24 €/kg H. for CH;OH-based storage with the same EOC). In addition, the CAPEX, of
this larger LRC storage option is also higher, around 0.30 €/kg H. vs. 0.23 €/kg H. for a specific
electrolyzer investment cost of 500 €/kW. Increasing the LRC storage capacity even further has a
larger negative effect in terms of increasing CAPEX, compared to the positive effect of reducing the
operational cost of H. delivery to the H-DR process; increasing the LRC storage capacity to 4 500 t
H2 reduces the operational cost of H, deliver by less than 0.02 €/kg H..

7.3 REFLECTIONS ON OPTIMIZATION METHOD RESULTS

The storage of H, in gaseous form in an LRC or as CH;OH via reversible CO, hydrogenation are two
very different approaches to the same problem. Differences in the techno-economic performance of
the two approaches stem from their different investment costs and operational characteristics. Even
though H. storage in an LRC is more efficient and avoids the H. losses of MSR, the CH;OH-based
storage achieves larger reductions in H. delivery cost in the example considered in section 7.2,
particularly when the CH;OH storage capacity is large. The CH;OH storage system also has an around
20% lower CAPEX, than the 3 200 H, working gas LRC. The conclusion is that certain losses during
H. storage may be tolerable as long as the storage allows for H. production via electrolysis to be highly
concentrated to periods with relatively low electricity prices. The H, lost in the MSR process is
produced at a relatively low electricity price on average, reducing the negative impact. Likewise, the
minimum load production of CH;OH is also primarily utilized to replace H. production at particularly
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high electricity prices (as all produced CH;0H is also reformed during the simulated period due to
the optimization method constraints).

No limitation on the allowable LRC annual turnover frequency was assumed when generating the
optimization results seen in section 7.2. However, these results indicate that optimal LRC operation
for integration with an H-DR-EAF plant may require annual turnover rates far higher than those
typically encountered in geological NG storage. The calculated LRC annual turnover frequencies for
the cases in Figure 26 Figure 27 are both around 20, which can be compared to the typical maximum
of 10—12 achieved for NG salt cavern and LRC storages [16, 289]. It is presently uncertain whether
this kind of LRC operation is feasible, particularly for one storing H.. This highlights part of the
challenge of adapting existing geological NG storage technologies to H. storages for H-DR-EAF
plants.

The ability for any H. storage to reduce the costs of H. delivery to an H-DR process will, as previously
discussed, depend on the encountered electricity prices to a very large extent. For the SE1 2020 case
considered in section 7.2, the average electricity price was rather low (14 €/MWh) and there were few
high price peaks (prices exceeded 50 €/MWh on only three occasions). Consequently, the electricity
cost of H. production was relatively low during this period even in the absence of a storage (0.7 €/kg)
and there is, thus, little room for reductions in H, production electricity costs. Larger reductions in
H. delivery costs can be achieved in other scenarios. As an example, electricity prices in SE1 during
2021 were both higher (42 €/MWh on average) and considerably more volatile than during the
previous year. In this scenario, the 10% H. MSR loss, 30 000 t capacity CH;OH-based storage
achieves a reduction of the operational cost of H. delivery cost by 0.50 €/kg H., while the 3 200t LRC
achieves a reduction of 0.46 €/kg H.. Consequently, investment into any of these two storages is
potentially profitable for this scenario, although the potential is higher for the CH3;0H option (0.26
€/kg H, overall cost reduction vs. 0.16 €/kg H, for the LRC considering an EOC cost of 500 €/kW).

The results shown in section 7.2 are based on several parameter assumptions. A sensitivity analysis
of important storage parameters is included in paper V. For CH;OH-based storage, the most
important parameters are the input EOC (and associated CH;0H production capacity), the CH;OH
production minimum load, and the MSR H. loss. The CH;OH production storage capacity matters
less as long as it is sufficiently large to avoid operational limitations; this effect was, e.g., seen when
increasing the storage capacity from 10 000 t H, in Figure 24 to 30 000t H, in Figure 25. Determining
the minimum CH3;OH storage capacity needed to avoid operational limitations is discussed further in
section 8.3. The minimum load of the CH;0H production process has been assumed to be 20% of the
nominal load. Lower minimum loads may be feasible according to certain equipment suppliers and
would improve storage economics [474]. The impact of MSR H2 loss on the economics of CH3OH-
based H2 storage for H-DR plants is investigated further in section 8.4.

The developed deterministic method is useful in that the maximum achievable reductions in H-DR
H. delivery cost via storage can be determined, which allows for the techno-economic performance of
LRC and CH;0H-based H. storages to be compared under identical conditions. Nevertheless, the
developed method does not necessarily model realistic storage operation due to assumptions
regarding, e.g., perfect electricity price foresight and the H-DR plant being a price taker.

In practice, electricity prices will not be known to the H-DR plant operator in advance. While
reasonably reliable short-term electricity price forecasting methods are available, it is exceedingly
difficult to predict, e.g., a full year of prices in advance with any degree of certainty and this will in all
likelihood remain the case in the foreseeable future, e.g., due to the inherent unpredictability of solar
and wind power [12, 265]. This makes the investment into a H, storage inherently associated with a
certain amount of risk. If the electricity market should develop such that electricity prices are
relatively stable over time, e.g., due to other large investments into electricity storage or dispatchable
electricity generation, the H, storage risks becoming a stranded asset, i.e., potentially abandoned
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before the end of its economic lifetime. One way in which this risk could be at least partially mitigated
is to introduce the option to sell accumulated CH;OH to external customers, which may potentially
improve the utilization of the CH3;0H production process. This approach is discussed in the next
chapter.

The price taker assumption is more complex to evaluate considering that it involves the dynamics of
the entire electricity system in which the H-DR plant operates. As discussed at the start of this chapter,
the introduction of a H. storage into the H-DR plant may allow for a reduction in overall plant
electricity costs not only due to the avoidance of H, production via electrolysis during electricity peaks
but also due to positive synergies with variable renewable electricity generation. The latter effect is,
as previously mentioned, not included in the present analysis but could significantly improve the
overall economic prospect of H. storage in an H-DR plant. The results presented in this chapter
should, therefore, not necessarily be considered wholly optimistic, despite the assumption of perfect
foresight, due to the absence of this variable renewable electricity synergy effect. Indeed, if the
electricity demand of an H-DR plant is to be mostly met by additional wind or solar power it may even
be this synergy effect enabled by large-scale H. storage that allows for the plant to be built in the first
place.
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8 CO-PRODUCTION OF METHANOL IN HYDROGEN DIRECT REDUCTION
STEELMAKING (PAPER VI)

The results in the previous chapter indicate that CH;OH-based H. storage for H-DR processes may
be techno-economically competitive with storage in LRCs in certain scenarios. The purpose of this
chapter is to expand upon results in the previous chapter by evaluating different CH;OH-based H.
storage configurations for integration with an H-DR-EAF plant, including the option to also sell
CH;OH to external customers.

The costs of storage capacity have a major influence on the overall cost of an LRC H. storage, but not
for one based on CH;OH. Furthermore, should there arise an acute shortage of CH;OH or CH;0H
storage capacity, this can potentially be momentarily increased via, e.g., the use of a tanker ship or
other temporary storage means. Therefore, a calculation method specifically for CH;OH-based H.
storage was developed in which the storage capacity is an output parameter instead of an input. The
output CH;OH storage capacity is the minimum capacity needed to prevent any storage operation
limitations. As seen in the previous chapter, the CH;OH storage capacities needed to avoid these
limitations must not necessarily be exceedingly large. This ostensibly simple alteration of the
calculation approach has significant repercussions for the storage operation optimization
calculations. Firstly, the chronological order of data points becomes irrelevant. Secondly, the NLP
optimization problem is reduced to a much simpler linear form that can be solved analytically. From
a practical standpoint, this simplification results in a dramatic decrease in computational strain,
which is beneficial for screening different CH;OH storage configurations presented in this chapter.

A unique aspect of CH;OH-based H. storage compared to the storage of gaseous H. is that the stored
CH;OH has an inherent added value as a chemical or fuel and can also easily be distributed via ship,
truck, or rail [456]. Therefore, the possibility to also sell off part of produced CH;0H to an external
actor was integrated into the developed linear calculation method [380]. The hypothesis is that
integrating the possibility of selling CH;OH may allow for increased utilization of the CH;OH
production process and, thus, profitability, particularly in scenarios when a storage-only strategy is
largely ineffective, e.g., those featuring long periods of relatively low and stable electricity prices.
Therefore, CH;0H co-production may be a way of hedging investments in CH;OH-based H. storage
against uncertain electricity market conditions. Introducing the possibility to sell CH;OH does not
significantly affect the investment cost of the CH;OH-based H. storage as all necessary equipment is
already in place. Furthermore, the demand for fossil-free CH;OH is expected to increase considerably
over the coming years due to the decarbonization of different industries, ranging from plastics
production (via the methanol-to-olefins process) to marine fuel [35, 451, 549, 550].

8.1 CALCULATION METHOD

The calculation method developed for paper VI is, in contrast to the NLP-based method described in
the previous chapter, linear and non-iterative. This is allowed by assuming that no storage operational
limitations due to CH;OH storage capacity arise. Like the NLP-based method, the purpose of this
linear model is the identification of the electrolyzer operating profile that minimizes the operational
cost of H. delivery to an H-DR-EAF plant. This is achieved by concentrating EOC and MSR utilization
to periods with low and high electricity prices, respectively.

The starting step of the method is to organize the electricity prices of the period to be simulated in
ascending order, i.e., as a duration curve. Only full-year daily resolution electricity price data is used
here and in paper VI. The maximum available electricity price gradient between H. storage and
release can now be identified by considering the first and last data days of the duration curve. The
contribution margin of H, storage (CMsiorage) between these two days can now be described as the
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avoided cost of H, production at the high electricity price (/€/MWhelnigr) subtracted by the cost of
overproducing and storing H. as CH;0H at the lower electricity price ([€/MWheifiow)-

€
M storage = [ ]

Whe[ " Eeec * My, avoided — [Whel ow ) (Eelec + Estore) "My, stored (21)

high
Due to MSR H. losses and the electricity demand of CH;0H production, a certain minimum electricity
price difference between filling and emptying the storage ([€/MWheinigh-[€/MWheJiow) is necessary
to reach a positive CM. This will not always be achievable—as we move from the outside towards the
middle of a given electricity price duration curve (around the average electricity price of the
considered period), electricity price differences grow smaller. When a positive CM cannot be reached,
storage should be avoided. Three CH;0H storage system operating modes can, thus, be defined:

1. Storage: the electricity price is relatively low and H. in excess of the H-DR demand is
produced. This excess H. is stored as CH;OH.

2. Reforming: the MSR process is operated and electrolyzers are at minimum load.

3. Neutral: storage has a negative CM. As little H, as possible is stored to minimize losses.

Due to the minimum load of the CH;0H production process, some H, must still be produced even if
the CM of H. storage is negative. However, as it is assumed that no CH;O0H is accumulated in the
storage during simulated periods, all CH;OH that is produced is also reformed. It is assumed that this
additional MSR operation occurs at the highest remaining electricity prices during the period not
already covered by positive-CM reforming.

When the CM of storage is positive, as much H. as possible should be stored. The maximum amount
of H, stored per day is limited by the EOC:

My, stored = My—pr " EOC (22)

My, ,avoided = (1 — lossysg) - My, stored = (1 — lossysg) *my_pg - EOC (23)

Due to the high investment cost of EOC and the CH;0H production process, economically optimal
EOCs are typically below unity. Consequently, multiple days in the storage operating mode are
required per day in the reforming operating mode. This means that the electricity prices used to
calculate the CM of storage generally must be weighted average values across multiple days.

Once the storage operating mode for each day of the considered period has been determined, the
operating profiles of electrolyzers, the MSR process, and the CH;OH production process can be
determined and, from there, the specific operational cost of H, delivery to the H-DR process. This can
then be compared to the electricity cost of H. delivery without storage and the specific marginal
investment cost of the storage to assess storage profitability per equation (9).

The description of the CM of storage via equation (21) assumes that heat needed for MSR is sourced
via partial combustion of released H., reflected in the difference between my, sioreq a0d My, avoiged-
However, the equation can be easily modified to consider other MSR heat sources. For instance, if
part of the MSR heat is provided by the combustion of an external fuel, a term that describes the cost
of this fuel as a function of the associated heat demand and the specific fuel cost is added to the right
side of the equation. If the heat for MSR is provided by reactor electrification, the first term of the left
side of equation (21) may be modified to take this into account:

€ €
CMstorage = [Whl] ' (Eelec - Eref) "My, ,avoided — [Whl] * (Eetee + Estore) * My, stored (24)
e elllow

high

Note that the electricity demand of such reactor electrification (E.f) occurs at the higher electricity
price during the reforming operating mode while the additional H, production associated with
providing the heat for dehydrogenation via partial H. combustion occurs at the lower electricity price.
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Whether partial H. combustion or reactor electrification is optimal depends, thus, on the relative
efficiencies of heat supply via the routes and the average change in electricity price between the
storage and reforming operating modes. The economic prospects of different MSR heat supply
options are investigated in section 8.4.

8.1.1 Integrating methanol sales

Allowing the possibility to sell off CH;OH is one of the main purposes of the linear calculation method
described in this chapter. As the produced CH;0H can now be used for two different purposes, it is
necessary to identify a sensible system that decide of how CH;OH sales and reforming should be
prioritized. Theoretically, the optimal choice between selling and storing CH;OH for later reforming
should be based on which option has the highest CM per unit CH;0H produced in every considered
time step. However, prioritizing H. storage whenever CMj:orqge is positive may be beneficial from a
wider electricity system perspective as the responsiveness of the electricity load of the H-DR process
towards electricity price variations is then maximized. Although these effects cannot be quantified in
the present calculation method, this storage-prioritized operation strategy is included for the sake of
comparison.

The CM of CH;OH sales is the difference between the CH;OH sales price and its variable production
cost. The variable production cost of CH;0H production based on CO, and electrolysis is dominated
by the costs of electricity and CO.:

CMsales,CHgoH = (€/tCH3OH) price — (€/tCH30H) var. prod (25)
€ MWh,, € tco,
(€/tcus08) var. proa = [Whez] [ tcygoy] + [E] [m (26)

The CH;0H sales price can be converted into an equivalent electricity price by considering the
electricity demand of its production [471, 551, 552]. This is useful in the present context as it
determines the highest electricity price at which CH;0H can be sold with a positive CM. The linear
relationship between the CH;OH price and its equivalent electricity price described is shown in Figure
28. The effect of different CO, costs is also shown. As in the previous chapter, CO, supply via biomass
oxy-fuel combustion is assumed and the cost of CO. for CH;0H production is taken to be zero in
calculations, i.e., it is assumed that there exits an excess of electrolyzer O. byproduct so that the
opportunity cost of utilizing it for oxy-fuel combustion is zero.
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Figure 28: Equivalent electricity price of methanol as a function of the selling price and the carbon dioxide price. When the
electricity price is below the equivalent methanol price, methanol can be sold with positive contribution margin.

The equivalent electricity price for a CH;0H production cost of 500 €/t is approximately 52 €/ MWh
for a zero CO, cost. The CH;OH production cost increases by approximately 69 €/t for a CO, price of
50 €/t. Therefore, for the CM of CH;0H sales to be positive at an electricity price of, say, 40 €/ MWh,
a minimum CH3OH sales price of 385 €/t for a zero CO. cost or 454 €/t for a CO. cost of 50 €/t is
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required. Considering the CM of CH;OH sales on a per unit H, basis to enable comparison with the
CM of H. storage via equation (21) yields:

€ €
CMsgiesn, = <[Whez] - [Whe[]ﬂ) * (Eetec + Estore) (27)

This equation can be compared to the CM of storage to determine whether CH;OH sales or storage is
most economically beneficial for every time step of a simulated period. If H. storage is prioritized,
storage is chosen whenever it can be achieved with a positive CM. Selling CH;OH is then only an
option during days when the CM of storage is negative but the CM of sales is still positive.
Alternatively, the option with the highest CM in each data point of the considered period is chosen.
To enable comparison with cases without CH;0H sales, the CM of any sales of CH;0H is assumed to
be entirely allocated towards decreasing the operational cost of H. delivery to the downstream H-DR
process.

CH30H

The attractiveness of introducing the possibility to sell off CH;OH from the H-DR plant naturally
depends on the CH;OH sales price. As NG is both the main chemical feedstock and fuel in most
CH,3OH plants today (at least outside of China), the market price of CH;0H closely follows that of NG
[452, 553]. Methanex Corporation’s regularly posted regional contract CH;OH market prices are the
typical benchmark values [554]. Historical month-wise European CH;OH market prices from
Methanex are shown in Figure 29. The average price during the last five years is around 350 €/t, but
it can be seen that prices have generally increased over time. The latest posted European market price
at the time of writing (March 2022) is 505 €/t CH;0H, which is particularly high compared to
historical values.

Methanol market price (€/t)

Figure 29: European methanol contract market prices from Methanex with a linear trendline [554].

A certain price premium may be expected if CH;O0H is produced from non-fossil sources [463, 555].
However, as the current market for fossil-free CH;0H is very small, it is difficult to estimate the
magnitude of this premium [197, 451, 455]. According to both CRI, currently the largest producer of
electrolysis-based CH;OH, and Energinet, the Danish national transmission system operator, fossil-
free CH;0H can currently be sold via long-term fixed price agreements at 550—600 €/t [471, 552].
Similar acceptable fossil-free CH;OH market prices have also been assumed in the scientific literature
[463, 555]. Two different CH;OH market prices are considered in the upcoming analysis to assess its
the effect on the economics of allowing CH;0H sales: 350 €/t (equivalent electricity price 36
€/MWh), similar to the recent average fossil CH;OH process, and 550 €/t (equivalent electricity price
57 €/MWh), assumed to be a competitive price for fossil-free CH;0H.
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8.2 COMPARISON WITH THE NON-LINEAR PROGRAMMING OPTIMIZATION METHOD

In the absence of the possibility to sell off CH;0H, the linear calculation method described in this
chapter gives, as expected, very similar results as the NLP-based method described in chapter 7 when
a sufficiently large CH;OH storage capacity so that operational limitations can be avoided is assumed.
Optimized electrolyzer load profiles for SE1 2020 considering an EOC of 50%, a 10% H. loss in MSR,
and, for the NLP method, a 30 000 t H, storage capacity for the two methods are shown in Figure 30.
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Figure 30: Optimal electrolyzer load profiles calculated using methods described in chapters 7 and 8. Electrolyzer
overcapacity: 50%, methanol steam reforming hydrogen loss: 10%. Storage capacity in non-linear programming case:
30 000 t H,. Electricity prices are from SE1 during 2020.

The difference in the calculated specific operational cost of H. delivery between the two methods is
around 0.1%. The linear method gives, per definition, a slightly lower optimized H. delivery
operational cost due to its non-iterative nature. Increasing the number of allowed iterations in the
NLP solver algorithm would lead to even more similar results.

8.3 GENERAL TRENDS FOR METHANOL-BASED HYDROGEN STORAGE

The three operating modes of the CH;OH-based storage can clearly be perceived if results from the
linear method are plotted based on the electricity price duration curve. This is seen in Figure 31 for
electricity prices from SE1 during 2020, considering EOCs of 50% and 25%.
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Figure 31: Storage-optimized electrolyzer operating profiles for SE1 2020 with electrolyzer overcapacities of 25% or 50%.
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In the case of SE1 2020 the storages are very rarely in the neutral operating mode (8 days for 50%
EOC, 19 days for 25% EOC). This indicates that a positive CM of storage can often be achieved, leading
to a relatively high storage utilization in both cases. This is partially due to the rather steep incline of
the electricity duration curve. Duration curves more commonly have a broad relatively flat middle
section with relatively few instances of low or high electricity prices. Such a case can, e.g., be found
for SE1 during 2019, which is seen in Figure 32.
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Figure 32: Storage-optimized electrolyzer operating profiles for SE1 2019 with electrolyzer overcapacities of 25% or 50%.

In this case, the storage is relatively often in the neutral operating mode (93 days for 50% EOC, 71
days for 25% EOC). As the electricity price was in the range of 25—45 €/MWh for over 80% of days
during 2019 in SE1, a high CM of storage can rarely be reached. Due to this absence of electricity price
volatility, the storage becomes an economic burden, increasing the overall H-DR-EAF plant
investment cost without significantly reducing the operational cost of H, delivery. Of course, this
dependency on electricity price volatility applies to all kinds of H. storages, not just those based on
CH,OH.

Indeed, in the absence of operational limitations due to storage capacity, the potential to reduce the
costs of H, delivery via CH;OH-based storage is well-correlated (R2>0.9) with the electricity price
volatility. This trend can be seen in Figure 33, where the standard deviation of the electricity price in
electricity pricing zones SE1, SE4, and DK1 for all years from 2013 to 2020 (a total of 24 electricity
price scenarios) are plotted against the calculated achievable reduction via H, storage in CH;0H,
considering an EOC of 50% and an MSR H. loss of 10%.
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Figure 33: Correlation between electricity price volatility (with standard deviation as a proxy) and the achievable reduction in
operational cost of hydrogen delivery to a hydrogen direct reduction process. Each dot represents average values of a year
in SE1, SE4 or DK1 during the period 2013-2020.
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Based on the trend seen in Figure 33 and the CAPEX, of CH;0H-based H. storage systems (0.24 €/kg
H. for an EOC investment cost of 500 €/kW and a 30 000 t H. capacity), a minimum electricity price
standard deviation of at least 12-14 €/MWh is likely necessary to reach storage profitability.
Evidently, this has rarely occurred in any of the considered electricity pricing regions during the
period 2013—2020. However, a trend towards increasing electricity price volatility over time can be
seen.

As mentioned at the start of this chapter, the minimum CH3;OH storage capacity needed to avoid
operational limitations is an output of the linear calculation model. A clear trend between the EOC
(and associated CH;OH production capacity) and this minimum necessary CH;O0H storage capacity
to avoid operational limitations is seen, per Figure 34.
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Figure 34: Minimum required hydrogen storage capacity to avoid operational limitations for methanol-based storage as a
function of the electrolyzer overcapacity. Methanol steam reforming hydrogen loss: 10%.

For 10% EOC, a storage capacity of 8 000 t is sufficient in all scenarios, with an average of around
5000 t H.. This increases to an average of 16 000 t H. for a 50% EOC. The low cost of CH;0H storage
renders such large H. capacities relatively easily attainable; a single 100 000 m3 floating roof CH;OH
tank can hold 10 000-15 000 t of H» [456, 531]. In comparison, the storage of H, in an LRC will nearly
always be associated with certain operational limitations due to storage capacity—an 8 ooo t H,
working gas capacity LRC (excluding additional costs of EOC) will likely have an investment cost in
excess of that of the H-DR electrolyzers.

8.4 ECONOMIC IMPACT OF METHANOL STEAM REFORMING HEAT SUPPLY OPTIONS

The heat required for the MSR process can be generated in different ways. In this section, the impact
of the MSR heat supply on the overall ability of CH;OH-based storage to reduce the H-DR H. delivery
cost is investigated using the linear calculation method described at the start of this chapter. First, the
impact of H, losses in the MSR process on the ability of the storage to reduce the operational cost of
H delivery is analyzed. Results of this analysis in terms of the average reduction in H, delivery
operational cost over all full years of electricity prices in SE1, SE4, and DK1 during 2013—2020 are
seen in Figure 35. Also seen are results for the previously suggested hybrid heat supply process (per
Figure 18) at two biomass price levels (20 and 40 €/ MWh).
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Figure 35: Correlation between hydrogen losses in methanol steam reforming process and the average reduction in
operational cost of hydrogen delivery achieved by storage in methanol across 2013-2020 in SE1, SE4, and DK1.

The impact of MSR H. loss on the economics of CH;OH-based H. storage is clearly rather substantial.
The average difference in the achievable reduction in H, delivery operational cost between a 10% and
20% H.loss is around 50%. For the electricity prices considered here, the hybrid heat supply approach
appears competitive with partial H, combustion, especially if the CH;OH and H,O preheating and
evaporation heat must also be supplied via combustion of H,, i.e., if integration with the H-DR-EAF
plant (as described in section 6.1.2.1) cannot provide this heat. This also applies to the higher biomass
price of 40 €/MWh. As mentioned previously, biomass for this type of large-scale industrial use may
be sourced at even lower prices than 20 €/MWh in Sweden or Finland, which would further increase
the attractiveness of the hybrid heat supply approach [91].

MSR reactor electrification has been suggested and appears technically feasible. Such electrification
could allow for more flexible MSR reactor operation and is associated with more efficient heat transfer
compared to when a fuel is combusted to provide the reaction heat [428]. Assuming optimistically
that a 99% H. recovery separation method can be realized yields the results seen in Figure 36 for an
electrified MSR process:
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Figure 36: Correlation between electricity demand of electrified methanol steam reforming process and the average
reduction in operational cost of hydrogen delivery achieved by storage in methanol across 2013-2020 in SE1, SE4, and
DK1. Assumed hydrogen recovery: 99%.

At the minimum theoretical heat demand (excluding evaporation of CH;0H and H.0), the electrified
MSR performs achieves only a 2% larger reduction in H, delivery operational cost compared to the
partial H. combustion option, despite the very high assumed H. recovery in the electrified MSR case.
The difference increases to 11% if it is assumed that 10% of released H. must be combusted in the
non-electrified case. As expected, these results are sensitive towards the electricity price scenario and
more volatile electricity prices favor the partial H. combustion approach. As an example, for SE1
2020, partial H. combustion results in less than a 3% small reduction in H, delivery operational cost
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compared to MSR electrification (in the case that heat for CH;0H and H.O evaporation is not freely
available), despite the optimistic H. recovery assumed for electrified MSR. Consequently, MSR
electrification does not appear particularly attractive in the context of H, storage for an H-DR-EAF
plant. Out of the considered MSR heat supply options, the hybrid approach appears the most
promising option for the considered electricity price scenarios if heat integration with the H-DR-EAF
plant is not possible, particularly for low biomass fuel prices.

8.5 INTEGRATION OF METHANOL SALES IN THE OPTIMIZATION PROCEDURE

Introducing the possibility to sell off CH;OH has the potential to significantly improve the economic
prospect of a CH;0OH-based H. storage system for an H-DR process. As mentioned previously, two
cases for sales integration are considered: one where H. storage in CH;OH is prioritized for grid
balancing reasons and one where CH;O0H is sold off whenever a positive CM higher than that of H.
storage can be achieved. The hybrid MSR heat supply process has been assumed in all cases with a
biomass price of 20 €/ MWh.

8.5.1 Prioritizing storage

If utilization of the CH;0H production process for storage is prioritized, the effect of CH;OH sales on
the operational cost of H. delivery depends on the extent to which the EOC and the CH;OH production
process are already utilized for storage purposes. If there is excess EOC available at electricity prices
below the equivalent CH;0H price, CH;OH can be sold off with a positive CM. Excess EOC is available
when the system is in the neutral or reforming operating modes. If electricity prices are sufficiently
low during the reforming operating mode to allow for CH;0H to be sold off with a positive CM,
CH;OH will be both produced to be sold off and withdrawn from the storage to be reformed. Note
that the overall electrolyzer load will still be well below 100% (e.g., 50% in the case of 50% EOC) in
such scenarios. It is also feasible that electricity prices are too high during neutral or reforming
operating modes to allow for any CH30H to be sold off with a positive CM. In such cases, introducing
the possibility to sell off CH;OH has no effect on the cost of H, delivery. Results for the storage-
prioritized case are seen in Figure 37.
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Figure 37: Effect of electrolyzer overcapacity and methanol sales price on the achievable reduction of the operational costs
of hydrogen delivery to a hydrogen direct reduction process by the integration of a methanol-based hydrogen storage.

The positive economic effect of introducing CH;OH sales is, as expected, most noticeable for higher
EOCs and CH3OH sales prices. In the 550 €/t, 50% EOC case, an average reduction of the operational
cost of H. delivery to the H-DR process of 0.33 €/kg H. can be achieved, an improvement of over
140% compared to the case without CH;0H sales. This renders the storage profitable on average for
an EOC investment cost of 500 €/kW. Cases with lower EOCs or CH;0H sales prices or both see
smaller but still significant average improvements in H. delivery operational costs compared to the
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storage-only case (67% improvement for 25% EOC, 550 €/t; 22% for 50% EOC, 350 €/t; 8% for 25%
EOC, 350 €/t).

Scenarios where H. storage in CH30H is most beneficial do not necessarily coincide with those where
the largest effect of introducing CH;OH sales occurs. The largest reductions in the operational cost of
H. delivery without CH;OH sales are achieved for the SE4 and DK1 2020 scenarios as these feature
the most volatile electricity prices. Allowing CH;OH is most economically beneficial in scenarios with
low average electricity prices, e.g., in all considered pricing regions during 2015, which can be seen in
Figure 38 for cases with 50% EOC. This indicates that the ideas of selling off CH;O0H and utilizing it
as a H, storage medium can indeed essentially be considered complimentary, which then confirms
the hypothesis stated at the start of this chapter.
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Figure 38: Correlation between year-long average electricity price of scenarios and the economic effect of introducing the
possibility to sell of methanol for the case that storage is prioritized over methanol sales. Each dot represents a year in SE1,
SE4 or DK1 during the period 2013-2020.

The CH3;0H price has a major effect on the added value of including the possibility for CH;OH sales.
At 350 €/t CH;0H, the added value of CH;OH sales is never above 0.11 €/kg H, in any scenario and
always zero for average electricity prices above 37 €/MWh. The SE1 2020 case is notable as the added
value of including CH;OH sales is relatively low despite the low average electricity price. The reason
for this is that electricity prices were also very volatile during 2020 in SE1, which means that a large
part of the EOC is already occupied with H, storage, leaving little room for additional CH;OH sales.
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8.5.2 Maximizing the contribution margin of methanol production

When storage is not prioritized over selling CH;OH, larger reductions in the operational cost of H.
delivery can be achieved, especially for larger EOCs, as seen in Figure 39. This is to be expected given
the structure of the applied calculation model. As previously, the effect of CH;OH sales is more
significant for higher CH;OH prices (leading to larger CMs) and higher EOCs (leading to larger

achievable sales volumes).
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Figure 39: Effect of electrolyzer overcapacity and methanol sales price on the achievable reduction of the operational costs
of hydrogen delivery to a hydrogen direct reduction process by the integration of a methanol-based hydrogen storage.

A CH;O0H sales price of 350 €/t is still not sufficient to allow for significant sales volumes in certain
considered scenarios. This occurs for years with relatively high average electricity prices.
Nevertheless, the average improvement of the reduction of operational cost of H, delivery compared
to when sales are not allowed is noticeable even for this lower assumed CH;OH price, particularly for
the 50% EOC case (average improvement is 0.09 €/kg H.). For the higher CH;0H price, a noticeable
improvement compared to the case without sales is always seen. For 50% EOC, the average
improvement compared to the storage-only case is 0.50 €/kg H. across all considered scenarios, with
a maximum of 0.88 €/kg H. for SE1 2020 (the total reduction in operational cost of H. delivery is
1.09 €/kg H,). Nevertheless, the amount of CH;0H sold off varies considerably from scenario to
scenario even for 550 €/t CH;0H depending on the profitability of storage during scenarios (see paper

VD).

As noted previously for the case when H. storage is prioritized over CH;OH sales, there is a correlation
between the average electricity price and the economic improvement compared to the case
considering only H. storage also when storage is not prioritized, as seen in Figure 40. This correlation
is stronger when storage is not prioritized over sales, particularly for the higher 550 €/t CH;0H sales

price, which can be seen when comparing results in Figure 40 and Figure 38,

83



00 SE12020
g . SE12015

c .
%% 08 “e.. @K42015
£ )
2= 07 R*=0,9058 ‘@, opk12016
£80 S
53 s éf7
7 > D
S 06 DK12020 -2 g @
5 S 200
& .
205 o ° 50% EOC (550 €/t methanol)
e .
g2 .. SEigoL
§2 04 ;
53 ° 2y ®  50% EOC (350 €/t methanol)
c 5 .
ge L4 TreesgL 0 Linear (50% EOC (550 €/
S8 Seapig | eeeessees inear (50% t
2 ; 02 ) D“v§§4.zo18 methanol))
52 ° ® o9
t3 01
2 (1)
0,0 L o0
10 15 20 25 30 35 40 45 50

Average electricity price (€/MWh)

Figure 40: Correlation between average electricity price of scenarios and the economic effect of introducing the possibility to
sell of methanol for the case that the contribution margin of methanol production is maximized. Each dot represents a year in
SE1, SE4 or DK1 during the period 2013-2020.

When the average electricity price is relatively high and the CH;OH sales price is low, it is not possible
to sell off significant amounts of CH;OH. In the opposite case, the CH;0H production plant is
essentially exclusively producing CH;OH for export while the MSR process is operated very sparingly.
This is sensible as H. production for the H-DR process is also inexpensive during such electricity price
conditions, rendering the demand for H. storage to cover electricity price peaks low. This kind of
complete switch to CH;OH production for sales is not feasible in the storage-prioritized case
considered previously, resulting in lower CH;0H sales volumes in low-average electricity price
scenarios.

SE1 2020 is the scenario for which the largest difference in economic performance to the storage-
prioritized approach is seen (around 0.6 €/kg). As mentioned previously, when storage is prioritized
due to price volatility, a large portion of EOC is locked up for this purpose, which leads to lower
achievable CH;0H volumes for sale.
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9 DISCUSSION AND CONCLUSIONS

This work presents the first investigation of the techno-economic viability of non-geological H.
storage for fossil-free H-DR steelmaking. The integration of a H, storage in such plants allows for
flexible H. production so that more can be produced when electricity prices are low and vice versa.
This flexibility may improve the economic prospects of fossil-free H-DR steelmaking considerably,
particularly if a large part of the sizeable electricity demand of such plants is planned to be met by
additional wind or solar power. The analysis of non-geological H. storage alternatives presented here
is useful as there are currently many uncertainties regarding the techno-economic viability and
operational limitations of geological H. storages, especially for those not of the salt cavern kind. The
geological formations necessary for the construction of geological H, storages are also far from
ubiquitous, rendering such storages not an option in many important steelmaking regions. This may
be particularly relevant for the conversion of existing BF-BOF steel plants to fossil-free H-DR-EAF as
these were not originally situated with such geological considerations in mind.

Two research questions were posed at the start of this thesis:

e  What non-geological H. storage technologies are most promising for integration with a fossil-
free H-DR steelmaking process from a techno-economic perspective?

e  Could the identified most promising technologies be competitive with geological H. storage,
particularly in LRCs, from a techno-economic perspective?

Both of these questions can be answered based on the material presented in this thesis. The H. storage
technologies most suitable for integration with a fossil-free H-DR steelmaking process from a techno-
economic perspective are in all likelihood the liquid H, carriers. All other non-geological alternatives,
e.g., aboveground gaseous storage, H. liquefaction, adsorption-based storage, and solid hydride-
based storage, are associated with high storage energy demands or prohibitively high investment costs
or some combination thereof, even with optimistic cost development projections. In addition, these
H. storage technologies are also currently at a too low technological maturity for integration with
large-scale H-DR plants in the mid to late 2020s.

Among the liquid H. carriers, CH;OH appears particularly promising for integration into an H-DR-
EAF plant for several reasons: it can store H, at a high volumetric density in liquid form and
atmospheric pressure in conventional floating roof tanks; plants for both CH;0H production from
CO. and MSR are commercialized, mature technologies and both processes also operate at relatively
mild pressures and temperatures; the heat demand of MSR is relatively moderate compared to the
dehydrogenation of other liquid H. carriers; both the CH;0H production and dehydrogenation
processes can also be operated dynamically in response to changes in the electricity price, although
such operation has not yet been demonstrated for large-scale plants.

Nevertheless, the viability of CH;0H as a liquid H. carrier depends to a large extent on the access to
low-cost CO, for its production. Therefore, a concept based on biomass oxy-fuel combustion to
provide both H-DR reducing gas preheating and CO. for CH;0H production was developed in this
work. The O, required for oxy-fuel combustion can be sourced from the H-DR electrolyzers. If the
oxy-fuel combustion process is sized based on the preheating demand of the H-DR process, it can
provide enough CO. to allow for CH;0H production equivalent to an electrolyzer overcapacity in
excess of 50% and its O, demand is less than half of that generated by the H-DR electrolyzers. Biomass
oxy-fuel combustion in combination with CH;0H-based H. storage may be a particularly attractive
option in regions with relatively low biomass prices, e.g., Sweden or Finland.
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Another critical aspect for the implementation of liquid H. carrier-based storages is the cost-effective
supply of heat to the dehydrogenation process. For this purpose, a hybrid MSR heat supply process
was developed and simulated in this work. In this heat supply process, biomass combustion is utilized
to provide the necessary heat for CH;OH and H.O evaporation and preheating, while the MSR
reaction heat demand is supplied via combustion of the off-gas from the downstream PSA gas
separation process. The biomass combustion process is based on an oversizing of the H-DR
preheating furnace so that it is capable of supplying heat for both reducing gas preheating and also
MSR feed evaporation and preheating when this is needed. The H-DR biomass demand increases by
around 40% when the MSR process is operated. This hybrid heat supply process reduces the share of
stored H, that must be combusted to provide heat for the MSR process, which is essential for the
economic prospect of CH;OH-based H. storage. It was also found to be a more economical MSR heat
supply option than reactor electrification in regions with access to relatively low-cost biomass.

The second research question above must be answered with a “yes” considering the techno-economic
results for the CH;OH-based H. storage concept, including biomass oxy-fuel combustion and the
hybrid MSR heat supply process, developed in this work. CH;OH-based H. storage can achieve
similar, or in some scenarios superior, reductions in the operational cost of H-DR H. delivery as an
LRC-based storage but at lower investment costs. CH;OH-based storage is particularly competitive
in scenarios with prolonged periods of high electricity prices due to the low storage capacity cost,
which then tends to outweigh H. losses during the storage cycle. The flexibility of CH;OH storage
component sizing is also a potential advantage over LRC-based storage. Finally, synergies between
the CH;0H-based H. storage concept and SOEL CO. and H.O co-electrolysis to produce carburized
DRI have been noted, e.g., in terms of CO, supply.

If a CH;0H-based H. storage is integrated into an H-DR-EAF plant, it is feasible that there will be
periods where the full CH;0H production capacity cannot be utilized for storage purposes, e.g., due
to alack of long periods of high electricity prices. In such scenarios, the plant operator may potentially
allow for excess CH;0H to be sold off to external customers to provide additional revenue and
improve the utilization of the CH;0H production plant. Therefore, allowing for such CH;0H sales
from the H-DR-EAF plant was investigated and was found to have the potential to improve the
economic performance of CH;OH-based storage further under a wide variety of electricity market
conditions. Integrating the possibility to sell off accumulated CH;OH is particularly beneficial in
scenarios with low average electricity prices where a H. storage is not needed to ensure cost-effective
H. delivery to the H-DR-EAF plant. The idea of also selling off excess CH;0H can, thus, be seen as a
complementary function to its use for H. storage. This approach appears especially promising
considering the expected increases in fossil-free CH;OH demand for, e.g., fuel applications, plastics,
and chemicals production. Nevertheless, implementation of a CH;OH-based H. storage process of
this kind in an industrial-scale H-DR-EAF plant requires not only technical innovation but also the
development of business models that allow for the value of the CH;OH-based storage system
flexibility to be maximized under realistic, uncertain electricity, steel, H,, and CH;O0H market
conditions. It should be noted that this kind of flexible utilization of H. storage assets is not feasible
for geological H, storages, where the storage capacity makes up the vast majority of investment costs.
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A general challenge in terms of identifying the optimal integration of a CH;OH-based H. storage in
an H-DR plant is the current wide range of possible H-DR process design options. Some open
questions include:

e  Will the H-DR plant be stand-alone or integrated with an EAF?

o  Will there exist possibilities for dynamic DRI production with storage?

e How will the reducing gas be heated?

o  Will produced DRI be carburized and, if so, how?

e Which choice of electrolyzer technology is to prefer, low-temperature (AEL, PEM) or high-
temperature electrolysis (SOEL)? In the case of SOEL, is steam or steam and CO. co-
electrolysis the better choice?

The answer to all these questions will affect the optimal choice of CH;OH-based H. storage system
layout for the H-DR plant. Therefore, if a H, storage is to be part of the H-DR process, integration
aspects ought to be included in the early stages of development.

9.1 RECOMMENDATIONS FOR FURTHER STUDIES

Several aspects of the CH;0H-based H. storage suggested here are currently uncertain, including
what storage investment costs can be expected upon integration of such a storage with an H-DR-EAF
plant. Further detailed exploration of potential cost synergies is warranted, particularly regarding the
possibilities for process integration of the H-DR-EAF plant and the CH;0H-based H. storage
investigated in this thesis. The identification of cost synergies between CO,-based CH;OH production
plants and MSR plants is also of interest. Nevertheless, a large part of the investment cost of any large-
scale H, storage will be that of electrolyzer overcapacity unless unexpectedly significant electrolyzer
cost reductions are achieved over the coming years.

The practically achievable performance of the CH;OH-based storage suggested in this thesis is
presently not entirely certain. Although all components of the storage system are essentially fully
mature processes on their own, the combination is new and requires further process design
optimization considering the intended application. Dynamic operation of the storage system is also a
particularly important aspect that requires further investigation, e.g., determination of allowable load
cycling rates, start-up times, and minimum process loads. If more dynamic performance of the
CH;0H-based storage than assumed in this thesis turns out to be achievable, it may be feasible to
optimize its operation for participation in intraday (hourly resolution) or balancing services in
electricity markets.

A critical aspect of CH;OH-based H. storage is the sourcing of CO.. Supplying CO. via biomass oxy-
fuel combustion by utilizing the electrolysis byproduct O. was identified as a potentially attractive
option in this thesis. Such oxy-fuel combustion also allows for the integration of DRI carburization
via rWGS or SOEL co-electrolysis, which may potentially be valuable in certain contexts, e.g., for
stand-alone H-DR plants. However, no large-scale biomass oxy-fuel process is currently known and
further research is needed to evaluate the feasibility of such a process, particularly for woody biomass
fuels. Other heat integration possibilities, particularly for providing part of the heat needed for
CH;OH steam reforming via, e.g., EAF off-gas or DRI cooling heat recovery, were also discussed, but
more research is needed here also to determine the potential of such approaches. Generally, the
identification of the optimal way of integrating a CH;OH-based storage in an H-DR-EAF plant under
realistic operating conditions requires further work.
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Combinations of different storage technologies have not been explored in this thesis but could have
certain advantages, depending, e.g., on the achievable dynamic performance of the CH;OH-based
storage. As an example, a relatively small LRC could be utilized to handle smaller day-to-day
variations in H. production demand while a CH;OH-based storage handles variations over longer
durations, i.e., across seasons. The small amounts of H, needed to maintain the minimum load of the
CH;0H production process when in the reforming operating mode could then also be sourced from
the LRC to allow for H. production via electrolysis to be completely halted. In a similar vein, an
investigation of the potential operational and economic consequences of connecting the H-DR plant
with the associated H, storage to a prospective extensive H, pipeline network, which may potentially
also be connected to other storages, could be of interest.

Finally, wider electricity market-level effects of the integration of different H. storage technologies
with H-DR plants should be investigated in more detail. This thesis has centered on the perspective
of the H-DR-EAF plant operator as an electricity price taker, reacting to changes in electricity price
by varying the electrolysis H. production rate enabled by large-scale H, storage. In practice, the H-
DR-EAF plant will affect the electricity price and the electricity market in which it operates. One such
effect on the electricity market that was just briefly been discussed in this thesis is the positive effect
that large-scale H. storage may have on the profitability of wind and solar power, which could
potentially increase the probability of lower overall electricity prices for the H-DR-EAF operator. The
value of this synergy is complex to quantify, and this was not attempted herein, but is possibly
important for the overall profitability of investment into a H. storage as part of an H-DR-EAF plant.
Considering the results presented in this thesis, it would be useful to know whether this synergy effect
may be more significant for, e.g., a CH;OH-based H. storage than for geological H, storage. This is
not inconceivable considering differences in the operational characteristics and limitations of these
kinds of H. storages, e.g., the lower cost of storage capacity for a CH;OH-based storage.
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