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Abstract 

Nowadays, the need and interest for renewable sources of energy has increased. 
Biogas is a renewable source of energy that can be considered as a sustainable 
substitute for natural gas. Biogas is mainly composed of CH4 and CO2, and 
normally the CO2 content of the gas has to be reduced as it decreases the 
calorific value of the gas and it may also cause corrosion in pipes and other 
equipment. Most today’s technologies used for upgrading biogas have been 
adapted from upgrading of natural gas. However, these technologies are best 
suited for large scale operation; whereas, production of biogas is typically 
several orders of magnitude smaller. This leads to high costs for removal of CO2 
from biogas and consequently, new efficient technologies for upgrading biogas 
should be developed. Membrane-based separations are generally considered as 
energy efficient and are suitable for a wide range in scale of production due to 
their modular design. Zeolite membranes have been singled out as especially 
attractive membranes for gas separations. In this work, we therefore study 
separation of CO2 from CH4 and H2 using zeolite MFI membranes.  
 
The performance of a high-silica (Si/Al ca. 139) MFI membrane for CO2/CH4 
separation was investigated in a wide temperature range i.e. 245 K to 300 K. 
The separation factor increased with decreasing temperatures as is typically the 
case for adsorption governed separations. The highest separation factor observed 
was about 10 at 245 K. The CO2 permeance was very high in the whole 
temperature studied, varying from ca. 60 × 10-7 mol s-1 m-2 Pa-1 at the lowest 
temperature to about 90 × 10-7 mol s-1 m-2 Pa-1 at the highest temperature 
studied. The CO2 permeance was higher than that reported previously in the 
open literature for this separation. Modeling of the experimental data revealed 
that the membrane performance was adversely affected by pressure drop over 
the support, whereas the effect of concentration polarization was small. 
Removing the former effect would improve both the permeance and selectivity 
of the membrane.   
  
In order to investigate the impact of the aluminum content on the performance 
of MFI membranes for the CO2/CH4 separation, MFI membranes with different 
Si/Al ratios were prepared. Increasing the aluminum content makes the zeolite 
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more polar which should increase the CO2/CH4 adsorption selectivity. Again the 
effect of temperature on the performance was investigated by varying the 
temperature in a range almost similar as above. Altering the Si/Al ratio in MFI 
zeolite membranes indeed changed the separation performances. At the lower 
temperatures the separation performance increased with increasing aluminum 
content in the zeolite as a result of larger adsorption selectivity. However, as the 
temperature was decreased, the selectivity of the membrane with the highest 
aluminum content went through a maximum, whereas for the other membranes 
the selectivity continued to increase with decreasing temperature under the 
conditions studied. At the same time, the CO2 permeances were high for all 
membranes studied and for the membrane with the highest selectivity, the CO2 
permeance increased from 65 × 10-7 to 100 × 10-7 mol s-1 m-2 Pa-1 with 
increasing temperature.  
 
High-silica MFI membranes were also evaluated for CO2/H2 separation, which is 
critical for syngas purification and H2 production. The highest CO2 permeance at 
the feed pressure of 9 bar was about 78 × 10-7 mol s-1 m-2 Pa-1 at around 300 K, 
which is one or two order of magnitude higher than those reported previously in 
the literature. By decreasing the temperature, separation factor reached its 
highest value of 165 at 235 K. 
 
In summary, zeolite membranes show great potential for CO2 separation from 
industrial gases, in particular for CO2 removal from synthesis gas. For the 
CO2/CH4 separation the selectivity of the MFI membranes should be improved 
or other frameworks relying on molecular sieving e.g. the CHA framework 
should be explored. 
 
 
 
Keywords: MFI zeolite, Membrane, CO2/CH4 separation, Si/Al ratio  
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Introduction 

Background 

Nowadays, there is a global trend towards finding renewable sources of energy 
and raw materials for chemicals [1] and to reduce emissions of greenhouse 
gases. Biogas is widely regarded as a good alternative vehicle fuel [2] and a 
versatile renewable source of energy which can be considered as a sustainable 
substitute for natural gas but it can also be used in industrial processes and as 
raw material in chemical industry [3]. Biogas may be produced from anaerobic 
digestion of organic substrates such as manure, sewage sludge and organic 
waste, etc and also by anaerobic degradation of organic substances in landfills 
(landfill gas) [3]. According to the EU28, energy production from biogas within 
the EU was estimated to be 141 TWh in 2012  [4] with Germany being the 
country in the world producing the largest amount of biogas [5]. The 
composition of raw biogas varies from source to source, but the main 
components are methane and carbon dioxide [6]. Carbon dioxide is also a 
common impurity in natural gas. Whether the carbon dioxide has to be reduced 
or removed or not from biogas or natural gas depends on the targeted 
application. As CO2 is one of the main impurities in biogas and in many natural 
gas resources, it has to be reduced or removed since it lowers the calorific value 
of the gas and it may also cause corrosion in pipes, fittings etc [6]. The energy 
content in the gas is proportional to the methane content.  If the gas is to be used 
as fuel, the Wobbe index is often used as a measure of the energy content, or 
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quality, of the gas [7, 8]. Figure 1 shows how the Wobbe index and the relative 
density of biogas varies with the methane content in the gas [6]. 

 
Figure 1. Wobbe index and relative density of upgraded biogas versus methane content [6]. 

 
In this study, biogas upgrading is described as removal of CO2 from biogas. 
There are several technologies for upgrading biogas. Some of them are 
commercialized and others are yet under development at pilot or demonstration 
plants [3]. Many of the technologies used for upgrading of biogas have been 
adopted from the very similar process of removal of carbon dioxide from natural 
gas. The main differences between the two processes is that the carbon dioxide 
content in natural gas may vary more and that upgrading of natural gas usually is 
operated in much larger scale than upgrading of biogas. Some of the common 
techniques  for upgrading of biogas include: amine scrubbing, water scrubbing, 
pressure swing adsorption (PSA), membrane separation and physical scrubbing 
with organic solvents [2]. Cryogenic separation, in situ methane enrichment and 
ecological lung [3] are examples of new technologies under development. 
Today´s dominant market technologies for upgrading biogas are water 
scrubbing, pressure swing adsorption and amine scrubbing, with amine 
scrubbing being less common compared to the other two [2]. Investment and 
operation cost, energy demand, gas purity and methane slip are among the 
critical factors that have to be considered when choosing the most suitable 
technology [2]. A brief description of the different upgrading technologies is 
listed in Table 1. Amine absorption usually shows very high selectivities with 
99.8% gas purity (CH4 content) whereas other systems are capable of reaching 
98-99% purity. The energy demand for all the technologies is about the same. At 
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high output, the investment cost is almost the same for all systems, but in small 
to mid-scale the membrane technology has lower and amine system higher 
investment cost [2]. Methane slip in PSA is quite high of about 1.8-2%, water 
scrubbing has a methane slip of about 1% and amine scrubbing has low slip of 
about 0.1%, but another 1-4% methane is used for heat production to regenerate 
the amine solution which makes total methane loss of about 2-5% [9]. Organic 
physical scrubbers has the highest methane slip, this methane is used for heat 
production to provide the required energy for desorption [2]. Nowadays, 
developments in membrane material and processes enable them to minimize the 
methane slip to below 1% [2]. Membrane process presents other advantages 
over the other technologies which are particularly important for small scale 
operations. Safety and ease of operation, simple maintenance and operation 
without hazardous chemicals are the most important advantages of membranes 
[10] especially for plants for upgrading biogas since they are usually in quite 
small scale e.g. at farms and not operated by specially trained personnel [11]. 
 

Table 1. Brief description of different commercialized biogas upgrading technologies[12]. 

Biogas upgrading technology Description 

Water scrubbing Dissolving of CO2 in water 

Pressure swing adsorption Adsorption on adsorbent materials 

Amine absorption Dissolving CO2 in a amine solution, 
associated with chemical reaction 

Membrane separation Permeation of the selective compound 
through membrane 

Physical solvent scrubbing Absorption process without chemical 
reaction 

 

Natural gas is both an important source of energy and important raw material for 
the chemical industry, due to its high hydrogen(H)/carbon(C) –ratio. Due to 
recent concerns regarding emission of greenhouse gases, like CO2, to the 
atmosphere being coupled to climate change, the favourable H/C ratio of 
methane in natural gas has increased the interest of using natural gas as a fuel 
for heating or power production. Natural gas (NG) may be classified as 
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associated NG or non-associated NG. Associated NG is obtained as a by-product 
to the production of crude oil. As a consequence, associated natural gas typically 
contains hydrocarbons in the C2-C7-range in significant amounts, whereas the 
CO2 content is often rather low. Non-associated natural gas, on the other hand, is 
produced from reserves developed primarily for natural gas production with 
typically only minor fractions of other hydrocarbons than methane in the gas. 
Natural gas is often produced in remote areas and is then typically transported 
long distances by pipelines. It is therefore essential that the natural gas meet the 
pipeline specification, which is a number of criteria specifying e.g. how much 
impurities the gas may contain. The carbon dioxide levels should for instance be 
low to reduce the risk of corrosion and to reduce the cost for transporting an 
inert gas long distances in the pipeline. The content of hydrocarbons larger than 
methane also needs to be controlled to avoid the risk of condensation of these in 
the compressor or in the pipeline. The global consumption of natural gas is 
about 95 trillion scf (standard cubic feet) per year [9] so upgrading of natural gas 
is by far the largest industrial gas separation process. Membrane separation, 
chemical (amine absorption) and physical (e.g. Rectisol or Selexol) absorption, 
adsorption (e.g. on zeolite NaX or on activated carbon), polymeric membranes 
and cryogenic separation are available techniques for upgrading natural gas, 
with amine absorption being the dominant technique [9, 13]. Upgrading of 
natural gas by membrane technology has been identified as a promising 
technology with high potential for further improvement by further developing 
the membrane materials and process design [9, 14]. 
 
Synthesis gas, also known as syngas, is an important intermediate in the 
chemical industry. It may be produced by gasification of e.g. coal, heavy oils or 
biomass, another option is by steam reforming of methane or light nafta [15]. 
Synthesis gas mainly contains of CO, CO2, H2, CH4 and water, the composition 
depends on the composition of the raw material used and the processing 
conditions. Syngas can be used for production of e.g. ammonia (hydrogen 
production is maximized), hydrogen, methanol or higher hydrocarbons useful as 
liquid fuels via the Fischer Tropsch process. The extent to which the synthesis 
gas needs to be upgraded depends on the application, but for most applications, 
carbon dioxide has to be removed from the syngas. For ammonia synthesis and 
H2 production virtually all CO2 and CO need to be removed as both are poisons 
to the ammonia catalyst. On the other hand, for methanol synthesis it is 
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beneficial to have some CO2 still in the syngas, such that the composition of the 
gas, expressed as the stoichiometric ratio (in moles), (H2-CO2) / (CO+CO2) is 
close to 2 [16]. If the syngas is produced via gasification of coal or biomass, the 
syngas often contains more CO2 than desired and the excess should be removed. 
If the syngas is produced via steam reforming of methane, removal of CO2 may 
not be necessary. The technologies used for CO2 removal from synthesis gas is 
very similar to those used for upgrading natural gas mentioned above.  
 
Table 2 briefly shows the general composition of biogas, natural and syngas. 
 
Table 2. General composition of biogas, natural gas and syngas (vol%) [3, 17, 18].  

 Biogas Associated natural gas Syngas 

CH4 65 84.6 few percent 

CO   40 

CO2 35 ≤5 15 

H2S 0-4000 ppm ≤5 Trace 

H2 0 Trace 30 

H2O trace  25 

N2 ~0.2 ≤10 Trace 

Other 
hydrocrabons 

0 ≥13  

 

Membranes are selective barriers that control the rate of transport of different 
chemical species through a material. It can be permeable, semi-permeable and 
impermeable to various species. The major industrial application of membranes 
is in gas separation [19], however membranes are also used for other 
applications e.g. desalination of water by forward or reverse osmosis. In gas 
separation process by membranes, one component preferentially permeate 
through the membrane and the other components will permeate at slower rate or 
not at all [20]. Figure 2 shows a schematic figure of a simple membrane 
separation process. The stream fed to the membrane is referred to as feed. 
Permeate is the fraction of the feed passing through the membrane while the 
retentate is the stream rejected by the membrane [19, 21]. 
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Figure 2. Schematic diagram of membrane separation process. 

 

To facilitate transport through the membrane, a driving force has to be applied. 
Pressure, temperature, concentration and electrical potential gradient are 
common driving forces for transport through membranes [19]. For gas 
separations, the driving force is usually expressed as a partial pressure difference 
with a transport from the high pressure, feed side, to the low pressure permeate 
side. An inert gas, e.g., nitrogen, referred to as the sweep gas can also be fed to 
the permeate side in order to reduce the permeate concentration on the permeate 
side, thereby increasing the concentration gradient. However most industrial gas 
separations usually operate without sweep gas.  
 
Pressure ratio; one of the important factors that control the membrane´s 
performance, is defined as the ratio of feed pressure to permeate pressure across 
the membrane [19]. Consequently, separation can never exceed the pressure 

ratio .Where and  are the feed and permeate 

concentrations of component i. Depending on the properties of the membrane 
material and the operating conditions, the separation may be limited by 
membrane-selectivity or pressure ratio or a combination of both. In case of 
having much greater intrinsic selectivity of the membrane material than the 
pressure ratio ( , due to practical limits in increasing the pressure 
ratio which requires either deep vacuum on the permeate side or compressing of 
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the gas on the feed side, the benefit of highly selective membrane is often less 
than expected [19]. 
The transport of species through the membrane is often expressed as the flux 
through the membrane.  Flux is defined as the permeate flow per unit area per 
unit time, with typical units mol m-2 s-1. To be able to compare the performance 
of different membranes where different driving forces have been used, it is 
common to also report the permeance, which is defined as the flux of a 
component per unit driving force (partial pressure gradient): 
 

                                                          (1) 

 
Where Πi is the permeance of component i, Ji is the flux and ΔPi is partial 
pressure gradient of component i across the membrane. By taking the ratio of the 
permeances for two gases, the permselectivity of the membrane may be 
determined: 
 

                                                                                     (2)                  

 
If the permeances were determined by experiments where one gas at a time was 
fed to the membrane (pure-gas permeances), the selectivity is denoted ideal 
permselectivity. On the other hand, if the permeances were obtained from a 
separation experiment where a gas mixture is fed to the membrane (mixed-gas 
permeances), the selectivity is just denoted permselectivity (or sometimes 
selectivity for short). Another way of reporting the separation performance of a 
membrane is to report the separation factor which is defined as: 
 

                                                                           (3) 

 
ni and nj are the concentration of components (i or j) on the permeate and feed 
side, respectively. 
 
Ideally a membrane should show both high flux and selectivity to minimize both 
capital and operation costs [19, 20]. High flux makes it possible to process a 
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certain quantity of gas with a low membrane area which is reducing capital costs 
and a selective membrane may facilitate the use of a simple process design with 
small losses, slip,  of the valuable components [22].  
 
Membranes may be classified as either isotropic or anisotropic. Isotropic 
membranes have uniform composition and structure all through whereas 
anisotropic membranes are composed of layers with different structures. For 
example, a thin selective layer on top of a thicker support layer giving 
mechanical strength to the membrane. They can also be classified as porous, 
nonporous (dense) and electrically charged membranes [19]. This study focuses 
on microporous membranes. The pores in microporous membranes are 
extremely small not exceeding 2 nm. Once a molecule or particle reaches a pore, 
if the particle is smaller than the pore, it can permeate through the membrane, 
otherwise the particle will be rejected. 
  
Membranes can be manufactured from both organic and inorganic materials. 
The majority of the commercialized membranes are polymer-based. However, 
recently inorganic membranes have attracted a lot of attention due to their high 
thermal and chemical stability [19] together with good selectivity and high 
permeability. For instance, H-ZSM-5; a crystalline zeolite membrane, shows 
both higher permeance and gas separation selectivity compared to polymer 
membranes [23].  
 
Zeolites are microporous crystalline aluminosilicates with a three dimensional 
framework structure created by SiO4 tetrahedra as primary building units. Upon 
Al incorporation into the silica framework, Al3+ replaces the Si4+ which makes 
the framework negatively charged. This charge will be counterbalanced by an 
extra-framework cation which gives zeolites ion exchangeability. Today, more 
than 200 different zeolite frameworks topologies have been approved by the 
structure commission of the International Zeolite Association [24]. Each 
framework is identified by a three-letter code irrespective of composition. The 
final framework of the zeolites is made of collection of the secondary building 
units which are the assembled form of primary units (polyhedral building units 
such as cubes, octahedral and etc.). The definition of “zeolite” has changed over 
the last decade which also includes non-aluminosilicate compositions, so the 
structure is formed by TO4 and T-elements can be P, Ga, B, etc. other than Si 
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and Al [25]. Zeolite are special due to their interesting properties such as: well-
defined microporous structure with uniform pore dimensions (molecular 
sieving), the ion-exchange properties (ion-exchange reactions), shape selective 
acid catalysts and high thermal stability [25]. Today, the largest application for 
zeolites, in terms of volume, is in detergents (70%) as builder followed by 
catalysis with 9% of the total consumption [25].  
 
In this work, the MFI framework is investigated, MFI zeolite has a medium pore 
size of ∼0.55 nm (ten member-ring pore) with the pore system composed of both 
straight and intersecting zigzag channels (3D channels). Figure 3 shows the 
topology of MFI zeolite. S, Z and I are Straight, Zigzag channels and 
Intersections [26].  
 

 
Figure 3. MFI zeolite pore topology [26]. 

 

Zeolite MFI exists in two forms, i.e. silicalite-1 and ZSM-5 with the difference 
being the aluminum content in the framework. Silicalite-1 is the (virtually) Al-
free zeolite and ZSM-5 has Si/Al ratio larger than 10 [27]. In other words, MFI 
zeolites with a Si/Al ratio of 10-200 and higher than 200 are categorized into 
ZSM-5 and silicalite-1, respectively [28]. Apart from concentration of charge 
balancing cations and ion-exchange capability, which are directly proportional 
to the aluminum content of the framework, the aluminum content also affects 
other properties of the zeolite. The higher the aluminum content, the more polar, 
and hence hydrophilic the structure becomes. Consequently, all silica zeolites 
are the least hydrophilic, i.e. the most hydrophobic [25]. High aluminum content 
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also decreases the thermal stability and increase the number of acid sites in 
zeolites [25, 29].  
 

Because of their well-defined microporous structure, the ability to tailor the 
polarity of the framework and high stability, it has been realized that zeolite 
membranes may potentially excel over other membrane materials in many 
applications. Most of the work on zeolite membranes have been devoted to the 
MFI and LTA frameworks, where the former has been extensively investigated 
for various gas separations whereas the latter framework has been mainly 
investigated for dehydration of organics e.g. ethanol. 
 
As mentioned above, in order to make membranes industrially feasible, the 
membranes should have high fluxes and sufficient selectivities. Therefore, the 
membranes have to be very thin (< 1 μm) and without defects (pores lager than 
the zeolite pores) to fulfill these requirements. Different types of flow-through 
defects may exist in zeolite membranes such as open grain boundaries - a 
common type of defect, pinholes and cracks [30, 31]. The presence of defects 
can dramatically decrease the selectivity of the membrane. Consequently, 
characterization of the size and amount of defects in membranes is of great 
importance [32]. Our research group has significantly developed a non-
destructive technique referred to as permporometry to enable careful 
characterization of both micropore and mesopore defects in ultra-thin high-flux 
MFI membranes [33, 34]. In this technique, the permeance of a non-adsorbing 
gas, e.g., helium is measured as a function of the relative pressure of an 
adsorbing gas, e.g., n-hexane in the feed. The higher the concentration of 
adsorbate added to the feed, larger and larger pores and defects will be blocked 
by capillary condensation. The adsorbate concentration is increased stepwise 
during the experiment, thus reducing the He gas permeance gradually larger and 
larger pores are blocked. Knowing the concentration of the adsorbate in the feed, 
both the pore (defect) size and the amount (relative area) of them can be 
estimated by Horvàth-Kawazoe (micropores) and Kelvin equations (mesopores) 
[35].  
 
The separation mechanism for zeolite membranes can be classified in three 
groups: molecular sieving, selective adsorption and diffusion. Figure 4 shows 
the three separation mechanisms schematically. Separation by zeolite 
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membranes is usually governed by a combination of these mechanisms. If the 
separation is governed by adsorption, one or several components travel across 
the membrane while the non-adsorbing components are rejected. In diffusion-
controlled separation, components with higher diffusivity in the membrane pores 
diffuse faster and preferentially permeate the membrane. In molecular-sieving, 
the molecules smaller than the pores can permeate through the membrane, 
whereas molecules larger than the pores will be hindered. H2, CO2 and CH4 have 
smaller kinetic diameter than the pores of zeolite MFI, and therefore both 
adsorption and diffusion play important roles in the transport through the 
membrane in this study. 
 

Figure 4. Separation mechanisms in zeolite membranes. 
 

As mentioned above, zeolite membranes show great potential for being used for 
gas separations. CO2 separation from CH4 and H2 was studied in the present 
work by very thin MFI zeolite membranes. Nowadays, membranes are 
considered to be one of most promising CO2 separation technologies [23]. 
Commercial membranes often have a separation factor of about 20 for CO2/CH4 
separation in natural gas. The commercial cellulose acetate membranes which 
are most widely used and tested membrane for natural gas sweetening typically 
have CO2/CH4 separation selectivity of 10-20 and CO2 permeance of 60-110 
GPU [9]. Sandström et al. also reported CO2/CH4 separation factor of 4.5 with 
high CO2 permeance of about 45 × 10-7 mol s-1 m-2 Pa-1 at 277 K. They also 
reported the upward trend of separation factor with decreasing temperature [36]. 
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Kosinov et al. reported the CO2/CH4 selectivity of 42 with the low CO2 

permeance of 3 × 10-7 mol m-2 s-1 Pa-1 for CHA (SSZ-13) membrane at pressure 
of 6 bar and the temperature of 293 K [37]. Tian et al. have synthesized a 
SAPO-34 membrane with the room temperature separation selectivity of 9 and 
the CO2 permeance of 25 × 10-7 mol m-2 s-1 Pa-1 [38]. Van den Bergh et al. also 
reported a CO2/CH4 selectivity higher than 3000 at 225 K and a total feed 
pressure of 101 kPa for a DDR membrane. However, the small pores also 
contribute to the resulting low CO2 permeance of about 1.0 × 10-7 mol m-2 s-1  
Pa-1 [39]. Recently, Yang et al. reported the CO2/CH4 selectivity of DDR of 92 
for a feed mixture of 90% CO2 and 10% CH4 with the low CO2 permeance of 1.8 
× 10-7 mol m-2 s-1 Pa-1 at the pressure of 2 bar and the temperature of 297 K [40]. 
So far polymer membranes have been the most of commercially successful 
membranes. Today´s best polymeric membranes have shown CO2/H2 separation 
selectivity of 10-12 with a CO2 permeance of ca. 2  10-7 mol s-1 m-2 Pa-1 at 
room temperature [41].Such a low permeance needs to be compensated by quite 
large membrane area.  
 
 
 

Scope of the work 

The main goals of the present work were to test the effect of temperature and 
Si/Al ratio (polarity) on the separation performance of zeolite MFI membranes 
for the CO2/CH4 (biogas and natural gas) separation and to identify the limiting 
factors for obtaining higher selectivity and how to reduce their negative effect. 
Another goal was to study the effect of temperature on the CO2/H2 separation 
(syngas) for MFI membranes at high feed pressures.  
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Experimental 

In this section the experimental methods used in the work are summarized, the 
reader should consult the appended papers for details. 

Membrane preparation  

Thin MFI membranes with a film thickness of ca. 0.5-1 µm were grown on 
porous, graded asymmetric α-alumina support discs (Fraunhofer IKTS, 
Germany) with a diameter and thickness of 25 and 3 mm, respectively. The 
alumina supports are composed of two distinct layers; a thin top layer with a 
thickness of 30 µm and a pore size of 100 nm, and a thicker bottom layer of 3 
mm in thickness with a pore size of 3 µm. The support is used to provide 
mechanical strength to the membrane.  
 
The procedure for preparation of thin MFI membranes (paper I and III) have 
been described in detail previously by Hedlund et al. and will only be described 
here briefly [33]. The masked (performed to avoid zeolite growing in the pores 
of the support) supports were treated with cationic polymer to facilitate the 
deposition of a dense monolayer of colloidal MFI seed crystals (50 nm) on the 
support surface. Subsequently, the seed layer was grown into a continuous layer 
by hydrothermal synthesis. Different masking technique was used for 
membranes in paper II. For all the membranes, the molar composition of the 
synthesis solution was altered to arrive at zeolite films with different polarity. 
For preparing a zeolite membrane with low aluminum content (papers I, II and 
III), a synthesis mixture free from aluminum was used, the synthesis mixture 
had the following composition: 3 TPAOH: 25 SiO2: 1450 H2O: 100 EtOH. For 
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preparing membranes with Si/Al=50, aluminum isopropoxide (≥98.0%, Aldrich) 
was used as aluminum source. Sodium hydroxide (NaOH, ≥99.0, Merk) was 
also added in order to increase the basicity of the solution the molar composition 
of the synthesis mixture was 3TPAOH: 0.25Al2O3: Na2O: 25SiO2: 1600H2O: 
100EtOH and the zeolite film was grown at 373 K for 22 h under reflux. A 
synthesis solution having a molar composition of 3TPAOH: 0.5Al2O3: Na2O: 
25SiO2: 1600H2O: 100EtOH was used for preparation of the membrane with 
Si/Al ratio of 25. The hydrothermal treatments for the membranes with low 
aluminum content in paper I and II were at 361 K for 72 h and 55 h, 
respectively. After synthesis, all the membranes were rinsed and calcined at 773 
K for 6 h. 

Characterization  

Si/Al ratio measurement of the membranes 

XPS (X-Ray Photoelectron Spectroscopy) was used to determine the Si/Al ratio 
of the MFI membranes. The XPS spectra were collected with a Kratos Axis 
Ultra DLD spectrometer using a monochromated Al Kα source operated at 120 
W. An analyser pass energy of 160 eV for acquiring wide spectra and a pass 
energy of 20 eV for individual photoelectron lines were used. The surface 
potential was stabilized by the spectrometer charge neutralization system. The 
binding energy (BE) scale was referenced to the C 1s line of aliphatic carbon, 
set at 285.0 eV. Processing of the spectra was accomplished with the Kratos 
software. 
 
Scanning Electron Microscopy 

SEM images were recorded using an FEI Magellan 400 field emission XHR-
SEM to study the morphology and thickness of the membranes. The samples 
were not coated prior to the investigations.  

Permporometry  

n-hexane/helium adsorption-branch permporometry [33] analysis was performed 
to assess the quality of the membranes by measuring the size distribution of 
flow-through defects in the membranes. The method and data evaluation are 



 17

described in detail in a previous publication [34]. In short, the membrane was 
first mounted in a stainless steel Wicke–Kallenbach cell sealed with graphite 
gaskets and thereafter the membrane was dried at 573 K for 6 h in a helium flow 
(99.999%, AGA). The pressure difference across the membrane was 1 bar with 
an atmospheric permeate pressure. The relative pressure of n-hexane was 
increased gradually and the system was allowed to equilibrate at each measuring 
point. The width of defects smaller and larger than 2 nm was estimated by the 
Horvath-Kawazoe (H-K) equation and the Kelvin equation, respectively. The 
defects area was calculated from the measured helium molar flow and the 
corresponding helium molar flux through the defects estimated from Fick’s law. 
The defect distribution was evaluated in terms of relative areas of defects (area 
of defects divided by the total membrane area). 

Permeation measurements 

Single gas permeation experiments 

After the permporometry measurements, the membrane retained in the cell was 
again dried at 573 K for 6 h at a heating rate of 1 ˚C/min under helium flow. 
Afterwards, single gas permeances were measured in the defined temperature 
range. During the single gas experiment, the feed pressure was kept at 4.5 bar 
whereas atmospheric pressure was used on the permeate side.  
 

Separation experiments 

The membrane was kept in the stainless steel cell and dried at 573 K for 6 hours 
in a helium flow prior to the separation experiments. Digital mass flow 
controllers were used to adjust the composition of gases with the defined flow 
rate. The pressure on the feed- and permeate side was 9 and 1 bar respectively 
adjusted by a back pressure regulator. A mass spectrometer (GAM400, 
InProcess Instrument) was used to analyze the composition of the permeate 
stream. The permeate volumetric flow rate was measured by a drum type gas 
meter (TG 5, Ritter Apparatebau GmbH). The separation experiment was carried 
out in the same temperature range as used for the single gas permeation 
experiments. During the experiment the temperature in the membrane cell was 
monitored by a type K thermocouple connected to the feed side of the 
membrane. 
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Results and discussion  

Si/Al ratio 

The Si/Al ratios of the membranes were measured by X-Ray Photoelectron 
Spectroscopy (XPS). The measured Si/Al ratios of the membranes are shown in 
Table 3. 
 
Table 3. Si/Al ratios of synthesized membranes according to XPS. 

Si/Al ratio in synthesis solution Measured Si/Al in membrane 
∞ 90 

50 46 

25 21 

 
Table 3 shows the lower Si/Al ratio in the zeolite film compared to the 
corresponding value in the synthesis solution at the start of the synthesis. The 
Si/Al ratio of the initial synthesis solution is generally higher than what is 
measured in the zeolite film. This can be attributed to aluminum leaching from 
the support during synthesis that is then incorporated in the film and/or that the 
Si/Al ratio becomes somewhat lower in the crystallized material than in the 
original synthesis solution [42].  

SEM investigation 

Cross-section and top-view SEM images of the as-synthesized MFI membranes 
with different Si/Al ratios are shown in Figures 5-8. The membrane used in 
Paper I appears to have a thickness of about 450 nm, see Figure 5. Further, the 
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film is composed of well-intergrown crystals, free from large defects (> 5nm) 
and no invasion of zeolite phase into the pores of the support was detected.  
 

Figure 5. Top-view (left) and cross-section (right) SEM images of high silica MFI membrane 
(paper I). 

 

Paper II deals with the effect of the aluminum content on the performance of 
MFI membranes for CO2/CH4 separation. The film thickness in membranes with 
Si/Al ratios 90 and 46 are about 350 nm and the supports are fully open 
indicting that no invasion occurred, see Figures 6 and 7 respectively. The
membrane with Si/Al ratio of 21 was thicker with a film thickness of about 750 
nm which is about twice thicker than the previous two membranes with Si/Al 
ratios of 90 and 46. The zeolite crystals were also larger with well-developed 
grain boundaries, resulting in the presence of pinholes in the film, see Figure 8.  
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Figure 6. Top view (left) and cross-section (right) SEM images of MFI membrane with 
Si/Al= 90. 

 
Figure 7. Top view (left) and cross-section (right) SEM images of the MFI membrane with 
Si/Al= 46. 

 
Figure 8. Top view (left) and cross-section (right) SEM images of the MFI membrane with 
Si/Al= 21. 
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Assessment of membrane quality by Permporometry 

The permporometry patterns for the membranes used in Papers I & III show that 
the membranes are of high quality. In Paper I, the high initial (no n-hexane in 
the feed) He permeance of 53  10-7 mol s-1 m-2 Pa-1 shows that the zeolite pores 
are open and rather permeable.  The relative area of defects was estimated to be 
0.001% where about 77.2% of the defects are micropore defects (< 2nm), most 
likely open grain boundaries. Nearly no larger defects (> 5nm) were detected, 
which is in line with the SEM data. 
   
Permporometry patterns for the three membranes with different Si/Al ratios used 
in Paper II are shown in Figure 9. For the membranes with Si/Al ratios of 90 and 
46 the He permeance decreased dramatically after introducing n-hexane, 
indicating the presence of mostly micropores and no large defects, these 
membranes may thus be considered having high quality. The third membrane, 
with a Si/Al ratio of 21, has reasonably good quality with some larger defects 
also present as indicated by SEM images.  
 

 

 
Figure 9. Permporometry patterns for MFI membranes with Si/Al of 90 (upper left), 46 (upper 
right) and 21 (bottom). 
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Single gas permeance and separation measurements 

Figure 10 shows the single gas permeances of methane and carbon dioxide 
through a high silica MFI membrane as a function of temperature (Paper I). The 
CH4 single gas permeance was higher than that of CO2 in the entire temperature 
range and increased slightly with decreasing temperature from 290 K to 265 K. 
When the temperature was decreased further, the permeance was almost 
constant. On the contrary, the CO2 permeance decreased with decreasing 
temperature in the entire temperature range. To understand this behavior, the 
driving force, expressed as difference in adsorbed loading, over the zeolite was 
determined. It was found that the driving force for CO2 decreased from 0.31 to 
0.095 mol g-1 when the temperature was decreased from 290 K to 250 K, the 
adsorbed loading on the permeate side increased faster than that on the feed side 
as the temperature was decreased, resulting in smaller driving force over the 
film at lower temperatures. Moreover, it is well known that diffusivity decreases 
with decreasing temperature and with increased adsorbed loading [43]. For CH4 

on the other hand, the driving force was rather constant varying from ca. 0.36 
mol g-1 at 250 K and 290 K to 0.39 mol g-1 at 265 K. It should be noted that, the 
driving forces and diffusivity for CH4 is larger than those for CO2 in MFI zeolite 
[44]. The higher diffusivity and driving force therefore explains the higher 
observed permeance of CH4 as compared to CO2.  As the activation energy of 
diffusion and adsorbed loading of methane is lower than the corresponding 
values for CO2, the permeance of CH4 is not affected to the same extent as CO2 
when the temperature is decreased.  
 

Figure 10. Single gas permeances of CH4 and CO2 in an MFI membrane as a function of 
temperature at 4.5 bar feed pressure (Paper I). 
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Figure 11 shows the CO2 and CH4 mixed-gas permeances from the binary 
mixture (Paper I). The high silica MFI membrane showed a very high CO2 
permeance of 60 × 10-7 mol s-1 m-2 Pa-1 at the lowest temperature of about 245 K 
and it was even higher at room temperature viz. about 90 × 10-7 mol s-1 m-2 Pa-1. 
These values are higher than reported previously in the open literature for this 
separation. For instance, Sandström et al. reported high CO2 permeance of about 
45  10-7 mol s-1 m-2 Pa-1 at 10 bar at 277 K for MFI membrane [36]. Kosinov et 
al. reported a CO2 permeance of 3 × 10-7 mol m-2 s-1 Pa-1 for a CHA (SSZ-13) at 
6 bar feed pressure and a temperature of 293 whereas Tian et al. also reported 
the CO2 permeance of 25 × 10-7 mol m-2 s-1 Pa-1 for SAPO-34 membrane at room 
temperature [37, 38]. 
 

 
Figure 11. CO2 and CH4 permeances of the binary mixture (Paper I). 
 
For high flux membranes, the performance may be affected by external mass 
transfer limitations (concentration polarization) on the feed side as well as 
pressure drop over the porous support [45-47]. Both effects may reduce the flux 
through the membrane and the membrane selectivity. Modeling was performed 
to investigate if these phenomena had influenced the separation performance. 
Indeed, the pressure drop over the support was significant, varying from 32 % at 
299 K where the flux of carbon dioxide was highest to 17% at the lowest 
temperature where the flux was also the lowest, see Table 4.  Decreasing the 
thickness of the top layer of the support, which is composed of small pores of 
about 100 nm in diameter, or increasing the pore size would be a means of 
reducing the pressure drop over the support. Concentration polarization is often 
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expressed through the concentration polarization index (CPI), defined as the 
ratio between the concentration of CO2 at the membrane surface to the 
concentration of CO2 in the gas bulk on the feed side, CCO2, mem/CCO2, bulk. These 
ratios were about 0.95, i.e. close to unity, at all temperatures studied, see Table 
4, indicating that the concentration polarization on the feed side only had a very 
small effect on the performance of the membranes. 
 
Further, the intrinsic permselectivity of the zeolite film was estimated by 
calculating film permeances using the partial pressures on each side of the 
zeolite film obtained from the CPI and pressure drop calculations. After 
removing the adverse influence of pressure drop over the support, it was found 
that the intrinsic permselectivity of the zeolite film was larger than that of the 
whole membrane under the conditions studied by a factor of 1.3 to 1.7. 
 
Table 4.  Pressure drop and concentration polarization at three specific temperatures for 
CO2/CH4 separation. 

T (K) 
CO2 Flux 
(kg/m2h) ΔP (%) CPI 

299 540 32 0.94 

269 453 24 0.94 

247 337 17 0.95 
 
To gain further insight on the contribution of adsorption and diffusion 
selectivities to the observed permselectivity of the membrane, the two terms 
were determined by modeling. The adsorption selectivity on the feed side was 
calculated after removing the effect of concentration polarization by calculating 
adsorbed amounts with the Ideal adsorbed solution theory (IAST) using the 
adsorption data for adsorption of carbon dioxide and methane in high silica MFI 
reported by Ohlin et al. [48] and Krishna [49] as input. Since the 
permeselectivity, αperm, is known, it is possible to estimate the diffusional 
selectivity, αdiff, once the adsorption selectivity has been determined via [50]: 
 
αperm= αads  αdiff                                                                     (4) 
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The obtained selectivities are presented in Table 5. Both the permselectivity and 
adsorption selectivities increase with decreasing temperature, whereas the 
diffusional selectivity shows the opposite trend. The increase in adsorption 
selectivity with decreasing temperature is expected as carbon dioxide adsorbs 
stronger and the magnitude of the heat of adsorption is also larger than that for 
adsorption of methane in zeolite MFI [48]. The reason behind the decrease in 
diffusion selectivity with decreasing temperature and increasing adsorbed CO2 
load is likely because of the significance of transport via flow-through defects is 
larger at lower temperatures. Further, since transport through the defects occurs 
via Knudsen diffusion, which is methane selective, the diffusion selectivity 
decreases. At the same time, the rate of transport via the zeolite pores decreases 
with temperature because of both the slower activated diffusion at lower 
temperature and the increased difficulty in making successful jumps from site-to 
site at high adsorbed loadings which slows down the diffusion. In summary, the 
permselectivity is showing the same trend as the adsorption selectivity when the 
temperature is altered, it may be concluded that the selectivity is mainly the 
effect of the adsorption selectivity of the zeolite.   
 
Table 5. Permselectivity for the zeolite film, adsorption selectivity according to IAST and the 
diffusion selectivity at three different temperatures. 

 

 

 

 

 
The CO2/CH4 separation factor is shown in Figure 12. The highest separation 
factor obtained in this study was about 10 at the lowest temperature of 245 K. 
As pointed out above, carbon dioxide adsorbs stronger than methane in MFI and 
the difference in affinities is increasing with decreasing temperature as a result 
of the larger heat of adsorption in MFI for carbon dioxide compared to methane 
[48]. This leads to an increased CO2/CH4 adsorption selectivity with decreasing 
temperature. The relatively low separation factor is probably a reason why the 
effect of concentration polarization is not larger. 
 

T(K)  α perm.film αads αdiff 

299  6 28 0.20 

269  10 47.3 0.13 

247  16 137 0.12 
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Figure 12. CO2/CH4 separation factor as a function of temperature (Paper I). 

 

Effect of Si/Al ratio on the separation performance of MFI membranes 

As the adsorption selectivity is the dominating contributor to the permselectivity 
of MFI membranes for the CO2/CH4 separation, it seems natural to investigate 
how different ways of increasing the adsorption selectivity are affecting the 
membrane performance.  One option for increasing the adsorption selectivity 
would be to increase the polarity of the zeolite. As carbon dioxide has higher 
polarizability and is also quadropolar compared to methane which is an octopole 
[51], the adsorption of carbon dioxide should benefit more from an increased 
polarity of the framework than the adsorption of methane. Consequently, MFI 
membranes with three different Si/Al ratios viz. 90, 46 and 21 were prepared and 
evaluated for CO2/CH4 separation. Figures 13-15 show the permeances and 
separation factors of the three membranes as a function of temperature. It is 
shown that the CO2 permeances decreases with decreasing temperature, as 
expected. Furthermore, the CO2 permeance decreases with decreasing Si/Al ratio 
due to the increased transport resistance resulting from the presence of charge 
balancing cation neutralizing the charge deficit in Al containing zeolites [29] 
and the longer residence time for CO2 near Na+ cation which results in lower 
overall diffusivity [52].  
For the two membranes with the highest Si/Al ratio, the separation factors 
increased with decreasing temperature down to the lowest investigated 
temperature, i.e. 250 K, while the membrane with the lowest Si/Al ratio 
displayed a maximum in the separation factor at 271 K. Probably, the adsorption 
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of CO2 became too extensive at low temperatures in this, the most polar 
membrane, resulting in a decrease in the CO2 transport. The maximum observed 
separation factors were 2.6 (at 250 K), 7.1 (at 249 K) and 3.3 (at 271 K) for 
Si/Al ratios of 90 ,46 and 21, respectively.  
 
The membrane with highest Si/Al ratio in Paper II and the membrane in Paper 
I are synthesized with the same synthesis solution, but with different masking 
techniques and synthesis time. The membrane with the highest Si/Al ratio in 
Paper II has lower separation factor compared to the membrane in paper I which 
can be attributed to the greater presence of defects based on their 
permporometry patterns. The higher CO2 permeance of the membrane with 
highest Si/Al ratio in paper II compared to the membrane in paper I is due to the 
thinner film (shorter synthesis time) in the former membrane resulting in less 
well-intergrown film. Consequently, there should be more open grain 
boundaries in this membrane. 
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Figure 13. CO2 and CH4 permeances(left), separation factor and selectivity(right) for an MFI 
zeolite membrane with Si/Al =90 for an equimolar CO2/CH4 feed as a function of temperature 

 
Figure 14. CO2 and CH4 permeances(left), separation factor and selectivity(right) for an MFI 
zeolite membrane with Si/Al =46 for an equimolar CO2/CH4 feed as a function of temperature  

 
Figure 15. CO2 and CH4 permeances(left), separation factor and selectivity(right) for an MFI 
zeolite membrane with Si/Al =21 for an equimolar CO2/CH4 feed as a function of temperature 
 

CO2/H2 separation 

Synthesized MFI zeolite membranes were evaluated for separation of an 
equimolar mixture of CO2 and H2 which is an important separation in upgrading 
of synthesis gas. The experiments were performed in a wide temperature range 
of 235–310 K and at an industrially relevant feed pressure of 9 bar. The 
separation factor and permeances obtained are presented in Figure 16. The 
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separation factor is increasing with decreasing temperature whereas the 
permeance of both components is decreasing. Similarly, as for CO2/CH4 
separation, carbon dioxide adsorbs stronger than hydrogen in the zeolite. 
However, the difference in affinity between carbon dioxide and hydrogen is 
much greater than for carbon dioxide and methane, and therefore carbon dioxide 
is essentially filling up the zeolites pores, thus effectively excluding hydrogen 
from the pore system, resulting in a very CO2-selective membrane. The highest 
CO2 permeance was about 78  10-7 mol s-1 m-2 Pa-1 at around 300 K which is 
one or two order of magnitude higher than those reported previously in the 
literature by other research groups [53, 54].  The highest separation factor 
obtained was 165 at 235 K with a concentration of carbon dioxide in the 
permeate of 99.4%.  
The separation performance of the membrane in terms of both selectivity and 
flux was superior to that of the previously reported state-of-the-art CO2-selective 
zeolite and polymeric membranes [36, 41]. 
 

 
Figure 16. CO2/H2 separation faction(left), CO2 and H2 permeances(right) as a function of 
temperature for a 50:50 feed at 9 bar total pressure.  

 

Cost estimation 

The economic feasibility of the developed zeolite membranes was assessed by 
estimating the costs for modules equipped with such membranes prepared as 
tubes. The costs were also compared to those for the commercially available 
spiral-wound modules containing MTR PolarisTM membranes used in gas 
processing plant  for CO2/H2 separation in commercial-scale [9]. It was assumed 
that the zeolite membranes were supported on 19-channel α-alumina tubes 
having the same permeance as the disc-shaped membranes prepared in our 
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group. The cost comparison was done for a separation process with a capacity of 
separating 300 ton CO2 per day at a CO2 partial pressure difference across the 
membrane of 10 bar and room temperature. For such an output, 20 polymeric 
membrane modules or 1 MFI zeolite membrane module were needed, which 
indicate much more compact system in case of using zeolite membrane. The 
module and membrane cost for MFI membrane was approximately 30% lower 
than the commercial polymeric membrane because of both the high flux MFI 
membrane resulting in a very low membrane area needed for the separation 
process and high CO2/H2 selectivity of 26 at 300 K which competes with the 
selectivity of polymeric membrane which usually show a CO2/H2 selectivity of 
10-12 at room temperature. Therefore, high flux ceramic zeolite membranes 
show great potential for selective, cost-effective and sustainable removal of CO2 

from synthesis gas. 
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Conclusions 

In the present work, the performance of highly permeable H-ZSM-5 zeolite 
membranes were evaluated for CO2/CH4 separation which is of high importance 
for biogas and natural gas purification processes.  
 
The CO2 flux in CO2/CH4 binary separation was significantly higher than that 
previously reported in the open literature. The high carbon dioxide permeance 
was ascribed to the low film thickness, high feed pressure and open and graded 
support.  
 
Regarding the selectivity, carbon dioxide adsorbs stronger than CH4 in MFI 
resulting in a carbon dioxide selective membrane with the selectivity increasing 
with decreasing temperature. Modeling suggested that pressure drop over the 
support had a negative effect on the performance of the membrane, whereas the 
effect of concentration polarization was small. According to the modeling, the 
membrane selectivity would increase 1.3 to 1.7 times with removing the adverse 
influence of pressure drop over the support. Decreasing the thickness and 
increasing the pore size of the top layer of the support would be a means to 
reduce the support resistance. 
 
The CO2/CH4 diffusion selectivity decreases with decreasing the temperature, 
unlike the adsorption selectivity. It is likely because the transport in the pores 
decreases due to both slower diffusion at lower temperatures which also 
increases the significance of transport via flow-through defects at lower 
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temperatures and transport via the flow-through defects is CH4 selective. 
Therefore, the diffusion selectivity decreases with decreasing temperature. .  
 
The effect of Si/Al ratio on the MFI zeolite membrane performance was studied 
for the CO2/CH4 separation. MFI membranes with different Si/Al ratio behave 
differently as the temperature is decreased although they all show an increasing 
selectivity as the temperature is decreased in the beginning. For the membrane 
with the lowest Si/Al ratio (or highest Al content), the separation factor reached 
a maximum followed by a decreasing trend, probably due to very high adsorbed 
loadings leading to low diffusivity and low driving force. The CO2 permeance 
decreased with decreasing Si/Al ratio because of the sodium cations narrowing 
down the effective pore diameter available for transport and the high affinity of 
CO2 to the sodium cations which means that they reside for longer time at these 
sites, slowing down the transport in the pores. 
 
The economic viability of the developed MFI membranes was estimated and 
compared to that of the commercially available polymeric membranes in spiral-
wound modules.  The estimation showed that the cost for the zeolite membranes 
in a module, was approximately 30% lower than the cost for modules with 
polymeric membranes. 
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Future work 

This work showed the potential of the highly permeable MFI membranes in 
CO2/CH4 gas separation. There are several subjects needed to be studied to 
pursue this work.  
 
Finding the optimal operating pressure and temperature for the membranes to 
show their best performance for this separation. 
 
The effect of introducing other counter-ions  (than sodium) to this type of 
separation system should be explored.  
 
It would also be very interesting to evaluate ultrathin all-silica chabazite 
membrnaes for separating CO2/CH4. In this framework, the CO2/CH4 selectivity 
is inherently high due to a molecular sieving mechanism and with an ultra-thin 
zeolite film, the CO2 permeance should be high. 
 
It would also be interesting to prepare the membranes as tubes and evaluate their 
performance at industrially relevant conditions.  
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Abstract 

Ultra-thin H-ZSM-5 zeolite membranes were prepared on porous graded α-
alumina supports. Two membranes with varying quality was evaluated for 
separation of a 50:50 (v:v) mixture of CO2 and CH4 in a temperature range of ca. 
250–300 K and at a feed pressure of 9 barA and a permeate pressure of 1 barA. 
No sweep gas as used. The membranes were found to be CO2-selective in the 
entire temperature range. The selectivity toward CO2 was increasing with 
decreasing temperature, most likely due to the stronger CO2 adsorption at lower 
temperatures. At the lowest temperature studied of ca. 250 K, the high quality 
membrane displayed a CO2/CH4 separation factor of 10 with a CO2 flux as high 
as 337 kg m-2 h-1. The CO2 permeance observed in the present work was 
superior to values previously reported in the open literature. Modeling showed 
that pressure drop over the support had an adverse effect on the membrane 
performance whereas concentration polarization was negligible. Furthermore, it 
was shown experimentally that defects in the low quality membrane reduced the 
separation performance.  
 
Keywords: Biogas upgrading, H-ZSM-5 zeolite, membrane, CO2/CH4 

separation, modeling 

1. Introduction 

Seeking of sustainable energy sources has recently become one of the major 
topics on the energy agenda due to the fact that the oil reserves are finite and 



will eventually run out. In addition, there has been a growing concern over the 
rapidly increasing concentration of carbon dioxide in the atmosphere, as being 
one of the causes for climate change [1]. Biogas, produced via anaerobic 
digestion of biomass is a renewable source of energy with great potential as a 
substitute for natural gas, considering the vast amounts of organic waste 
produced every day. However, the biogas has to be upgraded before utilization 
in many applications, which involves separation of carbon dioxide from the gas, 
since it lowers the heating value and may also cause corrosion of pipes and 
fittings [2]. 
 
Separation of CO2 from natural gas is the largest gas separation process and of 
tremendous importance to society. The total worldwide natural gas production is 
about 122 trillion cubic feet per year in 2014 and it is growing [3].  The CO2 
content in natural gas varies considerably depending on the source of the gas [4] 
and based on the US pipeline specification, the CO2 content must be reduced to 
be < 2%. Separation by absorption in amine solutions is the most common 
method for CO2 removal from natural gas [4]. The membrane market share in 
natural gas upgrading is less than 5% [4], but is expected to increase because of 
rapid development in the membrane area. The technologies used for upgrading 
natural gas have been transferred also to upgrading of biogas [5]. Today, water 
scrubbing, pressure swing adsorption (PSA), chemical scrubbing are the most 
widely technologies used for biogas upgrading [6]. 
 
Over the recent years, membrane separation processes have received a lot of 
attention because of their simplicity, low energy demands and high efficiency 
and are considered to be one of the most promising alternatives to the current 
CO2 separation technologies [2, 7]. The current commercial-scale membrane 
technology for CO2 separation is based on polymer membranes. These polymer 
membrane materials are quite inexpensive and relatively easy to prepare. 
However, the steel modules used for housing of the membranes are very 
expensive and these membranes are prawn to plasticization at high partial 
pressures of carbon dioxide leading to a reduced performance of the membranes. 
Additionally, polymer membranes have limited thermal stability. The 
commercial cellulose acetate membranes which are most widely used for natural 
gas sweetening typically have CO2/CH4 separation selectivity of 10-20 and CO2 
permeance of 60-110 GPU [4, 8]. These commercial membranes require large 



membrane areas and many steel modules for the separation process because of 
their relatively low CO2 permeance. Compared to polymer membranes, zeolite 
membranes show better thermal and chemical stability and often also much 
higher permeances because of their microporous structure. Zeolite membranes 
have also shown significantly higher selectivities than polymeric membranes 
[9]. In addition, ultra-thin zeolite membranes have recently been shown to be 
economically viable and more cost-effective for CO2/H2 separation than 
commercial polymer membranes due to much higher permeance viz. a factor of 
almost 10 times higher than commercial polymer membranes [7]. Most 
investigations on the use of zeolite membranes for separating carbon dioxide 
from methane have focused on small pore zeolites, such as CHA and DDR. In 
such zeolites the pore openings are small enough (3.8 Å or smaller) to 
significantly slow down the diffusion of the bulkier methane molecule, whereas 
the more slender carbon dioxide can still diffuse through the pores resulting in 
high CO2/CH4 selectivities [10]. Although high selectivity has been 
demonstrated by these small pore zeolites, so far membranes with rather low 
permeance have been reported [11]. This is probably due to the fact that the 
zeolite membranes described showed film thicknesses exceeding 1 µm. Kosinov 
et al reported a CO2/CH4 selectivity of 42 with a CO2 permeance of 3 × 10-7 mol 
m-2 s-1 Pa-1 for CHA (SSZ-13) membrane at a feed pressure of 6 bar and a 
temperature of 293 K [11]. Tian et al. reported room temperature separation 
selectivity of 9 and a CO2 permeance of 25 × 10-7 mol m-2 s-1 Pa-1 for a SAPO-34 
(CHA) membrane [12]. Van den Bergh et al. also reported a CO2/CH4 selectivity 
exceeding 3000 at 225 K for a DDR membrane. However, the small pores in 
DDR probably also contribute to the resulting low CO2 permeance observed of 
about 1.0 × 10-7 mol m-2 s-1 Pa-1 [13]. Recently, Yang et al. reported a CO2/CH4 
selectivity of a DDR membrane of 92 for a feed mixture of 90% CO2-10% CH4 
and a low CO2 permeance of 1.8 × 10-7 mol m-2 s-1 Pa-1 at a pressure of 2 bar and 
a temperature of 297 K [14]. 
 
Separation of CO2/CH4 mixtures by medium pore zeolite membranes has also 
been reported. Poshusta et al. found that the separation selectivity decreases with 
increasing temperature and their highest CO2/CH4 mixture selectivity for H-
ZSM-5 membrane was 5.5 at room temperature and the feed pressure of 2.7 bar 
[15]. We have previously evaluated ultra- thin MFI membranes for CO2/CH4 
separation and reported a separation selectivity of 6.2 and a CO2 permeance of 



45 × 10-7 mol m-2 s-1 Pa-1 at feed pressure of 10 bar and a temperature of 277 K 
[2]. In the present work, the effect of temperature on the CO2/CH4 separation 
performance for ultra-thin MFI membranes was evaluated. Furthermore, high 
and low quality MFI membranes were chosen to study the effect of presence of 
flow-through defects on the separation performance and gas permeance.  

2. Experimental 

2.1. Membrane preparation  

H-ZSM-5 zeolite membranes with a zeolite film thickness and a Si/Al ratio of 
ca. 0.5 μm and 139, respectively, [16] were prepared according to the procedure 
reported in detail previously [17] and briefly here. Graded α-alumina disks 
(Fraunhofer IKTS, Germany) were used as supports to provide mechanical 
strength to the thin zeolite film. The supports were masked with wax (C105, 
Carbona AB) to prevent zeolite invasion into the support during synthesis. After 
masking, the zeolite film was prepared by firstly rendering the surface of the 
support positively charged by depositing a cationic polymer on the surface of the 
support. Thereafter, the support was immersed in a sol containing 50 nm 
colloidal MFI crystals to create a monolayer of crystals on the support. The 
seeded support was then immersed in a synthesis solution with the following 
molar composition: 3TPAOH: 25SiO2: 1450H2O: 100C2H5OH. The synthesis 
was carried out in a heated oil bath at 361 K for 72 hours. After synthesis, the 
membranes were thoroughly rinsed with a 0.1 M ammonia solution and then 
calcined at 773 K for 6 hours with a heating and cooling rate of 0.2 and 0.3 
K/min, respectively. 

2.2. Membrane characterization 

Morphology and film thickness of the membranes were characterized by 
scanning electron microscopy (SEM) using an FEI Magellan 400 field emission 
XHR-SEM operating at an accelerating voltage of 1 kV. The samples were not 
coated prior to the analysis. 
 
n-Hexane/helium adsorption-branch permporometry [17] analysis was 
performed to assess the quality of the membranes by measuring the size 
distribution of flow-through defects in the zeolite membranes. The method and 
data evaluation are described in detail in a previous publication [18]. In short, 



the membrane was first mounted in a stainless steel Wicke–Kallenbach cell 
sealed with graphite gaskets and thereafter the membrane was dried at 573 K for 
6 h in a helium flow (99.999%, AGA). The pressure difference across the 
membrane was 1 bar with an atmospheric permeate pressure. The permeance of 
helium through the membrane was determined as a function of the amount of n-
hexane in the feed. The relative pressure of n-hexane was increased gradually 
from 0 up to 0.38, and the system was allowed to equilibrate at each measuring 
point. The width of defects smaller and larger than 2 nm was estimated by the 
Horvath-Kawazoe (H-K) equation and the Kelvin equation, respectively. The 
defect area distribution was calculated from the measured helium molar flow 
and helium molar flux through the defects estimated from Fick’s law. Defect 
distribution was evaluated in terms of relative areas of defects (area of defects 
divided by the total membrane area). 

2.3. Single gas permeation experiments 

After characterization by permporometry, the membrane retained in the cell was 
again dried at 573 K for 6 h at a heating rate of 1 ˚C/min in a helium flow. 
Afterwards, single gas CO2 and CH4 permeances were measured in the 
temperature range of 250–300 K. During the single gas experiment, the feed 
pressure was kept at 4.5 barA whereas atmospheric pressure was used on the 
permeate side.  

2.4. Separation experiments 

The membrane was kept in the stainless steel cell and dried at 573 K for 6 hours 
in a helium flow prior to the separation experiments. Mass flow controllers 
(SLS500, Brooks Instrument) were used to adjust the feed flow rate and 
composition. The feed was equimolar in CO2 (99.995%, AGA) and CH4 
(99.9995%, AGA) and the total flow rate was 10 l/min. The pressure on the 
feed- and permeate side was 9 and 1 barA, respectively, adjusted by a back 
pressure regulator. A mass spectrometer (GAM400, InProcess Instrument) was 
used to analyze the composition of the permeate stream. The permeate 
volumetric flow rate was measured by a drum type gas meter (TG 5, Ritter 
Apparatebau GmbH). The separation experiment was carried out in the same 
temperature range as used for the single gas permeation experiments, i.e. 250–
300 K. The membrane selectivity α was defined as α = Пi/Пj which is the 
component single permeance ratio and the separation factor β was calculated as 



follows β = (yi/yj)/(xi/xj), where y and x is the molar fraction of components i 
and j in the permeate and feed stream, respectively. During the experiment, the 
temperature in the membrane cell was monitored by a type K thermocouple 
connected to the feed side of the membrane. 

3. Modeling 

The performance of high flux composite membranes may be affected by 
concentration polarization on the feed side as well as pressure drop over the 
support [19-21]. Both of these effects decreases the performance, in terms of 
flux and selectivity, of the membrane and it is therefore of interest to estimate to 
which extent the experiments reported in this work were affected by these 
phenomena. We have previously described the model used for assessing these 
effects in detail and therefore we only describe the procedure briefly herein [19-
21]. 
Concentration polarization on the feed side may be assessed by determining the 
concentration polarization index: 
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where nm is the mole fraction at the zeolite film - gas interface and nb is the mole 
fraction in the gas bulk, kc is the mass transfer coefficient, further Jv is the 
volumetric flux and np is the mole fraction in the permeate. The mass transfer 
coefficient may be obtained from the Sherwood number: 
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where dh is the hydraulic diameter of the cell and D is the gas phase diffusivity 
of carbon dioxide. The Sherwood number is obtained from correlations relating 
the Sherwood (Sh) number to the Reynolds (Re) and Schmidt (Sc) numbers. 
Perdana et al. have reported a correlation for mass transfer in a Wicke-
Kallenbach cell [22].  
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where w is the compartment height i.e. the thickness of the gas film on the feed 
side of the membrane and DC is the diameter of the membrane inside the gaskets, 
for details see Perdana et al. [22]. In the original work by Perdana et al, the 
Reynolds numbers were low and the membrane was operating under laminar 
flow. In this work, the Reynolds number were much higher indicating turbulent 
flow, consequently we changed the exponent of the Reynolds number in 
equation (3) to 0.8 to reflect the change in Sherwood number with Reynolds 
number at turbulent conditions [23]. 
 
The pressure drop over each layer of the support was determined using the same 
methodology as described in detail elsewhere [20, 24-26]. Transport through the 
3 mm thick base layer having 3µm pores was assumed to occur via viscous flow, 
whereas transport through the 30 µm thick top layer was assumed to occur via a 
combination of viscous flow and Knudsen diffusion. Effective Knudsen 
transport coefficients and permeabilities for each layer have been determined for 
the support used previously [20]. 
 
Viscosities and gas phase diffusivities were adjusted to the desired temperature 
using Sutherland’s equation [27] and the Di 

/23T∝  relationship, respectively. 
Mixture viscosities were estimated as molar fraction weighted averages. The 
ideal adsorbed solution theory (IAST) was used for estimating adsorbed 
concentrations on the feed side of the membrane during separation [28]. 
Saturation loadings, Langmuir affinity coefficients and adsorption enthalpies 
were taken from Ohlin et al. and Krishna [29, 30]. 
 
Once the contributions from the concentration polarization and pressure drop 
over the support have been determined, a corrected permselectivity for the 
zeolite film itself can be calculated as:  
 

  (4) 

 



where  is the flux of component i through the membrane and Pi perm, film is the 
partial pressure of component i at the interface between the support and the 
zeolite film.   
Further, the permeselectivity of zeolite membranes may, to a first 
approximation, be expressed as the product of the diffusion- and adsorption 
selectivities [31]: 
 

   (5) 

 
where Di and Dj are the diffusion coefficient of components i and j, respectively 
and Si and Sj are the ratios of the mole fractions in the adsorbed phase and gas 
phase for component i and j, respectively. The composition of the adsorbed 
phase was determined using the IAST as described above. Once the adsorption 
selectivity has been determined, the diffusion selectivity may be determined 
from equation (5).   

4. Results and discussion 

4.1. Membrane characterization 

Figure 1 shows SEM top view (a, c) and cross section (b) images of membranes 
M1 and M2. The zeolite films in both membranes have a thickness of ca. 450 
nm. The zeolite film in membrane M1 (Figure a, b) is even and composed of 
well-intergrown zeolite crystals, free from large defects (e.g. cracks and 
pinholes) whilst the presence of defects in the forms of cracks can be noticed in 
membrane M2 (Figure c).  
 



   

         
Figure 1. SEM images of the membrane M1: (a) top and (b) cross-section views, membrane 
M2: (c) top view. 

Figure 2 shows n-hexane/helium permporometry patterns for both membranes. 
The initial helium permeance, measured at the relative pressure of n-hexane 
(p/p0) of 0 was high for both membranes, viz. 41×10-7 and 76.33×10-7 mol s-1 m-2 

Pa-1, for membranes M1 and M2, respectively. At a relative pressure of n-hexane 
of 3.7×10-4, the helium permeance was reduced to 0.058×10-7 and 12.66×10-7 
mol s-1 m-2 Pa-1, i.e. by about 99.8% and 83% for membrane M1 and M2, 
respectively. At this relative pressure, the zeolite pores and micropore defects 
with a width smaller than 0.73 nm should be blocked. This indicates that the 
majority of the pores in the membrane M1 should be small micropores mainly in 
the form of open grain boundaries. By further increasing the n-hexane 
concentration in the feed, the He permeance of membrane M1 was gradually 
reduced to as low as 0.033×10-7 mol s-1 m-2 Pa-1 at the final relative pressure of 
0.34. For membrane M1, about 77.2% of the defects were micropores smaller 
than 2 nm. For membrane M2, the final He permeance was reduced to 0.13×10-7 
mol s-1 m-2 Pa-1 at the relative pressure of 0.38, indicating the presence of defects 
mainly in the range of 0.71- 1.78 nm. The defect distribution in terms of relative 
areas for membrane M1 and M2 is presented in Table 1 and 2 for comparison. 

 

 



The total relative area of defects was estimated to be as small as 0.001% of the 
total membrane area for membrane M1 and 1.1% for membrane M2.  
 
Table 1.  Permporometry data for membrane M1. 

P/P0 Permeance  
(10-7 mol s-1 m-2 Pa-1) 

Defect interval 
(nm) 

Relative area   of 
defectsa (%) 

0 41 
0.00026 0.059   
0.00037 0.058 0.71 - 0.73 0.000034 
0.0011 0.056 0.73 - 0.80 0.00024 
0.012 0.056 0.80 - 1.04 0.0000 
0.11 0.033 1.04 - 1.78 0.00058 
0.34 0.033 1.78 - 4.20 0.00000 

    > 4.20 0.00024 
  Total 0.0011 

a Area of defects per total membrane area

 
Table 2. Permporometry data for membrane M2. 

P/P0 Permeance Defect interval Relative area 
(10-7 mol s-1 m-2 Pa-1) (nm)       of defectsa (%) 

0 76.33 
0.00022 16.08   
0.00037 12.66 0.71 - 0.73 0.36 
0.00111 7.11 0.73 - 0.80 0.47 

0.011 1.88 0.80 - 1.04 0.27 
0.12 0.49 1.04 - 1.78 0.034 
0.38 0.13 1.78 - 4.52 0.004 

  > 4.52 0.0009 
  Total  1.14 

 a Area of defects per total membrane area 



 
Figure 2. Permporometry patterns determined for membranes M1and M2. 
 

4.2. Single gas permeation data 

Figure 3 shows single gas permeances of CO2 and CH4 measured as a function 
of temperature for membrane M1 at 4.5 barA feed pressure i.e. the same 
pressure as the feed partial pressures in the separation experiments. The single 
gas permeance of CH4 was almost constant (varied less than 10%) and higher 
than that of CO2 in the entire temperature range. The permeance of CO2 on the 
contrary was much lower and decreased with decreasing temperature in the 
entire temperature range. To understand these trends, we calculated the driving 
force, expressed as difference in adsorbed loading, over the zeolite film after 
adjusting the pressure on the permeate side for pressure drop over the support. 
We used the adsorption data previously reported by Ohlin et al. for adsorption of 
CO2 and CH4 in high silica MFI [30]. For CO2, the driving force decreased from 
0.31 to 0.095 mol g-1 when the temperature was decreased from 290K to 250K. 
The reason for this was that the adsorbed loading on the permeate side of the 
membrane increased faster than the adsorbed loading on the feed side of the 
membrane as the temperature was decreased, resulting in a smaller driving force 
over the film at lower temperatures. For CH4 on the other hand, the driving force 
was rather constant (varied less than 10%), i.e. ca. 0.36 mol g-1 at 250 and 290 K 
ca. 0.39 mol g-1 at 265 K. It should be noted that, the driving forces for CH4 is 
larger than those for CO2 as is the diffusivity of CH4 in zeolite MFI [32]. The 
higher diffusivity and driving force therefore explains the higher observed 
permeance of CH4 as compared to CO2. 
 



 
Figure 3. Single gas permeances as a function of temperature for membrane M1 at 4.5 bar 
feed pressure. 
 

4.3. CO2/CH4 separation 

Table 3 shows the obtained CO2/CH4 separation data, including CO2 and CH4 
fluxes and selectivities of the membranes at different temperatures. The high 
quality membrane, M1, showed a very high mixture CO2 permeance varying 
from 90 × 10-7 mol s-1 m-2 Pa-1 at the highest temperature to about 60× 10-7 mol 
s-1 m-2 Pa-1 at the lowest temperature, see Figure 4. The mixture CO2 permences 
are quite similar as the single gas CO2 permeances. The CO2 permeance of about 
90 × 10-7 mol s-1 m-2 Pa-1 is, to the best of our knowledge, the highest value 
reported in the open literature. The mixture CH4 permeance was lower than the 
single gas CH4 permeance, showing that CO2 is partially blocking the transport 
of CH4 in the mixture separation experiment. Similar findings have been 
reported by other groups [33-35]. 
 
 The separation factor (Figure 4) and selectivities varied in the range 3-10 and 3-
12, respectively, for the high quality membrane with the highest separation 
factor and selectivity observed at the lowest temperature. 
 
 
 
 
 
 
 



Table 3. Flux and selectivities for the membranes. 
T (K) CO2  flux (kg m-2 h-1) CH4 flux (kg m-2 h-1) Selectivity (α) 
 M1 M2 M1 M2 M1 M2 
248 337 433 12.2 32.9 12 6 
252 357 419 15.0 48.5 11 3 
258 384 442 18.4 43 9 4 
263 428 465 26.3 49.2 7 4 
268 453 497 31.8 58.4 6 4 
278 490 534 44.7 71 5 3 
298 540 536 68.4 94 3 2 
 

 
Figure 4. Permeances through membranes M1 and for an equimolar feed mixture as a 
function of temperature (left), CO2/CH4 Separation factor as a function of temperature (right). 
 
We have previously shown that both permeances and selectivities for our 
membranes are adversely affected by pressure drop over the support and 
concentration polarization on the feed side in high flux separations [19-21]. In 
the present work, the pressure drop over the support was evaluated at three 
different temperatures to capture the trend over the investigated temperature 
range. The relative pressure drop of carbon dioxide over the support varies from 
ca 32% at the highest temperature where the flux also is highest, to ca 17 % at 
247 K where the flux is lowest, see Table 4, showing that the support is 
decreasing the performance of the membrane in concert with previous findings.  
Most of the resistance in the support is in the top layer having small, ca 100 nm, 
pores. Thus, either increasing the pore size or reducing the thickness of the top 
layer would reduce the influence of the support. Reducing the thickness of the 
top layer from 30 µm to 5-10 µm would improve the situation significantly [36].  



The influence of concentration polarization on the membrane performance was 
also assessed by determining the concentration polarization index at the same 
three temperatures using equation 1, see Table 4.  
 

Table 4.  Relative pressure drop over the support (ΔP), concentration polarisation index (CPI), 
selectivity for the zeolite film (αperm, film) and adsorption selectivity (αads) according to IAST 
estimated at three different temperatures for membrane M1 and Diffusion selectivity (αads) of 
membrane M1 and M2. 

T (K) ΔP (%) CPI αperm, film αads 
α diff  

(membrane M1) 

α diff  

(membrane M2) 

299 32 0.94 6 28 0.20 0.12 

269 24 0.94 10 47.3 0.13 0.07 

247 17 0.95 16 137 0.12 0.06 

 

For membrane M1, the concentration polarization index was about 0.94 at all 
temperatures studied, which indicates that concentration polarization was small 
or negligible at these experiments despite the high flux, as a result of the 
relatively low selectivity of the membrane.  
 
The CO2/CH4 selectivity was increasing with decreasing temperature. The 
highest selectivity of 12 was observed at the lowest temperature studied of 247 
K for membrane M1, see Table 3. Figure 4 shows the CO2/CH4 separation factor 
as a function of temperature. For membrane M1, the lowest separation factor of 
3 was observed at the highest temperature investigated of 300 K. With 
decreasing temperature, the separation factor increased, reaching nearly 10 at 
247 K. Poshusta et al. have also reported increasing separation selectivity with 
decreasing temperature for CO2/CH4 separation through MFI zeolite membrane 
[15]. The same trend with a lower separation factor range which is the result of 
the presence of defects is also observed for membrane M2. Carbon dioxide 
adsorbs stronger than methane in zeolite MFI and as the heat of adsorption for 
carbon dioxide also is larger (more negative) than that of methane, the CO2/CH4 
adsorption selectivity is increasing with decreasing temperature [37]. Table 4 
shows the CO2/CH4 adsorption selectivities on the feed side determined at three 



different temperatures using the Ideal adsorbed solution theory.  Adsorption data 
for carbon dioxide and methane in high silica MFI reported by Ohlin et al. and 
Krishna was used as input [29, 30]. The calculations were performed after 
removing the effect of concentration polarization. The estimated adsorption 
selectivity increases with decreasing temperature, from ca 28 at 300K to ca 137 
at 247K. Consequently, the zeolite is adsorption selective towards carbon 
dioxide and the selectivity is increasing with decreasing temperature, in concert 
with previous findings [2, 15]. With the pressure drop over the support and 
concentration polarization index determined, it is now possible to determine 
corrected permselectivities for the zeolite film alone. These corrected 
permselectivities are a factor of 1.3 to 1.7 larger than the measured ones, ranging 
from ca 6 to 16, see Table 4.  
 
as the permselectivities and adsorption selectivities now have been determined 
we can now also determine the diffusion selectivity from equation 4. The 
diffusion selectivities for both membranes are presented in table 4. For both 
membranes the diffusion selectivities decreases by about a factor 2 with 
decreasing temperature in the investigated temperature range 299K to 247K. 
The diffusion selectivities for membrane M2 is also significantly lower than the 
corresponding for membrane M1, this is most likely due to larger amounts of 
defects in the former membrane as shown by permporometry.   
 
At the experimental conditions prevailing here, the adsorbed loading of carbon 
dioxide is rather high and it is well known that correlation effects (diffusional 
coupling) are typically significant in the MFI framework at high loadings.  
Indeed, MD simulation performed for similar conditions as in this work, suggest 
that correlation effects are strong at these conditions. However, correlation 
effects do not explain the decrease in diffusion selectivity with decreasing 
temperature (and increasing adsorbed loading). Instead we propose that transport 
via flow-through defects is becoming increasingly important as the temperature 
is decreased. As the transport through the defects occurs via Knudsen diffusion, 
which is methane selective, this may probably explain the decreased diffusion 
selectivity with decreasing temperature. Furthermore, the more defective 
membrane M2 displayed lower diffusion selectivites, which shows that defects 
reduce diffusion selectivity as discussed above. The transport via the zeolite 
pores decreases with temperature both because the activated diffusion is 



intrinsically slower at  lower temperatures, but also because the high adsorbed 
loading slows down the diffusion as it is increasingly more difficult to make 
successful jumps from site-to site at high adsorbed loadings [31, 32]. 
 
In summary, the modeling work shows that it is mainly the adsorption properties 
that dictate the observed trend with increasing selectivity with decreasing 
temperature and that pressure drop had an adverse effect on membrane 
performance whereas the effect of concentration polarization was small.  

5. Conclusions 

In the present work, ultra-thin MFI membranes were evaluated for CO2/CH4 
separation in the temperature range 250–300 K. The membranes were CO2-
selective in the entire temperature range and the selectivity towards CO2 
increased with decreasing temperature, which was ascribed to stronger CO2 
adsorption at lower temperatures. The highest CO2/CH4 separation factor of ca. 
10 was observed at the lowest temperature studied of 247 K. The measured CO2 
permeance, ranging from about 60 to 90 mol s-1 m-2 Pa-1 was the highest ever 
reported for CO2/CH4 separation using zeolite membranes. Pressure drop over 
the support had an adverse effect on membrane performance whereas 
concentration polarization was small at the conditions studied.  
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Abstract 

Ultra-thin MFI zeolite membranes with different Si/Al ratios (>140, 50 and 25) 
have been prepared on graded α-alumina supports and evaluated for separation 
of equimolar CO2/CH4 mixtures at varying temperatures. The thickness of all 
membranes was less than 500 nm and permporometry showed that the amount 
of defects was very low in the two membranes with highest Si/Al ratio (>140 
and 50). The membrane with the lowest ratio (25) also had very few defects in 
the mesopore range, but comprised a few macropore defects. At room 
temperature, the Si/Al>140 membrane with the thickness of 350 nm showed 
very high CO2 permeance of 142×10-7 mol s-1 m-2 Pa-1, but low separation factor 
of 1.4. The membrane with a Si/Al ratio of 50 had almost the same thickness, 
but CO2 permeance was decreased to 98×10-7 mol s-1 m-2 Pa-1, meanwhile a 
higher separation factor of 2 was observed at room temperature. For the 
Si/Al=25 membrane, the CO2 permeance was 71×10-7 mol s-1 m-2 Pa-1 and the 
separation factor was 3.1 at room temperature. These results indicate that lower 
Si/Al ratio results in higher separation factor at room temperature, probably due 
to more extensive CO2 adsorption on the more polar zeolite. Consequently, as 
the temperature was reduced from room temperature, all membranes displayed 
higher separation factor, probably due to increased CO2 adsorption. However, 
the membranes displayed different trends. For the two membranes with highest 
Si/Al ratio, maximum separation factor was observed at the lowest investigated 
temperature, i.e. 250 K, while the membrane with lowest Si/Al ratio displayed a 
maximum in separation factor at 271 K. The maximum observed separation 
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factors were 2.6 (at 250 K), 7.1 (at 249 K) and 3.3 (at 271 K) for Si/Al ratios 
of >140, 50 and 25, respectively. These observations are consistent with an 
adsorption-diffusion separation mechanism. However, concentration 
polarisation and mass transfer resistance in the support may also influenced the 
results. 
 
Keywords: ultra-thin MFI zeolite membrane, Si/Al ratio, CO2/CH4 separation, 
high permeance, natural gas, biogas 
 

1. Introduction 

Natural gas and biogas containing mainly CH4 and CO2 are environmentally 
friendly fuels and feed stocks. However, CO2 reduces the heating value, cause 
pipe corrosion and occupies volume in the delivery pipeline etc. Consequently, 
removal of CO2 from biogas and natural gas is necessary and timely research 
topic [1].  
 
Removal of CO2 from CH4 can be achieved by e.g., pressure swing adsorption, 
cryogenic separation, alkanolamine absorption or membrane separation etc. [2]. 
Absorption or adsorption processes are the main current techniques for CO2 
separation in industry, but these techniques are costly. Consequently, the 
application of membrane technology for gas separation has recently attracted 
much attention [1]. Despite much progress in the development of polymer 
membranes, the industrial use is limited due to the low permeance and limited 
robustness of these organic materials [3]. Inorganic zeolite membranes with 
porous framework and high stability have therefore raised much attention. The 
well-defined porous zeolite framework may potentially give both high 
permeance, which reduces the required membrane area and also high selectivity 
[4].  
 
Several types of zeolite membrane have been investigated for CO2 separation 
from CH4. Small-pore zeolite membranes, like CHA, DDR with high selectivity 
but very low CO2 permeance, namely 0.4-5×10-7 mol s-1 m-2 Pa-1, have been 
reported [5-9]. Zeolite membranes with larger pore size, for example MFI and 
FAU, have also been reported for CO2/CH4 separation showing higher 
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permeance (7.5-9×10-7 mol s-1 m-2 Pa-1) and separation selectivities in the range 
of 5-40 [10-12]. We have developed a masking technique which enables 
preparation of ultra-thin MFI zeolite membranes with limited invasion of zeolite 
into the support on open graded α-alumina discs [13]. The membranes have high 
Si/Al of 139 and displaying a high mixture gas CO2 permeance of 45 × 10-7 mol 
s-1 m-2 Pa-1 and good CO2/CH4 separation of 4.5 at 10 bar feed pressure and 277 
K [14].  
 
MFI zeolite can be prepared with different Si/Al ratios. The amount of 
aluminium found in the Al atoms included MFI zeolite framework play an 
important role, as they exert strong electrostatic interactions on ions, polar and 
quadrupolar molecules. Many systematic studies on the influence of Si/Al ratio 
on the performance of the zeolite have been reported. As an example, the 
affinity of CO2 molecules to different Si/Al ratio MFI frameworks has been 
studied by Tuanny et al. [15]. The CO2 adsorption/desorption isotherms showed 
that ZSM-5 zeolites with lower Si/Al ratio has higher affinity for CO2 molecules, 
since the substitution of tetravalent Si atoms for trivalent Al ones into the ZSM-
5 develops a charge deficit in the zeolite lattice. In order to maintain the net 
neutrality, the introduction of other cations is necessary. Therefore, there are 
more charged sites on the surface as the Si/Al ratio of the zeolite decreases. 
Interactions among these charged sites on the surface of the ZSM-5 zeolites and 
the large quadrupole moment of CO2 have been pointing out as the factor which 
is responsible for the good adsorption capacity found in the zeolite. Our group 
has also reported a detailed investigation of the binary adsorption of carbon 
dioxide and methane in Na-ZSM-5 as a function of gas composition and 
temperature [16]. The adsorption selectivity is dependent on the composition, 
and selectrivities in the range 15-31 were observed at 308 K. Furthermore, the 
adsorption selectivity was increasing with decreasing of temperature and for an 
equimolar mixture at atmospheric pressure, adsorption selectivivities of about 8 
and 15 were observed at 393 and 308 K, respectively. Systematic investigations 
on how membrane performance is affected by the Si/Al ratio have also been 
reported. The enhancement of the Al-content, i.e. decreasing Si/Al ratio, in MFI-
crystals of a membrane not only changes its hydrophilic/hydrophobic 
permeation properties, the stability against acids, and the catalytic activity etc. 
The Al content also has mainly influenced on the permeation properties of MFI 
film [17]. MFI membranes with Si/Al ratios of 57 and ∞ were prepared by 
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Noack et al. [18]. The membranes were characterized by n/i-pentane and H2/SF6 
mixture permeation measurements under various conditions. The ZSM-5 
membrane with the highest Al content (Si/Al = 57) separated H2/SF6 mixtures 
with the separation factor of 51 but not for n/i-pentane mixtures. Meanwhile, it 
was also observed that with an enhanced Al content in MFI membranes, the 
transport resistance is increased by the presence of charge-balancing cations. 
The results also showed that the increasing of Al content simultaneously 
increasing concentrations of intercrystalline defect pores is formed. Therefore, 
the intercrystalline permeance increased with increasing Al content and 
therefore the mixture selectivities were low for Al-rich MFI membranes [17]. By 
use of intergrowth supporting substances (ISS) the MFI crystal surface is re-
charged and the crystal intergrowth was improved, thereby resulting in higher 
quality of membranes [19]. We have reported the influence of Si/Al ratio on 
separation of hydrocarbon isomers [20]. Membranes with the same thickness 
and similar and low amount of defects were selected for the study. The 
membranes were prepared from synthesis mixtures with aluminium free, and 
with a Si/Al ratio of 100, respectively. When the temperature was varied, the 
membranes showed similar separation trends for butanes, but clear differences 
were observed for hexanes separation. The differences were assigned to 
differences in adsorption properties of the membranes.   
 
We have also investigated the permeation of small molecules through MFI films 
on porous graded α-alumina discs with a thickness of about 550 nm [21]. 
Probably due to narrower effective pore diameter for the ZSM-5 membranes 
(Si/Al = 62) with sodium ions in the zeolite pores, the average hydrogen 
permeance was 27% lower and the average H2/SF6 single gas permeance ratio 
was 67% higher comparing with ZSM-5 membranes with higher Si/Al ratio of 
157. We have also reported that these membranes showed different performance 
for separation of methanol and ethanol from synthesis gas [22]. The highest 
measured methanol/hydrogen separation factor, 32, was observed for more polar 
membrane with the lowest Si/Al ratio, while the highest ethanol/hydrogen 
separation factor, 46, was observed for less polar membrane with the highest 
Si/Al ratio, both at room temperature.  
 
In the present work, ultra-thin MFI membrane on porous graded α-alumina discs 
with different Si/Al ratios (the Si/Al ratio in the membrane synthesis mixture are 
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∞, 50 and 25) have for the first time been evaluated for equimolar CO2/CH4 
separation as a function of temperature.  

2. Experimental 

2.1 Membrane Preparation  

Porous graded α-alumina discs (Fraunhofer IKTS, Germany) were used as 
supports. The diameter is 25 mm and the top layer is 30 µm thick with a pore 
size of 100 nm, the base layer is 3 mm thick with a pore size of 3 µm. A 
suspension of 1 wt% 50 nm silicalite-1 crystals was used as seeds. Prior to 
seeding, the support was masked as described in a pending patent application 
[23]. 
 
For the zeolite membrane with Si/Al > 140, a synthesis mixture free from 
aluminium and with a molar composition of 3TPAOH: 25SiO2: 1450H2O: 
100EtOH was used. The growth of zeolite film was carried out by reflux at 
88 °C for 55 h. For the membrane with Si/Al=50, aluminium isopropoxide 
(≥98.0%, Aldrich) was used as aluminium source and sodium hydroxide (NaOH, 
≥99.0, Merk) was used to increase the basicity of the solution. The finial molar 
composition of the synthesis mixture was 3TPAOH: 0.25Al2O3: Na2O: 25SiO2: 
1600H2O: 100EtOH and the zeolite films were grown in an oil bath at 100 °C 
for 22 h under reflux. A synthesis solution with a molar composition of 
3TPAOH: 0.5Al2O3: Na2O: 25SiO2: 1600H2O: 100EtOH was used for 
preparation of a membrane with a Si/Al ratio of 25, by hydrothermal treatment 
at 150 °C for 14 h in an autoclave. Finally, the membranes were rinsed in a 0.1 
M NH3 solution and then calcined at 500 °C for 6 h at a heating rate of 0.2 °C 
min-1 and a cooling rate of 0.3 °C min-1.  
 
The membranes were characterized by n-hexane/helium adsorption-branch 
permporometry to evaluate the amount of the defects [24]. A detailed 
description of the experimental and data evaluation procedures are given our in 
previous work [25]. A scanning electron microscope (SEM, FEI Magellan 400 
field emission XHR-SEM) was used to investigate the morphology and 
microstructure of the membranes. XPS (X-Ray Photoelectron Spectroscopy) 
was employed to investigate the Si/Al ratio of the MFI membrane. The XPS  
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spectra were collected with a Kratos Axis Ultra DLD electron spectrometer 
using monochromated Al Kα source operated at 120 W. Analyser pass energy of 
160 eV for acquiring wide spectra and a pass energy of 20 eV for individual 
photoelectron lines were used. The surface potential was stabilized by the 
spectrometer charge neutralization system. The binding energy (BE) scale was 
referenced to the C 1s line of aliphatic carbon, set at 285.0 eV. Processing of the 
spectra was accomplished with the Kratos software.  

2.2 Gas separation experiments 

Before separation experiments, the membrane mounted in a steel cell was dried 
in a flow of helium at 300 °C for 6 h with a heating rate of 1 °C/min followed by 
natural cooling. Sub-ambient membrane temperatures were achieved by putting 
the membrane cell in a silicone oil bath. Permeation of gas mixtures was 
performed in a continuous flow mode using an equimolar mixture of CO2 and 
CH4 introduced to the cell by using mass flow controllers. The retentate pressure 
was controlled by a back pressure regulator. The pressure on both sides of the 
membrane was monitored by pressure gauges. The feed mixture was fed to the 
membrane at a total pressure of 700 kPa at a flow rate of 8 l/min, and the 
permeate was kept at atmospheric pressure. No sweep gas was used. Gas flow in 
the permeate stream was measured using a bubble flow meter, and the 
composition of permeate streams was analysed using a GC (490 Micro GC, 
Agilent). 

3. Results and discussion 

Fig. 1 shows cross-section and top view SEM images of an as-synthesised MFI 
membrane from an aluminium free synthesis solution. The zeolite film is 
continuous and comprised of well intergrown crystals. Fig. 1 shows that the film 
is even with a thickness of around 350 nm and that no invasion could be 
observed by SEM. The single helium gas permeance was 110×10-7 mol s-1 m-2 
Pa-1. This high permeance is a result of a thin film on an open, non-invaded 
graded support. In permporometry as shown in Fig 2, when n-hexane was added 
to the feed (p/p0= 0.025), the zeolite pores and microspore defects smaller than 
about 1.25 nm, were blocked [25] and the helium permeance was dramatically 
reduced to 0.53×10-7 mol s-1 m-2 Pa-1, i.e. it decreased by 99.52 %. When the 
relative pressure of n-hexane was further increased, the helium permeance 
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through the membrane decreased gradually to 0.02×10-7 mol s-1 m-2 Pa-1
 at p/p0 = 

0.91. This indicated that the membrane very high quality, almost no larger pores 
or defects in line with the SEM observations.   
 

  
Fig. 1.  Top view (a) and cross-section (b) SEM images of an as-synthesised MFI membrane 
from the synthesis solution with Si/Al=∞. 
 

 
Fig. 2. Permporometry pattern of as-synthesised MFI membrane from the Si/Al=∞ synthesis 
mixture.  
 
Fig. 3 illustrates the separation results for a feed comprised of an equimolar 
CO2/CH4 mixture as a function of temperature for the same membrane. The 
separation factor and separation selectivity are very similar and increase with the 
decreasing of temperature. The separation factor was around 1.4 at room 
temperature and the maximum separation factor was 2.5 at 250 K. The estimated 
Si/Al ratio for this membrane is 90. The CO2 permeance through the membrane 
was very high of 142×10-7 mol s-1 m-2 Pa-1 at room temperature and decreased 
only slightly to 106×10-7 mol s-1 m-2 Pa-1 at the lowest temperature. The low 
membrane thickness in combination with an open graded support is the main 
explanation for the high permeance. This permeance is even higher than we 
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reported previously for MFI membranes with a Si/Al ratio of about 139 [14] and 
much higher than MFI membranes with similar Si/Al ratio reported by other 
groups [26-28]. Consequently, the observed CO2 flux was also very high 
although the membrane pressure difference was kept relatively low at 6 bar. The 
flux was 686 kg m-2 h-1 at room temperature and 495 kg m-2 h-1 at 250 K. The 
CO2 and CH4 permeances and fluxes are generally lower at the lower 
temperature, probably due to lower diffusivity. 
 

  

 
Fig. 3. Separation factor; permeance and flux for separation of an equimolar CO2/CH4 by MFI 
membrane with Si/Al>140 as a function of temperature. 
 
The membrane prepared by hydrothermal treatment in a synthesis mixture with 
a Si/Al ratio of 50 has a very similar morphology as the membrane prepared 
from an aluminium free synthesis mixture as observed from the top-view and 
cross-section SEM images shown in Fig. 4. The zeolite film is continuous 
without any crack or pinholes and has almost the same thickness as the 
membrane prepared from an aluminium free synthesis mixture. Again, the pores 
of the support were totally open and no invasion could be observed by SEM. 
The single helium gas permeance was 98×10-7 mol s-1 m-2 Pa-1, i.e. slightly lower 
than the membrane prepared from an aluminium free synthesis mixture. During 
permporometry, the helium permeance decreased by 99.48% when the relative 
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pressure of n-hexane, i.e. p/p0, increased from 0 to 0.025 as shown in Fig. 5. 
This also indicated a high quality of membrane.  
 

  
Fig. 4. SEM images of an as-synthesised MFI membrane from the Si/Al=50 synthesis mixture, 
(a) top view; (b) cross-section. 
 

 
Fig. 5. Permporometry pattern of MFI membrane from the Si/Al=50 synthesis mixture. 
 
Fig. 6 shows the separation results for equimolar CO2/CH4 gas mixture by 
Si/Al=50 membrane. At room temperature, the separation factor and separation 
selectivity were 2, which is higher than for the membrane with a Si/Al ratio 
exceeding 90. When the temperature was decreased to 250 K, the separation 
factor was increased to 7, which was around 3 times higher than for the 
membrane with an Si/Al ratio =90. The CO2 permeance was slightly lower than 
for the membrane with a Si/Al ratio >140 and was 98×10-7 mol s-1 m-2 Pa-1 at 
room temperature. The estimated Si/Al ratios are 46. The higher separation 
factor compared with the membrane with an Si/Al ratio of >140 membrane is 
probably a result from the stronger adsorption of CO2. This is due to more 
aluminium in zeolite framework can produce more polar sites, therefore, CO2 
molecules need to overcome more energy barrier to go through the higher 
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aluminium content zeolite pores [29, 30]. For this membrane, the CO2 flux was 
437 kg m-2 h-1 at room temperature, and with the decreasing of temperature the 
permeances and fluxes of CO2 and CH4 decreased, probably due to the lower 
diffusivity. 

  

 
Fig. 6. The separation results for an equimolar CO2/CH4 feed as a function of temperature by 
Si/Al=50 MFI membrane (a) separation factor; (b) permeance and (c) flux. 
 
Representative SEM images of a membrane prepared from a synthesis mixture 
with a Si/Al ratio of 25 are shown in Fig. 7. The membrane is continuous and 
the zeolite film is even with a thickness of around 750 nm, i.e. about 2 times 
thicker than the membranes with high Si/Al ratios as described above. The 
single helium gas permeance was 66×10-7 mol s-1 m-2 Pa-1, i.e. lower than for the 
thinner films, as expected. The morphology of this membrane appeared different; 
the zeolite crystals were larger with well-defined grain boundaries. It has been 
previously reported that pinholes form more frequently in films with well-
developed crystals and grain boundaries [31]. However, the permporometry 
pattern in Fig. 8 shows that the membrane has reasonably good quality. When n-
hexane was added and p/p0 was increased to 0.025, the helium permeance 
decreased by 99.07% as compared to 99.52% and 99.48% for the membranes 
discussed above. Also, the permeance measured at the highest relative pressure 
of 0.9 was as high as 0.3 ×10-7 mol s-1 m-2 Pa-1, which indicates that existence of 
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a few large defects most likely pinholes in the membrane. The large defects 
could be larger than 48 nm calculated from the Harkins–Jura and Kelvin 
equation as the description in our previous report [24]. Consequently, the quality 
of the membrane was not as high as the two membranes with higher Si/Al ratio.  
 

  
Fig. 7. SEM images of top view (a) and cross-section; (b) of an as-synthesised MFI 
membrane from the Si/Al=25 synthesis mixture. 
 

 
Fig. 8. Permporometry pattern of MFI membrane from the Si/Al=25 synthesis mixture. 
 
The data for separation of an equimolar CO2/CH4 mixture are shown in Fig. 9a. 
The separation factor was 3.1 at room temperature, which was much higher than 
the separation factors 1.4 and 2 observed for the membranes with Si/Al rations 
of 90 and 46, respectively.  In this case, the trend of separation factor as a 
function of temperature was different as compared to the membranes discussed 
above. In this case, the separation factor was first increasing when the 
temperature was decreased down to 271 K, again probably due to increased CO2 
adsorption. Consequently, a maximum in separation factor of 3.3 was observed 
at 271 K, and lower separation factors were observed as the temperature was 
reduced further. The estimated Si/Al ratio for this membrane is 21. The higher 
concentration of aluminium is likely increasing the CO2 adsorption, resulting in 
a higher separation factor at room temperature, as compared to the other two 
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membranes with higher Si/Al ratio. The membrane was probably saturated with 
CO2 at 271, where maximum separation factor was observed. A further reduce 
in temperature, was only resulting in reduced diffusivity of CO2 and 
consequently a reduced separation factor.  The CO2 permeance was 71×10-7 mol 
s-1 m-2 Pa-1 at room temperature, which was lower than for the membranes with 
Si/Al ratios >140 and 50. However, this membrane was about twice as thick as 
the two membranes with higher Si/Al ratio, which probably is the main cause for 
the lower permeance. Still, the permaence is much higher than reported MFI 
zeolite membranes with similar or low Si/Al ratio and much higher than for 
polymeric membranes [32,33].  
 

  

 
Fig. 9. The separation results of separation factor (a), permeance (b) and flux (c) by Si/Al=25 
membrane for an equimolar CO2/CH4 feed as a function of temperature.  
 
Our previous research showed that the performances of our high flux 
membranes are adversely affected by both concentration polarization and 
pressure drop over the support. For example in the work by Shahpar et al. high 
flux MFI membranes were evaluated for separation of equimolar CO2/CH4 using 
very similar conditions as in this work. At 271 K, the CO2 permance and 
selectivity were about 78×10-7 mol m-2 s-1 Pa-1 and 6, respectively. At these 
conditions, the relative pressure drop over the support was 24 % and the 
concentration polarization index i.e. the ratio between concentration of the main 
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permeating specie at the membrane surface to the concentration in the feed gas 
bulk was 0.65. The permeance reported in this work is even higher than previous 
work where we have estimated the effects of concentration polarization and 
pressure drop over the support for separation of equimolar CO2/CH4 as 
described above, we believe that these effects may have affected the results 
reported herein in a similar or probably even worse fashion.  
 
The membranes with the highest Si/Al ratio have the lowest separation factor 
and the membranes with the lowest Si/Al ratio have the highest at room 
temperature. With the decreasing of Si/Al ratio, the CO2 permeance decrease. 
The differences in the separation performance of these membranes can be 
explained by the variety of the zeolite framework properties with the increasing 
of aluminium content. In present work, the separation factor of Si/Al=46 
membrane was much higher comparing with Si/Al=90 membrane for separation 
of equimolar CO2/CH4 mixture separation at the same separation conditions. 
This is due to the higher aluminium content increasing the affinity of CO2 to 
zeolite framework [17], therefore CO2 will move even slow with even high 
aluminium content. Meanwhile, higher aluminium content also indicated that 
higher Na+ content in zeolite framework which will probably reduce the 
accessibility of the pore space [15]. Both effect parameters will be showed up by 
low permeance in zeolite membrane separation process. In addition, the 
tendency of the separation factor as a function of the temperature for Si/Al=21 
membranes were significantly different with the membranes which have higher 
Si/Al ratio. This is indicated that the CO2 adsorption on the feed side was 
saturated at 271 K for the lowest Si/Al ratio membrane in this study due to even 
stronger affinity of the zeolite framework to CO2 molecules. Therefore the 
adsorption selectivity of the zeolite cannot increase at lower temperature. The 
CO2 diffusion rate will be decreased by low temperature, and the lower diffusion 
of CO2 leads to the decreasing of the separation factor after 271 K as shown in 
Fig. 9. For the lower Si/Al ratio membrane, H+ exchange probably could keep 
the affinity of the zeolite framework to CO2 molecules, and meanwhile reduce 
the effect of Na+ to make the pore more accessible to have higher permeance 
[34]. 
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5. Conclusions 

Ultra-thin MFI zeolite membranes with Si/Al ratios of 90, 46 and 21, were 
grown on alumina supports. The membranes were evaluated by SEM and 
permporometry and for separation of equimolar CO2/CH4 mixtures at different 
temperatures. With the decreasing of Si/Al ratio, the separation factors were 
increased and CO2 permeances were decreased at room temperature. The 
increased separation factor is probably a result of higher polarity of membranes 
with low Si/Al ratio of zeolite framework, resulting in increased affinity to CO2.  
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Efficient ceramic zeolite membranes for CO2/H2

separation

D. Korelskiy,* P. Ye, S. Fouladvand, S. Karimi, E. Sjöberg and J. Hedlund

Membranes are considered one of the most promising technologies for CO2 separation from industrially

important gas mixtures like synthesis gas or natural gas. In order for the membrane separation process

to be efficient, membranes, in addition to being cost-effective, should be durable and possess high flux

and sufficient selectivity. Current CO2-selective membranes are low flux polymeric membranes with

limited chemical and thermal stability. In the present work, robust and high flux ceramic MFI zeolite

membranes were prepared and evaluated for separation of CO2 from H2, a process of great importance

to synthesis gas processing, in a broad temperature range of 235–310 K and at an industrially relevant

feed pressure of 9 bar. The observed membrane separation performance in terms of both selectivity and

flux was superior to that previously reported for the state-of-the-art CO2-selective zeolite and polymeric

membranes. Our initial cost estimate of the membrane modules showed that the present membranes

were economically viable. We also showed that the ceramic zeolite membrane separation system would

be much more compact than a system relying on polymeric membranes. Our findings therefore suggest

that the developed high flux ceramic zeolite membranes have great potential for selective, cost-effective

and sustainable removal of CO2 from synthesis gas.

Introduction

Efficient and sustainable CO2 separation and capture technol-
ogies are currently of tremendous interest for several reasons.
Firstly, CO2 is a greenhouse gas, and combustion of fossil fuels
is one of the major sources of CO2 emissions. Secondly, CO2 is
an undesired component in many industrial gas streams, such
as natural gas, biogas (methane produced from biomass), and
synthesis gas, including bio-syngas produced by biomass gasi-
cation.1 Removal of CO2 from syngas is a requirement for
further processing, such as production of liquid fuels, e.g.,
methanol,2 and hydrogen at reneries, petrochemical plants,
and Integrated Gasication Combined Cycle (IGCC) power
plants.3 Today, CO2 is removed primarily by absorption, e.g.,
amine scrubbing, which is rather an energy-intensive method
with high capital costs.4 In addition, the used absorbents are
corrosive and environmentally unfriendly, and the absorption
unit is quite large and complex.

Over the past decades, membrane separation technologies
have gained an increasing interest for the reasons of high effi-
ciency, sustainability and low energy consumption. Currently,
membranes are considered to be one of the most promising
CO2 separation and capture technologies with great market
potential.4,5 For instance, the amount of energy required for a
90% recovery of CO2 using an efficient membrane has been

estimated to be ca. 16% of the power produced by the power
plant,6 whereas the energy required by an amine absorption/
desorption process is ca. 50% of the power.7 From the
commercial point of view, polymeric membranes have been the
most successful membrane type thus far.4 For instance, the
MTR Polaris™ membranes8 have been the rst commercial
polymeric membranes able to separate CO2 from synthesis gas.
Today's best polymeric membranes can achieve CO2/H2 selec-
tivities of 10–12 with a CO2 permeance of ca. 2 � 10�7 mol s�1

m�2 Pa�1 at room temperature.9 Such a low permeance coupled
with the fairly poor selectivity necessitates the use of quite large
membrane areas for a given separation task. In addition, poly-
meric membranes suffer from plasticisation induced by CO2,
which signicantly reduces the membrane selectivity and
stability over time.4

Among ceramic membranes, zeolite membranes are espe-
cially attractive and promising.5 These membranes are micro-
porous aluminosilicate membranes with a well-dened pore
system.10 Due to the porous structure, zeolite membranes can
display much higher uxes than polymeric membranes,11 i.e., a
much smaller membrane area would be needed for a given
separation task. Additionally, ceramic zeolite membranes offer
an advantage over polymeric membranes in terms of high
chemical and thermal stability.12

Despite the great interest in synthesis gas upgrading using
membranes, the number of studies devoted to evaluation of
zeolite membranes for this application is small.5 Whereas
highly CO2-selective zeolite membranes have been developed,Chemical Technology, Luleå University of Technology, SE-97187 Luleå, Sweden.
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e.g., SAPO-34 membranes13 with a CO2/H2 separation factor of
110 at 253 K and a feed pressure of 12 bar, there are only a few
reports on high ux zeolite membranes. Our research group has
extensive experience in preparing ultra-thin (ca. 0.5–1 mm) high
ux MFI zeolite membranes,14 and these membranes have been
evaluated for various gas2,14–19 and liquid20 separations. In the
present work, these membranes were evaluated for separation
of CO2 from H2 (CO2/H2 mixtures are typically considered as a
model system for synthesis gas21) in a wide temperature range of
235–310 K and at a feed pressure of 9 bar.

Experimental
Membrane synthesis

Supported zeolite membranes comprised of an H-ZSM-5 lm
with a thickness of ca. 0.5 mm and a Si/Al ratio of 139 (ref. 17)
were prepared as described in detail in our earlier work.14 A
porous graded a-alumina disc (Fraunhofer IKTS, Germany) was
used as the support. Prior to the lm synthesis, the supports
were masked as described elsewhere22 and then seeded with
colloidal MFI crystals of 50 nm in diameter. The lm synthesis
was carried out for 36 h at 100 �C in a solution with a molar
composition of 3TPAOH : 25SiO2 : 1450H2O : 100C2H5OH.
Aer the synthesis, the membranes were rinsed with a
0.1 M Ammonia solution for 24 h and then calcined for 6 h at
500 �C at a heating rate of 0.2 �C min�1 and a cooling rate of
0.3 �C min�1.

Membrane characterisation

Scanning electron microscopy (SEM) characterisation of the
membranes was carried out using a Magellan 400 (the FEI
Company, Eindhoven, the Netherlands) instrument with no
coating. Cross-sections of the membranes were obtained by
fracture with a pair of cutting pliers.

X-ray diffraction (XRD) characterisation of the membranes
was performed using a PANalytical Empyrean diffractometer
equipped with a Cu LFF HR X-ray tube and a PIXcel3D detector.
The data evaluation was performed using HighScore Plus 3.0.4.

The prepared membranes were also characterised by n-
hexane/helium permporometry15 as described in detail in our
earlier work23 and in brief below. Themembranes were sealed in
a stainless steel cell using graphite gaskets (Eriks, the Nether-
lands). In order to remove any adsorbed compounds, the
membranes were heated to 300 �C at a heating rate of 1 �C
min�1 and kept at this temperature for 6 h in a ow of pure
helium. Permporometry characterisation was carried out at 50
�C and a total pressure difference across the membrane of 1 bar
with the permeate stream kept at atmospheric pressure. The
relative pressure of n-hexane was raised in a step-wise manner
from 0 to ca. 0.4. At each relative pressure, the system was
allowed to achieve steady-state. For removing n-hexane from the
permeate stream, a condenser kept at �40 �C followed by a
column packed with activated carbon was used. The permeate
volumetric ow rate was measured with a soap bubble ow
meter. A detailed procedure for estimation of the relative areas
of defects from permporometry data is given in our earlier

work.23 In brief, the defect width was calculated from n-hexane
relative pressure using either the Horvàth–Kavazoe equation
(micropore range defects) or the Kelvin equation (mesopore
range defects). For each defect interval, the average defect width
was then calculated. Based on the average defect width, the
average helium diffusivity in each defect interval was estimated
using the gas-translational model. Knowing the diffusivity, the
helium molar ux was further calculated from Fick's law.
Finally, the defect area was estimated as the ratio between
helium molar ow and ux through the defects in that partic-
ular interval.

Separation experiments

Separation experiments were carried out using an equimolar
mixture of CO2 and H2. The membrane was in the same cell as
used for the permporometry experiment. The total feed pres-
sure was kept at 9 bar, whereas the total permeate pressure
was atmospheric. All experiments were performed without
sweep gas. Prior to the experiments, the membrane was
ushed with pure helium for 6 h at 300 �C in order to remove
any adsorbed species. The permeate volumetric ow rate was
measured with a drum-type gasmeter (TG Series, Ritter
Apparatebau GmbH) and the permeate composition was ana-
lysed on-line with a mass spectrometer (GAM 400, InProcess
Instruments).

The ux of component i, Ji (mol s�1 m�2), was estimated
from the measured molar ow of the corresponding component
through the membrane, Fi (mol s�1) as

Ji ¼ Fi/A,

where A is the membrane area (m2).
The permeance of component i, Pi (mol s�1 m�2 Pa�1), was

calculated from the ux of the corresponding component
through the membrane as

Pi ¼ Ji/DPi,

where DPi (Pa) is the partial pressure difference of component i
across the membrane.

The separation factor bi/j was estimated as

bi/j ¼ (yi/yj)/(xi/xj),

where x and y are the molar fractions in the feed and permeate,
respectively.

The membrane selectivity ai/j was estimated as

ai/j ¼ Pi/Pj.

Results and discussion
Membrane characterisation

The fabricated membranes were H-ZSM-5 zeolite lms with a Si/
Al ratio of about 139 (ref. 17) supported on commercial
a-alumina discs (Fraunhofer IKTS, Germany). The synthesis
procedure is described in the Experimental. Cross-sectional and
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top-view SEM images of an as-synthesised membrane are shown
in Fig. 1. The zeolite lm appears to be even with a thickness of
ca. 0.5 mm. The crystals composing the lm are well-intergrown
with a size of ca. 200 nm. No large defects (>5 nm) could be
detected by SEM, indicating high quality of the membrane.
Fig. 2 shows an XRD pattern of membrane M2. The detected
reections were solely the expected reections emanating from
MFI zeolite and alumina (the support) indicating that no other
phase was present in the membrane.

In order to estimate the amount of defects, the membranes
were characterised by n-hexane/helium permporometry15,23 as
described in the Experimental. In this technique, helium per-
meance through the membrane is measured as a function of n-
hexane relative pressure. Table 1 reports permporometry data
for membrane M1. The helium permeance at a relative pressure
of n-hexane of 0, i.e., the permeance through zeolite pores and

defects, was as high as 53 � 10�7 mol s�1 m�2 Pa�1, which
shows that the zeolite pores are open and rather permeable. As
the relative pressure of n-hexane was increased, rst zeolite
pores and then increasingly larger defects were blocked by n-
hexane, and, therefore, the helium permeance decreased. The
amount of defects in terms of relative areas was estimated from
the permporometry data as described in the Experimental. The
total amount of defects in the membrane was very low, consti-
tuting less than 0.1% of the total membrane area, indicating a
very high quality of the membrane. The main type of defects (ca.
99.4% of all defects) was micropore defects, i.e., defects < 2 nm
in size. Such defects are most likely narrow open grain bound-
aries, as discussed in detail in our previous work.24 Essentially
no large defects (>5 nm) were detected by permporometry,
which is consistent with the SEM observations.

Separation experiments

Fig. 3 shows permeances of CO2 and H2 measured for
membrane M1 as a function of temperature when a 50/50 (v/v)
mixture of CO2/H2 was fed to the membrane. The permeance of
CO2 was high and much greater than that of H2 in the entire
temperature range. This is a result of the fact that CO2 is
adsorbing much stronger in the membrane than H2,2 thereby
blocking the transport of H2 and rendering the membrane CO2-
selective. The highest CO2 permeance of ca. 78 � 10�7 mol s�1

m�2 Pa�1 was observed at the higher temperatures, i.e., 290–310
K. In general, the measured CO2 permeances were consistent
with those previously reported by our group,2 and one to two
orders of magnitude higher than those reported for zeolite and
polymeric membranes in the literature. With decreasing
temperature, the permeances of both CO2 and H2 decreased,
most likely due to decreasing diffusivity, as discussed in our
earlier work.2 However, the permeance of CO2 was reduced to a
signicantly lower extent than that of H2 resulting in increasing
selectivity of the membrane to CO2 with decreasing tempera-
ture, which can be ascribed to increasing adsorption of CO2

with decreasing temperature. At the lowest investigated
temperature of 235 K, the permeance of H2 was as low as 0.3 �

Fig. 1 Cross-sectional (a) and top-view (b) SEM images of an as-
synthesised membrane.

Fig. 2 An XRD pattern of membrane M2. The reflection marked with
an asterisk emanates from the alumina support.
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10�7 mol s�1 m�2 Pa�1, whereas the permeance of CO2 was still
as high as 62 � 10�7 mol s�1 m�2 Pa�1.

Fig. 4 illustrates CO2/H2 separation factors recorded for
membrane M1 as a function of temperature. With decreasing
temperature, the separation factor was increasing to as high as
165 at the lowest investigated temperature of 235 K. At these
conditions, the CO2 concentration in the permeate was as high

as 99.4%. Table 2 shows the CO2 uxes, the concentration of
CO2 and H2 in the permeate stream and the CO2/H2 membrane
selectivities. The latter term denotes the ratio of CO2 and H2

permeances (not to be confused with the separation factor). The
observed CO2 ux was very high, i.e., 350–420 kg m

�2 h�1, in the
entire temperature range. As discussed in our earlier work,2 the
high CO2 ux is a result of the very low zeolite lm thickness,
strong CO2 adsorption and high CO2 diffusivity in the zeolite
pores, and a relatively high CO2 partial pressure difference of
3.5 bar across the membrane. The CO2 ux was decreasing with
decreasing temperature, i.e., similar to the CO2 permeance.
Since the membrane was highly CO2-selective in the entire
temperature range, the CO2 concentration in the permeate was
close to 100%, see Table 2. Consequently, the partial pressure of
CO2 in the permeate was nearly constant at 1 bar, resulting in
almost the same partial pressure difference of CO2 across the
membrane (ca. 3.5 bar) at all temperatures. As a result, the CO2

ux was varying with temperature in an almost identical
manner as the CO2 permeance. At 253 K, the separation factor
was almost as high as 120 with a CO2 ux of ca. 400 kg h�1 m�2,
which is 133 times higher than that (3 kg h�1 m�2) reported for
the highly CO2-selective SAPO-34 zeolite membranes at similar
experimental conditions.13 It is also worth noting that the total
duration of the separation experiments was ca. 6 h. During this
time, the membrane was constantly exposed to a high ow of
gas at elevated pressure. Despite this, no indication of deterio-
rating membrane quality was observed indicating good
membrane stability at these experimental conditions. Evalua-
tion of the long-term stability of the membranes would,
however, require an industrial gas supply due to the large
consumption of gas and the associated high costs, which was
beyond the scope of the present work.

In order to study reproducibility of the separation results,
another membrane (denoted M2) with defect distribution
similar to that for membrane M1 was evaluated for CO2/H2

separation in the temperature range of 235–270 K using a feed
pressure of 9 bar. The separation data for membrane M2 sum-
marised in Table 3 were well comparable to those for membrane
M1, illustrating good reproducibility of the separation results.

Table 1 Permporometry data for membrane M1

P/P0
He permeance (10�7

mol s�1 m�2 Pa�1)
Defect interval
(nm)

Relative area
of defectsa (%)

0 53 —
3.8 � 10�4 1.25 0.71–0.73 0.06
6.7 � 10�4 0.70 0.73–0.80 0.03
2.1 � 10�3 0.36 0.80–1.04 0.01
1.1 � 10�2 0.23 1.04–1.78 0.003
1.5 � 10�1 0.11 1.78–5.43 0
4.5 � 10�1 0.11 >5.43 0.0006

Total: 0.10

a Area of defects per total membrane area.

Fig. 3 Permeances of CO2 and H2 measured for membrane M1 as a
function of temperature.

Fig. 4 CO2/H2 separation factor recorded for membrane M1 as a
function of temperature.

Table 2 CO2 flux, permeate concentration and CO2/H2 membrane
selectivity observed for membrane M1

T (K)
CO2 ux
(kg h�1 m�2)

Permeate
concentration
(mol%)

CO2/H2 membrane
selectivityCO2 H2

310 423 93.22 6.78 17
300 429 95.36 4.61 26
290 428 96.71 3.28 37
270 420 98.47 1.53 82
260 406 98.91 1.08 117
250 383 99.20 0.80 159
240 364 99.33 0.67 189
235 356 99.40 0.60 210
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A summary of the best CO2/H2 separation data reported for
zeolite membranes in the literature is depicted in Fig. 5. Fig. 5
also shows the data obtained in the present work for randomly
oriented MFI membranes, and in our previous work25 for b-
oriented MFI membranes. The separation performance of the
membranes prepared in the present work is well above the
upper bound for the best zeolite membranes reported previ-
ously. The observed separation performance was also greater
than that of high quality b-oriented MFI membranes recently
prepared by our group.25 Since the amount of defects in both
types of membranes was nearly identical, the difference in the
separation performance between the randomly oriented and b-
oriented MFI membranes should most likely emanate from the

difference in the adsorption affinity of the membranes for CO2.
The b-oriented MFI membranes reported in our previous work25

were prepared in a uoride medium at near-neutral pH,
whereas the membranes in the present work were synthesised
in an alkaline medium. MFI zeolites prepared in a uoride
medium have been shown26,27 to be less hydrophilic than
similar MFI zeolites prepared in a hydroxide medium due to the
lower amount of Si–OH groups. In addition, the b-oriented MFI-
F membranes prepared in our previous work25 should most
probably contain less aluminium in the structure than the
present MFI-OHmembranes as the leaching of aluminium from
the support during the lm synthesis should be reduced at near-
neutral pH. The lower aluminium content should also result in
a less hydrophilic nature of the b-orientedMFI-Fmembranes. At
the same time, the adsorption affinity of MFI zeolites for CO2

has been demonstrated28–30 to increase with increasing hydro-
philicity. Thus, the present randomly oriented MFI-OH
membranes, being somewhat more hydrophilic, should have
greater adsorption affinity for CO2 than the b-oriented MFI-F
membranes, and, hence, should be more selective to CO2, as
observed in the present work. It is also worth noting that in a
previous work19 we compared randomly oriented MFI
membranes prepared in uoride and alkaline media. A similar
trend was observed for CO2/H2 separation, i.e., the MFI-OH
membranes were more selective to CO2 than the MFI-F
membranes. In contrast, the latter membranes were more
selective to n-butanol, as should be expected for a less hydro-
philic membrane. It should also be noted that the preparation
procedure for the randomly oriented MFI membranes is rather
well-established and it is much simpler than that for the b-
oriented MFI membranes. Hence, at this moment, the
randomly oriented high ux MFI membranes should be easier
to scale-up.

Cost estimation

In order to evaluate the economic viability of our membranes,
the estimated cost of the membrane modules was compared
with that of the commercially available spiral-wound modules
used in a natural gas processing plant.34 The latter modules
were assumed to contain MTR Polaris™ membranes recently
evaluated for CO2/H2 separation in commercial scale.3 The
zeolite membrane modules were assumed to contain zeolite

Table 3 CO2/H2 separation data recorded for membrane M2

T (K)
CO2 ux
(kg h�1 m�2)

CO2/H2 separation
factor

CO2/H2 membrane
selectivity

270 448 84 107
260 407 114 145
250 404 129 165
240 341 189 242
235 303 202 258

Fig. 5 Summary of the best CO2/H2 separation data reported for
zeolite membranes in the literature2,13,16,31–33 as well as the data
obtained in our previous work25 and in the present work.

Table 4 A comparison between the cost of commercial-scale MTR Polaris™ membrane modules and the cost of modules with high flux MFI
membranes prepared in the present work for separation of 300 ton CO2 per day

Parameter Polaris membranes MFI membranes

CO2 permeance (10�8 mol s�1 m�2 Pa�1) 20 (ref. 3) 775
Module type Spiral-wound Multichannel tubes (19 channels)
Membrane area in one module (m2) 20 (ref. 3) 10 (ref. 35)
Membrane area needed (m2) 395 10
No. of modules needed 20 1
Cost of membranes and module (USD per m2) 10 (ref. 34) 2600a

Total cost of modules with membranes (USD) 39 500 26 500

a The cost of the module was estimated by Fraunhofer IKTS (Dr Ing. H. Richter, personal communication, 6 March 2015).
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membranes supported on 19-channel a-alumina tubes with the
same CO2 permeance as measured experimentally for the disc-
shaped membranes in the present work. The results of the cost
comparison are summarised in Table 4. The costs were esti-
mated for amembrane process with a separation capacity of 300
ton CO2 per day at a CO2 partial pressure difference across the
membrane of 10 bar and room temperature. For this purpose, a
polymeric membrane process would need as many as 20
membrane modules, whereas a ceramic MFI zeolite membrane
process would only require one module. The estimation
demonstrates that the total cost of modules with membranes in
the case of high ux MFI membranes was approx. 30% lower
than that of high performance commercial polymeric
membranes. This is due to the much greater permeance of the
MFI membranes resulting in a very low membrane area needed
for the separation process. Furthermore, the MFI membranes
display much higher CO2/H2 selectivity (26 and 210 at 300 and
235 K, respectively, see Table 2) than polymeric membranes (10–
12 at room temperature). It is also worth noting that the
equipment needed for the high ux MFI membrane process will
be very compact, as schematically illustrated in Fig. 6. Hence,
the prepared MFI membranes have great market potential for
separation of CO2 from synthesis gas.

Conclusions

Ultra-thin randomly oriented high ux MFI zeolite membranes
were prepared and evaluated for CO2/H2 separation at a
temperature ranging from 235 to 310 K and a feed pressure of 9
bar. The observed membrane separation performance in terms
both selectivity and ux was superior to that previously reported
for CO2-selective zeolite and polymeric membranes. An initial
estimate of the cost of membrane modules revealed that the
present membranes were more economically attractive than

commercial-scale polymeric membranes. In addition, the
ceramic zeolite membrane separation system would be much
more space efficient than a system relying on polymeric
membranes. The ndings of the present work therefore suggest
that the developed high ux MFI zeolite membranes have great
potential for selective and cost-effective removal of CO2 from
synthesis gas.
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